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The second-generation bio aviation fuel production via Chemical Looping Gasification (CLG) of biomass com-
bined with downstream Fischer-Tropsch (FT) synthesis is a possible way to decarbonize aviation sector. The CLG
process has the advantage of producing undiluted syngas without the use of an air-separation unit (ASU) and
improved syngas yield compared to the conventional gasification processes. This study is based on modelling the
full chain process of biomass to liquid fuel (BtL) with LD-slag and Ilmenite as oxygen carriers using Aspen Plus
software, validating the model results with experimental studies and carrying out a techno-economic analysis of
the process. For the gasifier load of 80 MW based on LHV of fuel entering the gasifier, the optimal model predicts
that the clean syngas has an energy content of 8.68 MJ/Nm3 with a cold-gas efficiency of 77.86%. The optimized
model also estimates an aviation fuel production of around 340 bbl/day with 155 k-tonne of CO5 captured every
year and conversion efficiency of biomass to FT-crude of 38.98%. The calculated Levelized Cost of Fuel (LCOF) is
35.19 $ per GJ of FT crude, with an annual plant profit (cash inflow) of 11.09 M$ and a payback period of 11.56
years for the initial investment.

1. Introduction

The greenhouse gases generated from the conversion of fossil fuels
are the primary cause of increase in the planet’s temperature, which is
reflected in the global warming context. The greenhouse gases trap heat
and make the planet warmer which has been progressing for the last 150
years at an accelerated rate [1]. The Paris Agreement established that
the global temperature rise should be kept far below 2 °C, ideally 1.5 °C,
over pre-industrial levels [2]. According to the Intergovernmental Panel
on Climate Change (IPCC), achieving the 1.5 °C target will need global
CO; emissions of little under 9 Gt COy/year by 2060 and net-zero CO2
emissions by 2100 [3]. To reach these targets a shift from fossil fuel-
based products toward more sustainable fuels with carbon capture and
storage is needed [4]. Because fossil fuels account for around 80% of all
global energy sources, replacing them with energy-efficiency measures
or renewables by 2050 (as per the Paris Agreement) would be a
monumental task. Solar or wind-generated energy, as well as nuclear
power, are expected to replace a significant amount of fossil fuels.
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However, there will still be several situations including aviation, long-
distance transportation, as well as diverse commodities and chemicals,
where renewable carbon will be required [5]. The transportation sector
includes vehicles, trains, aviation, and marine, where the aviation sector
accounts for 11.6% of the total transport emissions [6]. The European
Green Deal calls for a 90% reduction in transport emissions by 2050 to
attain climate neutrality (compared to 1990-levels); therefore, the
aviation industry will also have to contribute to the reduction [7].
High energy prices, rising energy imports, prospective on future CO,
taxes, concerns about the security of petroleum supply, and a growing
awareness of fossil fuels’ environmental repercussions have sparked
interest in alternative fuels. Biomass, unlike other renewable energy
sources, may be turned directly into liquid fuels, known as “biofuels,” to
assist in meeting transportation fuel demands. The GHG emission from
the combustion of biofuels will not add to CO; in the atmosphere as the
same amount of CO will be consumed during the production of biomass
[1]. The present fossil fuel consumption rate and its dependency by the
energy sector shows that the CO, budget that is essential to keep the
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Fig. 1. Full chain process model.

target of global rise in temperature below 1.5 °C is going to be finished
by the year 2028. This indicates that negative emission is essential to
comply with this target [4]. The aviation fuel production from sustain-
able biomass with efficient COy capture technology will help in the
reduction of CO, emissions from the transport sector. With a novel
technology such as chemical looping gasification (CLG), negative
emissions can be achieved together with fuel production, and is hence
aligned with the target of keeping the increase in global average tem-
perature below 1.5 °C [4,8].

This study aims to evaluate and optimize the full chain process of
producing bio-aviation fuel from CLG and FT synthesis with the help of
Aspen Plus process simulation tool as well as perform a techno-economic
analysis of the model. The process scheme is divided into different
process units as given in Fig. 1.

As per Fig. 1, the biomass is first dried in a biomass drying unit
followed by a CLG plant to produce syngas with some impurities. The
syngas goes through a series of cleaning equipment where solid parti-
cles, tars, hydrogen sulfide, carbon dioxide, ammonia, and nitrogen are
removed. The clean Syngas is then conditioned using a Water Gas Shift
(WGS) reactor to adjust the Hy/CO ratio to 2.1 before the Fischer
Tropsch (FT) reactor. Syngas from the WGS reactor goes into a Rectisol
unit to remove the acid gases after which it enters the FT reactor. In the
FT reactor, the syngas is converted into hydrocarbons with carbon
numbers ranging from 1 to 40 using the ‘Anderson Schultz Flory’ dis-
tribution. The FT crude from the FT reactor contains hydrocarbons with
varying chain lengths and carbon numbers. The lighter hydrocarbons in
the gaseous phase are sent to an auto thermal reformer to convert them
back to syngas before mixing with the clean syngas from the syngas
cleaning unit to improve the yield of heavier hydrocarbons in the FT
crude, whereas the heavier hydrocarbons are sent to an atmospheric
distillation column. The atmospheric distillation column is used to
extract different fractions such as lighter hydrocarbons, gasoline, kero-
sene, diesel, and wax.

A process and techno-economic study for the production of biomass
derived FT-crude has previously been done by Roshan et al. (2022) using
LD slag as oxygen carrier (OC) with no comparison between suitable OCs
[9]. In this work, however, a techno-economic comparison of Biomass to
Liquid (BtL) process for production of bio-aviation fuel with different
oxygen carriers is conducted to compare the effect on the economic
feasibility of the overall process. Moreover, this paper analyzes the
sensitivities of process parameters such as biomass moisture content,
steam to biomass ratio, WGS reactor temperature and FT reactor tem-
perature as well as studies the effect on economic and process parame-
ters for different carbon capture configurations.

1.1. Chemical looping gasification

The thermal gasification of biomass or other carbon-based material
always involves drying, pyrolysis, gasification, combustion, and reduc-
tion. After biomass conversion, the product gases can be used later in the
chemical reactors and turned into hydrocarbon fuels. Gasification pro-
duces a gaseous fuel made up of combustible gases, water vapor, carbon
dioxide, and condensable hydrocarbons, known as tar. There is also a
large quantity of nitrogen present, if air is used as a gasifying agent
instead of carbon dioxide, or steam [10].

Furthermore, fluidized bed gasification can be divided into two
categories - direct and indirect. Indirect fluidized bed gasification be-
comes more popular in some applications due to its advantages
compared to direct fluidized bed gasification. The syngas produced from
an indirect fluidized bed gasifier is Ny free due to the separation of the
combustion and gasification reactors. However, CO, emitted from the
combustion reactor needs a downstream CO-, capture unit to capture and
store carbon dioxide [11].

The CLG of biomass is a genuine alternative that is based on indirect
gasification which increases the energy efficiency and simplifies the
process of creating renewable hydrogen, synthetic fuels, or chemicals
while having the benefit of confining the CO5 emission. CLG eliminates
the requirement of ASU by achieving inherent air separation through the
utilization of oxygen carriers [12]. It also results in less cleaning
requirement and less corrosion of the heat transfer surfaces downstream
the AR compared to an Indirect Gasifier as there is no or very limited fuel
conversion in the AR [13,14]. The CLG system is made up of two flu-
idized bed reactors that are linked together: an Air Reactor (AR) and a
Fuel Reactor (FR). Metal oxide particles, which function as oxygen
transporters, transport oxygen between the two reactors [15]. The ox-
ygen carrier will oxidize in the AR and then be reduced in the FR.

The oxygen carrier provides some advantages compared to the inert
bed materials such as [16]:

@ More oxidizing environment in the fuel reactor, due to transfer of
oxygen by OC and higher partial pressure of CO2 and H,O than in
indirect gasification.

@ Catalytic characteristics of the oxygen carrier result in higher syngas
yield and low tar content in the syngas (cleaner syngas).

@ Expensive and energy-intensive Air Separation Unit (ASU) not
needed.

It is stated by Hildor et al. (2023) that the use of oxygen carriers such
as LD slag and Ilmenite considerably reduces the tar content in the
syngas produced using CLG [17]. An experimental study on biomass
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gasification using chemical-looping with nickel-based oxygen carrier in
a 25 kWy, reactor by Ge Huijun et al. (2015) shows the enhancement of
biomass gasification and syngas yield by introduction of CaO into the
oxygen carrier [18,19]. The same study has also been done by Sozen
et al. (2015) for different oxygen carriers which showed higher carbon
conversion, gasification efficiency, and Hy production at 870 °C [20].
However, the use of Ni-based materials in fluidized beds may be asso-
ciated with high costs and environmental issues. Recent experimental
investigations on chemical looping gasification with the steel industry
by-product, LD slag and Fe—Ti ore, Ilmenite as oxygen carriers have
been carried out by Condori [21,22]. In these studies, the oxygen carrier
performances were reported under different operational conditions and
gasification agents. The results indicate that the processes have high
biomass conversions and high carbon conversion efficiency with suffi-
cient syngas yield for autothermal operation and suggested the Fe-based
oxygen carriers LD-slag and Ilmenite as suitable oxygen carriers for
chemical looping gasification [21,22].
The biomass devolatilization reaction is given as:

Biomass— Char + Volatile gases (H, + CO + CO, + H,0 + CHy) + Tar
@

The gasification agent in the fuel reactor can be either steam or
carbon dioxide. In this study, the source of the gasification agent is set to
be steam and the reaction for this is given as:

C+H,0-CO+H, 2)

The next reaction that happens during biomass gasification is the
Boudouard reaction, reaction 3, in which carbon in the presence of
carbon dioxide turns into carbon monoxide. Both the biomass gasifica-
tion and the Boudouard reaction are exothermic.

C+C0,=2CO 3

Two main endothermic reactions happen during gasification are
methane formation and water gas shift reactions.
Methane formation:

C+2 H,~CH, 4
Water-gas shift reaction:
CO+H,0-CO,+H, 5)

The gasification process can be expressed based on a general formula
that shows the combination of the steam gasification and water gas shift
reaction as below:

C+aH,0—(2—a)CO+ (a—1) CO, +aH, 6)

The o value is a mechanism factor that is founded experimentally for
the gasification process and is proportional to the temperature. The
studies show that with an increase in temperature, the o value will
decrease. For instance, for the gasification process between 750 and
900 °C, the a value is reported around 1.5-1 [23]. The overall a value is
not specified in our model and is a function of temperature, as
mentioned above.

The expected reactions in the fuel reactor for the LD slag are expected
as below [24]:

3 Fe,O3 + Hy,—2 Fe;04 + H,O 7)
3 F6203 + CO-2 F6304 + C02 (8)
12 Fe; O3 + CH4—8 Fe;04,+ CO, +2 H,O )

1.2. Syngas cleaning and conditioning

The syngas produced in CLG unit goes through the syngas cleaning
section that removes the ashes, tar, hydrogen sulfide, and CO, and
prepares the syngas to be suitable for sending to the fuel production unit.

Fuel Processing Technology 241 (2023) 107585

The Rapeseed Methyl Ester (RME) scrubber and bag filter are used for
the removal of the tar and ashes from the syngas, respectively. Later the
syngas passes through an amine absorber to remove CO,, hydrogen
sulfide, and other gas contaminants from the syngas. The syngas is also
conditioned using a water gas shift reactor to get the desired Hy/CO
molar ratio for optimum conversion in Fischer Tropsch (FT) synthesis.
Water-gas shift reaction is an exothermic reaction given below:

CO+H,0+ CO, +H, (10)

For changing the thermodynamic equilibrium conversion and regu-
lating the reaction rate in the water gas shift reactor, the HyO/CO feed
molar ratio generally varies from 2 to 5 [25]. To achieve the required
H,/CO ratio, a bypass syngas stream mechanism is used. The feed from
the autothermal reformer is also mixed with the clean syngas from the
syngas cleaning unit.

There is an additional acid gas removal unit (Rectisol unit) after the
Water Gas Shift (WGS) reactor to remove any CO; produced in the WGS
unit before the syngas stream enters the FT reactor. Rectisol technology
is the most widely used physical solvent gas treatment process in the
world. Deep sulfur removal from synthesis gases, which are subse-
quently catalytically converted to Fischer Tropsch liquids, is its most
typical use. The Rectisol process uses chilled methanol that can have a
temperature as low as —70 °C [26].

According to Kohl et al. [27] methanol has a low viscosity at these
temperatures; thus, mass and heat transfer are not seriously affected,
and the solvent’s carrying capacity for both CO and H,S increases
dramatically, much exceeding that of other physical solvents at their
typical operating temperatures. With HyS concentrations of typically
0.1 ppm and CO; concentrations of just a few ppm in the treated gas,
these properties allow for very sharp separations [27].

The downstream Fischer-Tropsch process, contains a catalyst that is
sensitive to the contaminants present in the syngas produced from
different biomass feed in the gasification process. The syngas should be
cleaned such that the limitation for the contaminants is achieved before
entering the FT unit. The maximum presence of the contaminants in the
syngas that the catalyst can tolerate can be seen in [28].

1.3. Fischer Tropsch synthesis

Fischer-Tropsch synthesis is a process that converts synthesis gas
containing hydrogen and carbon monoxide to hydrocarbon products
[29]. The process usually requires a specific condition of syngas before
the FT reactor which makes it vital to condition the syngas. FT synthesis
is a highly exothermic process that uses Iron or Cobalt-based catalysts to
convert the syngas to hydrocarbons.

The FT synthesis produces a multicomponent combination of low to
high carbon range hydrocarbon crude. The FT synthesis chemistry can
be divided into different categories given in [30]. As the Fischer-Tropsch
process is a polymerization reaction, it produces a wide range of prod-
ucts with varying carbon chain lengths. Several operating and design
factors, such as temperature, pressure, catalyst type, and reactors, in-
fluence product selectivity. The distribution among these different car-
bon ranges can be explained by using Anderson-Schulz-Flory (ASF)
definition. The result from the ASF model is an ideal distribution that
predicts the final products of the FT process. According to ASF, the molar
fraction (M) of the hydrocarbon product with a carbon number of n is
simply reliant on the chain growth probability («), which is a function of
the rates of chain growth and chain termination [30,31].

M,=a"'(1-q) 1.1
The chain growth probability () is based on the experimental

investigation and reported by Song as below [32]:

a= (A*LJFB)*U —0.0039(T — 533)] (1.2)
(rco +1m2)
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Table 1 Table 2
HTFT and LTFT comparison [34]. Base case model conditions.
Property HTFT LTFT Crude Oil Base Case Conditions
Paraffins >10% Major product Major product Biomass Fuel Forest Residue (Finland)
Naphth 1% 1% Maj duct
ap. enes < ,0 < ajor produc Raw Biomass Moisture Content 50%
Olefins Major product >10% none X ) .

. . Biomass Moisture Content After Drying 15%
Aromatics 5-10% <1% Major product Gasification Steam Temperatur 500 °C
Oxygenates 5-15% 5-15% <1% O(heavy) Oas cation Steam lemperature el
Sulfur species None None 0.1-5% S Xygen carrier s'ag

B . Fuel Reactor Temperature 935 °C
Nitrogen Species None None <1% N WGS Reactor Temperatur 350 °C
Water Major by-product Major by-product 0-2% eactor emperature

where the T is the operating temperature in Kelvin and A and B are
constants reported by [32] to be 0.2332 + 0.0740 and 0.6330 + 0.0420,
respectively.

Fischer-Tropsch synthesis can be either low-temperature Fischer-
Tropsch (LTFT) or high-temperature Fischer-Tropsch (HTFT) depending
on the fuel that is aimed to be produced. LTFT results in significantly
longer hydrocarbon chains whereas HTFT produces mostly shorter hy-
drocarbons [33]. The HTFT mode uses Fe-based catalysts at tempera-
tures between 320 and 375 °C in the reactor. The HTFT is a dual-phase
system (solid and gas). In this process, more gasoline and low hydro-
carbon, such as CHy will dominate the product of FT crude. The LTFT
mode is typically between 200 and 240 °C, either using Fe or supported
with Co-based catalysts. This mode produces paraffin and high molec-
ular mass hydrocarbon such as waxes with great selectivity. The LTFT is
a three-phase system with solid, liquid, and gas components. The
properties of HTFT and LTFT are given in Table 1.

Cobalt catalysts cost more than iron catalysts, thus, from an eco-
nomic aspect, replacing the catalyst regularly is not feasible, however,
the cobalt-based catalyst works much better in FT synthesis with stoi-
chiometric syngas due to its improved activity and selectivity for long-
chain paraffin for use as synthetic diesel. When Co is promoted by Ru,
its reduction property increases, boosting its FT activity and selectivity
for higher molecular weight hydrocarbons [30]. In this work, an LTFT
reactor has been modeled to produce more aviation fuel.

It has also been reported by Kim et al. (2002) [35] that CO; acts as a
moderate oxidizing agent on reduced Co/c-Al,O3 at 220 °C and 20 bar.
During the FTS process, CO, addition reduces CO conversion and Cs
selectivity. The partial surface oxidation of cobalt metal caused by CO,
exposure is responsible for the reduced catalytic activity and Cs;
selectivity [35].

Biomass to liquid fuel (BtL) is not a contemporary process and has
been well known since the 20th century when Germany developed the
process to produce liquid fuel from their coal sources [36]. A study by
Hamelinck in 2003 on the production of transport fuel from biomass
indicated that the BtL production is expensive compared with other
conventional methods of fuel production [31]. The paper suggested that
the technology will become economically feasible when the crude oil
price increases dramatically, or the CO5 tax increases making green FT
products more compatible in the market. Furthermore, the techno-
economic feasibility for the production of sustainable aviation fuel has
been investigated by Spyridon Achinas, the results of which concluded
that no industrial technique could compete with traditional jet fuel costs
economically; policy making, on the other hand, could help the bio-jet
fuel sector by investing in more research to cut manufacturing costs
[37]. The study also concluded that the potential of biomass feedstock
for efficient manufacturing is still untapped, and the sustainability of
bio-jet fuel is limited. loanna Dimitriou et al. (2018) reported a techno-
economic and uncertainty analysis of transport fuel production from the
BtL process and suggested that there is a realistic probability (8-14%) of
transport fuel production based on Fischer-Tropsch synthesis reaching

Optimum H,/CO Ratio for FT Synthesis [29] 2.1

Fischer Tropsch Synthesis Temperature 220 °C
Auto-thermal Reformer Temperature 1000 °C
Auto-thermal Reformer Steam Temperature 250 °C

conventional fuel costs; with reasonable tax incentives, this probability
might go up to 50% [38].

2. Methodology

This chapters explains the model developed in Aspen Plus for
simulating a BtL process for the production of bio-aviation fuel along
with assumptions about the process conditions. Moreover, it also ex-
plains the steps for techno-economic analysis, and the necessary as-
sumptions involved.

2.1. Operating conditions and process assumptions

Table 2 indicates the set of conditions and assumptions for base case
evaluation.

The char conversion in the fuel reactor is assumed to be 99%, and
this assumption is justified when compared with experimental data in
the literature for the high temperatures and steam-to-biomass ratios,
which is the case in this study. Condori et al. (2021) reported a char
conversion of 98.7% in the fuel reactor for a temperature of 930 °C and a
steam-to-biomass ratio of 0.62 [22]. Moreover, the system has been
modeled with no pressure losses for simplification, however, capital
costs of compressors needed to cover the pressure loss have been
considered in the techno-economic analysis. Regarding FT synthesis, it is
assumed that the catalyst is always Co based.

2.1.1. Biomass

In this study, forest residues are considered as fuel for the process,
which typically has 50% moisture and LHV of 8-9 MJ/kg on an as-
received basis [39,40]. The pretreatment of the fuel such as drying is
required to improve the syngas quality, which will affect the thermal
and chemical efficiencies of the plant. Increasing moisture content in
biomass entering the gasifier leads to increasing combustion of volatiles
to reach the desired FR temperature for gasification, resulting in lower
syngas yield from the gasifier. The raw biomass fuel (forest residue) goes
through a drying process to reduce its moisture content to 15%. The heat
for drying is provided from the low-temperature waste heat available in
the plant. According to Hannula et al. (2016), drying biomass to low
levels of moisture is problematic due to challenges of energy efficiency,
emissions, heat integration, and dryer performance [40]. According to
Fagernas et al. (2010), for synthesis gas production, feedstocks must be
dried to <30% moisture content, preferably to around 15%, and in py-
rolysis to <10% [41].

For combustion, it is important to know the ash content in the
biomass because the melting point of ash is lower compared to the
combustion temperature due to its alkaline content, resulting in fouling
and slagging [42]. However, since the gasification temperatures are not
as high as that of combustion, the melting of ashes is not a problem in
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Table 3
Biomass composition.

Forest residue in Finland Forest residue in Sweden

HHV (MJ/kg d.b*) 20.67 20.54
Proximate analysis (wt% d.b*)

Volatile Matter 79.3 74.1
Fixed Carbon 19.37 21.85
Ash 1.33 4.05
Ultimate analysis (Wt% d.b*)

C 51.3 51

H 6.1 5.8
(0] 0.4 0.9

N 40.85 38.21
S 0.02 0.04
Ash 1.33 4.05

" d.b. stands for dry basis.

Fuel Processing Technology 241 (2023) 107585

looping technologies [50]. The elemental compositions of LD-slag and
Ilmenite are presented in Table 4.

In the model, pseudo brookite (Fe;TiOs) is defined as Fe;O3 + TiOo,
whereas ilmenite (FeTiO3) is defined as FeO + TiO5 in which TiO» is an
inert substance [51].

2.1.3. Tar and methane formation

It is assumed that tar is only composed of Phenol, Toluene, and
Naphthalene. The approximation of methane and tar formation is based
on the experimental data found in the literature [21,22]. The values for
methane and tar formation using LD-slag at a fuel reactor temperature of
935 °C are reported in Table 5.

2.2. ASPEN plus modelling

Table 4

Oxygen carrier compositions.
Composition (wt%) FesTiOs Fe,03 MnO, CaO MgO Al,03 TiOy K>0
LD-slag - 26.6 3.3 39.8 9.1 1.2 1.3 <0.09
Ilmenite 54.7 11.2 - - - - 28.6 -

Table 5
Methane and Tar formation assumptions.

Methane and Tar formation at a fuel reactor temperature of 935 °C

LD Slag Ilmenite
Methane 8 vol% of dry syngas 10 vol% of dry syngas
Tar 3 g/kg of dry biomass 1.5 g/kg of dry biomass

general [43]. It is also important to know the chlorine and alkali content
of the biomass since high amounts of chlorine and alkali can lead to
corrosion [44]. A thermodynamic analysis done by Stanici¢ et al. (2022)
shows that most of the alkali and alkaline earth metals (AAEM) as well as
chlorine in the ash are anticipated to depart with the gas in the fuel
reactor, keeping the air reactor free of chlorides, thus avoiding corrosion
downstream in the AR. Also, for CLC, Ilmenite offers better high tem-
perature corrosion characteristics than iron oxide because less potas-
sium is discharged into the gas phase due to ilmenite’s titanium content,
which immobilizes both potassium and calcium [13,14]. Since the
syngas from FR needs to be cooled down for the removal of ashes in a
bag filter, we can expect some ash deposition on the heat transfer sur-
faces resulting in corrosion, but large-scale pilot projects on DFB gasi-
fication such as GoBiGas have shown to work well without any major
corrosion issues [5]. For CLG, the presence of alkali and alkaline earth
minerals (AAEM) in the ash may aid in catalyzing char reaction and the
WGS reaction in FR leading to better syngas yield and higher Hy/CO
ratio [45,46] whereas the presence of chlorine in ash can result in the
reaction of chlorine with oxygen carrier leading to deactivation of the
oxygen carrier [47].

Table 3 shows the ultimate and proximate analysis of the typical
biomass in Nordic countries [48]. In this study, the Finnish biomass is
used as the gasification fuel.

2.1.2. Oxygen carrier

The model has been run for oxygen carriers such as LD-slag and
Ilmenite as their experimental data for tar and CH,4 formation is avail-
able in the literature [21,22]. LD slag is a by-product of the steel industry
and is thus available at low cost and in significant quantities. Also, CaO
in LD-slag acts as a catalyst for the water gas shift reaction resulting in a
higher Hy/CO ratio which is more favorable for the Fischer-Tropsch
synthesis in this study [49]. Iron Titanium mineral, Ilmenite (FeTiO3)
is mined extensively and often used as oxygen carrier for chemical

The property method chosen in the process model is the Peng-
Robinson equation of state with Boston-Mathias modifications (PR-
BM) and the stream class is set as MIXCINC which consists of three sub-
streams: MIXED, Conventional Inert (CI) Solid, and Non-Conventional
(NC) Solid. Sub-stream ‘MIXED’ consists of all the compounds in the
vapor and liquid phase whereas the sub-streams ‘CI Solid” and ‘NC Solid’
consist of all solid compounds with and without defined molecular
weights, respectively. Biomass and ash are modeled as NC solids
whereas char (graphite) and OC streams are set as CI solids. The
enthalpy and density of biomass are calculated using ‘HCOALGEN’ and
‘DCOALIGT’ models in Aspen Plus respectively. Also, the heat of com-
bustion on a dry basis is specified in Aspen Plus to calculate the enthalpy
of biomass using the HCOALGEN model.

The CLG model is adapted from Roshan et al. (2022) [52] with the
following modifications:

@ Addition of Biomass Drying Unit.

@ Char leakage from FR to AR.

@ Implementing the OC circulation loop.

@ Temperature control of FR/AR by adjusting the circulation rate of OC
(the model iteratively calculates the circulation rate of oxygen car-
rier in the loop based on the desired FR/AR temperature).

@ Adjusting the methane and tar concentrations according to experi-
mental data [22].

In the Aspen Plus model, the biomass drying unit is modeled using an
RStoic reactor block 1 and a Separator block 2 as shown in Fig. 2. RStoic
block is a stoichiometric reactor based on known fractional conversions
or extents of reaction. In RStoic block 1, the biomass is heated at ambient
pressure to evaporate the moisture content in the biomass using air that
is heated to 200 °C in a heater block 3. There is a Design Spec block to
adjust the air flowing into the RStoic block 1 such that the biomass
reaches a temperature of 80 °C after drying. RStoic block 1 is followed
by a Separator block 2 to separate the water vapors from the dry
biomass, after which the dried biomass enters the CLG unit for gasifi-
cation. A calculator block used to control the extent of drying is adjusted
to bring the moisture content in the biomass from 50% down to 15%.
The air mixed with moisture is cooled down to 50 °C using a cooler 4 to
extract heat from the outgoing stream.

Dry biomass from the biomass drying unit enters the FR which is
modeled using a yield reactor (RYield) block 5, an RStoic reactor block
6, and an RGibbs reactor block 7 to simulate the devolatilization of
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Fig. 2. Biomass drying and CLG Aspen Plus model.

biomass (pyrolysis), char gasification (reduction), and combustion of
volatiles, respectively. RYield 5 is a nonstoichiometric reactor based on
known yield distribution whereas RGibbs 7 is a chemical equilibrium
reactor that uses Gibbs free energy minimization to calculate reaction
equilibrium. In the FR, devolatilization of biomass, drying, gasification
of char with steam and reduction of oxygen carrier are all endothermic
reactions whereas the oxidation (combustion) of volatiles is an
exothermic reaction. As a whole, the FR needs some heat to reach the
desired temperature (endothermic) which is provided by the high tem-
perature oxygen carrier stream from AR. On the other hand, the
oxidation of oxygen carrier in AR is exothermic. Fe3O3/Fe304 is assumed
to be the only redox pair for the transport of oxygen from AR to FR as per
Roshan et al. (2022) [52].

The RYield reactor 5 uses a calculator block to calculate the mass of
constituent elements in the biomass based on its proximate and ultimate
analysis and converts biomass into the molecular forms of the constit-
uent elements. The heat required in the RYield reactor 5 is provided by
the combustion of volatiles in the RGibbs reactor 7.

RStoic block 6 is modeled as an adiabatic reactor where primarily
char gasification occurs with steam as a gasification agent. Steam is
produced by heating water to 500 °C at 1 bar using a Heater block 8 and
supplied to the RStoic reactor 6 with a steam-to-biomass (S/B) ratio of
0.7, where it reacts with char to form carbon dioxide along with carbon
monoxide and hydrogen (syngas). Apart from char gasification, con-
version of biomass sulfur and nitrogen into hydrogen sulfide and
ammonia, respectively, as well as methane and tar formation in the fuel
reactor, are also defined in the RStoic block 6. It is assumed that all
sulfur converts into hydrogen sulfide, whereas 60% of nitrogen converts
to ammonia and the remaining 40% converts to nitrogen gas [52].
Moreover, Calculator blocks are used to achieve desired methane and tar
compositions in the syngas stream exiting the FR based on experimental
results in the literature by calculating the fractional conversion of

Table 6
Different case configurations.

WGS reactor
catalyst type

Case  Configuration Carbon capture

efficiency

A With Rectisol and Amine Sweet WGS Amine absorber 62%
absorber Rectisol 97%

B With Rectisol Sour WGS Rectisol 97%

C With Amine absorber Sour WGS Amine absorber 62%

D Sour WGS Amine absorber 76%

E Sour WGS Amine absorber 90%

carbon for methane and tar formation reactions in the RStoic reactor 6
and then feeding it back to the RStoic reactor 6. Only 1% of the char is
assumed to be unconverted, which is implemented using a Design Spec
block that adjusts the extent of char gasification in the RStoic reactor 6.
The assumption is in line with the experimental data in the literature for
the gasification of biomass at high temperatures and steam-to-biomass
ratios [21,22]. All the unconverted char in the FR leaks to the AR,
where it gets combusted with air into carbon dioxide.

The gases from the RStoic reactor 6 enter the RGibbs reactor 7, where
they react with Fe;Og in the OC and reach a chemical equilibrium based
on the minimization of Gibbs free energy. All Fe;O3 in the OC is reduced
to Fe304 as some of the gases are combusted to provide energy for the
RYield reactor 5 and to reach the desired temperature in the RGibbs
reactor 7. Char, methane, and tars are set as inerts in the RGibbs reactor
7 to control their concentration in the syngas stream exiting the FR. A
Design Spec that controls the temperature of the RGibbs reactor 7 by
changing the circulation rate of OC is set to operate the FR at 935 °C.
Hence, the syngas and the reduced OC coming out of the FR have a
temperature of 935 °C. An SSplit block 9 is used to model a cyclone
separator that separates OC from syngas. The raw syngas goes to the
‘Syngas Cleaning Unit’ whereas the OC goes to the AR.

Air Reactor is modeled using an adiabatic RStoic block 10 where the
leaked char is completely combusted, and all Fe3O4 in OC is oxidized
back to Fe;O3 using a Calculator block that provides the stoichiometric
amount of air to the block. The air is first heated to 450 °C using a Heater
block 11 and then enters the AR as shown in Fig. 2. Depleted air and
carbon dioxide from char combustion are separated from the OC using
an SSplit block 12. Carbon dioxide is released into the air whereas the
oxidized OC circulates back to the FR. The flue gases from RStoic block
10 are cooled down to 50 °C using a Heater block 13.

The models for syngas cleaning and conditioning are adapted from
the models developed by Arvidsson et al. (2014) [53], however, in this
model, all the pressure losses have been assumed to be zero. The FT
synthesis model has been adapted from Pondini et al. (2013) [54]. The
FT crude from the FT plant goes to a distillation column where fuel
fractions such as lighter hydrocarbon gas, gasoline, kerosene (jet fuel),
diesel, and wax with carbon numbers ranging from 1 to 3, 4 to 7, 8 to 16,
17 to 22, and 22+ respectively are separated. The distillation column is
modeled using a Sep block. The energy demand for distillation is ful-
filled by consuming 2% of the FT crude [55]. Finally, CO-rich acid gases
captured using acid gas removal units go through a flash separator to
remove the moisture content before being compressed to 120 bars in a 3-
stage CO2 compressor with equal pressure ratios across all the stages



M.N. Saeed et al.

Syngas Cleaning

Ash and Tar
Removal Units

Amine
Absorber

Biomass Dryer

Fuel Processing Technology 241 (2023) 107585

Auto
Thermal
Reformer

A

Distilation
Column

Aviation Fuel
—

FT Synthesis

>
ther Valuable Fuel

Streams
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Fig. 4. BtL configuration with sour WGS reactor (Cases B to E).

isentropically as per literature [56,57]. There are also intercoolers and
knockout drums between compressor stages to remove moisture from
the acid gas stream. The outlet temperature for all the intercoolers is
40 °C.

2.3. Process configurations

Carbon Capture and Storage (CCS) is a method for reducing man-
made CO; emissions. Physical and chemical absorption are regarded as
the most close-to-market alternatives to be implemented at an industrial
scale. However, these technologies are energy and operational cost-
intensive for the biomass to liquid (BtL) processes and the cost will
suppress the technology penetration in the market. Therefore, the pro-
cess and techno-economic effects of the removal of an AGR unit before
the syngas conditioning unit have been investigated in this thesis. This
means that the WGS reactor type changes from sweet to sour as syngas
now contains sulfur contents as well. The different process configura-
tions are given in Table 6.

For the process configurations explained in Table 6, different carbon
capture technologies with different carbon capture efficiencies are
employed. All the other process parameters and units in the BtL plant
remain exactly the same. Case A in Table 6 refers to the base case
explained in Section 2.2 whereas cases B to E refer to the modified
configurations with sour WGS reactors. Figs. 3 and 4 illustrate the pro-
cess configurations for sweet and sour WGS reactors, respectively.

2.4. Process parameters

In this section, some process parameters have been discussed for the
evaluation of results and validation of the model with the experimental
data.

2.4.1. Steam to biomass ratio

The steam to biomass ratio is defined as the ratio of mass of steam
entering the gasifier and the mass of biomass (including moisture)
entering the gasifier.

S/B Steam entering the gasifier (kg) @1

~ Biomass entering the gasifier including moisture (kg)

2.4.2. Oxygen to biomass ratio

The oxygen to biomass ratio A is a molar ratio of oxygen consumed in
the Air Reactor (AR) and the oxygen required for the stoichiometric
combustion of biomass.

2% (OZ.in - 02.nur)

1=
Fb*Qb

(2.2)

where Oy, i, and Oy, oyt are the molar flow rates of oxygen gas entering
and leaving the Air Reactor (AR), respectively, F}, is the mass flow rate of
biomass entering the gasifier and €, is the number of moles of oxygen
required for stoichiometric combustion of biomass. The expression for
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Table 7

Assumptions for the techno-economic analysis.
Techno-economic Parameters Assumption
Economic Lifetime of Plant (yrs) 20
Discount Rate (%) 10
Annual O&M Cost (%) 5
Annual Operating Hours (hrs/yr) 8000
Biomass Residue Chips Price (Euros/GJ) 5
Electricity Price (Euros/GJ) 14
District Heating Price (Euros/GJ) 1

calculating the number of moles of oxygen required for complete com-
bustion of biomass is given as:

2 1 2
Qb = XC},(*‘F)CH**“’XS**_XO (2'3)

12 2 32
where X¢, Xy, Xs, and Xp are the mass fraction of carbon, hydrogen,
sulfur, and oxygen in the biomass, respectively.

2.4.3. Cold gas efficiency

The efficiency of the gasification process (including syngas cleaning)
can be defined based on the cold gas efficiency, which can be expressed
as [10]:

mass flowrate of clean syngas*LHYV of clean syngas

CGE =
mass flowrate of biomass (as received)*LHV of biomass (as received)

2.4

2.4.4. Conversion efficiency
The overall BtL (as received biomass to FT crude) process efficiency
can be defined based on Conversion Efficiency (CE) given as:

_ mass flowrate of FT crude*HHV of FT crude
* mass flowrate of biomass (as received)*HHV of biomass (as received)
(2.5)

2.5. Techno-economic analysis

This section aims to outline standard cost measures for evaluating
the capital cost, operation cost, revenues, and financial measurements,
as well as to detail relevant formulas. Table 7 highlights the underlying
assumptions in the techno-economic analysis for the base case.

The combined capital cost for smaller equipment such as compres-
sors for pressure loss makeup, pumps, and heat exchangers is assumed to
be 10% of the Total Plant Investment (TPI). The operation and main-
tenance cost of the case studies is assumed based on studies reported by
Hannula et al. (2016) [39]. The O&M cost breaks down to personnel
costs, maintenance and insurance, catalysts, and chemicals. In the base
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case studies, O&M cost was assumed to be 5% of the total plant cost
while in the cases with sour water gas shift reactors, 1% was added to the
O&M costs due to higher cost of the catalyst in the WGS reactor. The
biomass residue and the electricity cost were estimated to be 5 and 14
Euros/GlJ, respectively, based on the studies available in the literature
[40,58,59]. As the location of the plant is not considered in the thesis,
the value for selling the heat is considered negligible at 1 Euro/GJ.

2.5.1. Expenditure

The total annual cost includes the annual capital cost, which is
usually returned to the bank as a yearly installment of the loan taken
from the bank for the construction of the plant, annual O&M cost,
annual fuel cost and annual electricity cost.

2.5.1.1. Capital cost. The capital cost for the process includes the cap-
ital costs for civil works, feedstock handling, biomass belt dryer, indirect
atmospheric gasifier, fabric filter, RME scrubber, amine scrubber, zinc
guard bed, syngas compressor, CO, compressor, WGS reactor, FT reactor
(with HX), ATR and HC recovery (distillation). The costs of the equip-
ment were estimated based on the literature.

The data for capital costs of equipment was used to scale it up or
down according to the size requirements based on the model calcula-
tions using the following equation:

f
o)
0

where C, (reference cost) is the cost for the equipment in literature for
size S, and C is the cost of the same equipment for the size S suggested by
the model.

The scaling factor f usually ranges between 0.6 and 0.8 based on the
maturity of the technology and the reference year for the cost calcula-
tion. For most mature technologies, the exponent is expected to be 0.6,
while for new equipment and technologies the exponent can be
considered as 0.8 [60].

There is usually a limit on the maximum size of equipment. In case
the required size of equipment exceeds the limit, multiple trains of the
same equipment are installed such that none of the trains exceed the
upper limit. For multiple trains of the same equipment, the following
equation is used to calculate the cost of the equipment:

(2.6)

C, = C*n" 2.7)

In this formula, n is the number of trains and m is an exponent which
is usually taken as 0.9 [60]-[62].

The costs are then adjusted for inflation in March 2022 using the
Chemical Engineering Plant Cost Indices (CEPCI):

Table 8

References for calculating Total Plant Investment.
Component CSP So Co f BOP % IC % IDC % Ref. year Ref.
Civil works Feed MWy, 300 12.8 M€ 0.85 30 Incl. 10 2010 [39]
Feedstock handling Feed MWy, 157 5.3 M€ 0.31 10 Incl. 10 2010 [39]
Biomass belt dryer Water evap kg/s 0.34 1.9 M€ 0.28 10 Incl. 10 2010 [39]
Gasifier Dry biomass kg/s 17.8 18.9 M€ 0.75 30 50 15 2010 [39]
Fabric filter Syngas cum/s 15.60 0.068 M$ 0.60 270 110 5 2002 [65]
RME scrubber Syngas kmol/s 1.45 5.2 M€ 0.67 30 Incl. 15 2010 [39]
Amine scrubber Syngas kmol/s 1.45 5.2 M€ 0.67 30 Incl. 15 2010 [39]
Zinc guard bed Syngas cum/s 8 0.024 M€ 1.00 Incl. 5 2002 [31]
Syngas comp Comp Work MW, 10 5 M€ 0.67 30 Incl. 15 2010 [39]
CO, comp Comp Work MW, 10 5 M€ 0.67 30 Incl. 15 2010 [39]
WGS reactor CO + Hj kmol/h 8819 12.2 M€ 0.65 Incl. 5 2002 [31]
Rectisol Syngas Nm®/h 200,000 56.7 M€ 0.63 30 15 15 2010 [39,61]
FT reactor (with HX) Syngas cuft/h 2,520,000 13.6 M$ 0.75 35 32 5 2007 [61]
ATR Syngasoye kmol/h 31,000 93.66 M$ 0.90 35 32 5 2007 [61]
HC recovery -distillation Crude 1b./hr 14,440 0.72 M$ 0.70 35 32 5 2007 [61]
ASU 0O, kg/s 31.5 45.5 0.67 Incl. 5 2011 [9,66]
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Table 9
Fuel prices.
Fuel Price Unit Notes References
Lighter 5.217 $/MMBTU Price from tradingecon [67]
Hydrocarbon omics.com for 24th
Gas March 2022
Gasoline 8.547 $/gallon Price from GlobalPetrolP [68]

rices.com (Sweden) for
21st March 2022
Kerosene (Jet A 144 $/bbl Price from IATA.org [69]
Fuel) (Europe and CIS) for
18th March 2022

Diesel 10.27 $/gallon Price from GlobalPetrolP [68]
rices.com (Sweden) for
21st March 2022
Wax 1000 $/tonne Price from paraffin [70]
waxco.com
+CEPCl

Component Cost = Component Cost. (2.8)

year y year x m

After size and inflation adjustment, the costs are further adjusted to
include the direct costs such as piping, electrical, utilities, off-sites,
equipment erection, buildings, and site preparation. In most literature,
these costs are referred to as the Balance of Plant (BOP) cost and are
mostly cited along with the reference cost C, [60].

Furthermore, Indirect Costs (IC) such as engineering, head office,
start-up, and contingency are also added to the component cost as these
expenses are required for the process’s general operation and execution.

The BOP and IC are mostly reported as a percentage of the compo-
nent cost, therefore, the general equation to calculate the Total Plant
Cost (TPC) will be the sum of the component costs, BOP, and IC [63]:

TPC = z:: C+ (2:: C*BOP%) + (z:: C*IC%) (2.9

In the end, Interest During Construction (IDC) which is usually
assumed to be 10% of the Total Plant Cost (TPC) is used to calculate the
Total Plant Investment (TPI) [64].

TPI = TPC*(1 +IDC) (2.10)

Table 8 includes different reference costs and literature values for
calculation of TPL

An additional 10% overhead cost is added to TPI to include the
capital costs of smaller equipment such as small compressors (for pres-
sure loss makeup), pumps, and heat exchangers.

The annual capital cost is calculated by multiplying the Total Plant
Investment (TPI) with the annuity factor or Capital Recovery Factor
(CRF):

Annual Capital Cost = TPI*CRF (2.11)

where CRF is the Capital Recovery Factor computed as follows using
discount rate r and the economic lifetime of the plant T:

r

CRF=———
1—(1-r"

(2.12)

2.5.1.2. Operations and maintenance (O&M) cost. The O&M cost is
broken down into:
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Personal costs

Maintenance and insurance costs
Catalysts and chemicals costs
Oxygen carrier cost

The annual personal costs, maintenance, and insurance costs, and
catalysts and chemicals costs are taken as 0.5%, 2.5%, and 1% of the
Total Plant Cost (TPC), respectively, as per Hannula et al. (2016)
[39,40]. The annual catalysts and chemical costs are taken as 2% of TPC
for sour WGS reactor as the catalysts for sour WGS reactions are much
more expensive than the catalysts for sweet WGS reactions. The annual
oxygen carrier cost is always assumed to be 1% of the TPC [9].

2.5.1.3. Energy cost. The annual biomass and electricity costs are
calculated as per the assumed annual operating hours and prices for
biomass and electricity (given in Table 7), as well as the respective en-
ergy demands which can be taken from the model.

2.5.2. Revenue

The fuel products from the BtL plant are sold as per the average
market prices in March 2022. Moreover, any surplus heat from the plant
can also be sold to any kind of co-generation unit, such as a district
heating (DH) supplier. The excess heat available is calculated using
pinch analysis for the plant.

The average fuel prices for March 2022 are given in Table 9.

The fuel fractions from the crude distillation unit (CDU) do not have
the exact specifications as the commercial fuels and might need to un-
dergo additional upgradation processes. However, compared to crude
oil, FT crude is sulfur, nitrogen and heteroatom free, and is 130-180%
more valuable [34,71]. Therefore, in this study, the fuel fractions are
assumed to be of high quality and good to use for commercial and in-
dustrial purposes. The revenue from the fuel is calculated using the
production of a specific fuel in the Aspen Plus model and the respective
fuel price.

2.5.3. Economic parameters

The techno-economic analysis for different configurations and con-
ditions has been discussed and compared based on the following eco-
nomic parameters.

2.5.3.1. Levelized cost of fuel. The Levelized Cost of Fuel (LCOF) is the
minimum price that the product (fuel) should be sold at for the invest-
ment to be breakeven (no loss and no profit). If the product is sold at a
higher price, the project is profitable. If the product is sold at a lower
price, there is no net cash inflow and there is a net loss. LCOF is calcu-
lated as follows:

$

F —
LCOF(—): +C+E+O—-R
GJ

P (2.13)

where F, C, E, O, and R are the annual cost of biomass, annual capital
cost, annual electricity cost, annual O&M costs, and annual plant reve-
nue, respectively, in $ whereas P is the annual energy production of the
fuel in GJ.

2.5.3.2. Annual profit. Annual profit is the difference between total
annual revenue and total annual cost:

Table 10
Model validation.
FR Temperature (°C) A S/B* H, CO CO, CH4 H,/CO CGE (%)
Experimental 930+1 0.26 0.78 38.7 26.3 27.6 6.6 1.47 73.2
Modelling 930+0.1 0.268 0.783 37.1 27.1 28.4 7 1.37 69.5
Difference (%) -3.1 -0.4 4.1 -3.0 -2.9 —6.06 6.8 5.05

“ The definition is as per given in [22].
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Table 11
Oxygen to fuel ratio trend with varying steam to biomass ratio.
Steam to biomass ratio 0.65 0.7 0.8 0.9 1 1.2
A 0.369 0.372 0.377 0.381 0.387 0.396
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Fig. 5. Syngas composition and H,/CO ratio by varying steam to biomass ratio.

Annual Profit ($) = Annual Plant Revenue — Annual Plant Cost (214)

2.5.3.3. Payback period. The payback period (PBP) is an estimate of the
number of years it takes for the initial investment to reach breakeven:

_ Total Plant Investment
B Annual Profit

PBP (yrs) (2.15)

3. Results and discussion
This chapter includes the validation of the model with the experi-

mental work from literature followed by the model results and the
sensitivity analysis along with discussion.
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3.1. Validation

CLG sub-model has been evaluated and validated based on experi-
mental data from Condori et al. [22] for the gasification of biomass
(olive stone) in a 1.5kWy, unit using LD slag as an oxygen carrier.

Table 10 shows the model validation results. An acceptable deviation
of the model results and experimental results have been observed.

3.2. Chemical looping gasification

Table 11 shows the change in A by varying the steam to biomass ratio
for the base case model where the fuel was forest residue, the fuel
reactor was maintained at 935 °C and the steam temperature was
maintained at 500 °C. By increasing the steam flow into the gasifier, the
heat required to maintain the gasifier at 935 °C increases. This means
more oxygen is required for combusting volatiles to provide heat for
autothermal CLG operation, hence A increases.

Fig. 5 shows the trend in the composition of dry and Ns-free syngas
with changes in the steam to biomass ratio.

By increasing the steam to biomass ratio, due to water gas shift re-
action, Hp and COj is produced by consuming CO and HO. Fig. 5 also
shows increasing trends for Hy and CO» and a decreasing trend for CO,
similar to what has been reported by Condori et al. [22].

It is observed that Hy does not increase in concentration as sharply as
CO, by providing more steam to the gasifier. The reason for this
observation was investigated by changing the gasification agent (steam)
temperature. Fig. 6 shows the trend in the Hy, CO, and CO5 concentra-
tions in the syngas for the steam temperatures of 500 °C and 935 °C.

The comparison between the two graphs indicates the effect of the
gasification agent on the Hy, CO, and CO, concentration. The gasifier
operates at 935 °C, which is higher than the temperature of steam
entering the gasifier (500 °C). This means that by increasing the steam to
biomass ratio, more heat is required for the gasifier to operate at 935 °C,
which would require more combustion of the syngas, thus converting CO
to CO2 and Hjy to Hy0. Hence, steeper changes in CO and CO, are
observed compared to H; as CO converts into CO; because of water gas
shift reaction and the combustion, whereas there is an increase in Hy
concentration due to water gas shift reaction but some of it gets com-
busted to H5O. This is also evident from Table 11 where X increases as a
result of increasing the steam to biomass ratio meaning that more vol-
atiles are burned in the fuel reactor when the steam supply is increased
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Fig. 6. Hy, CO and CO, compositions in syngas for different steam to biomass ratios and steam temperatures of (a) 500 °C (b) 935 °C.
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Table 12

Total Plant Investment.

Investment (M$)

Unit LD Slag Ilmenite
Civil works 8.39 8.39
Feedstock handling 7.79 7.79
Biomass belt dryer 6.84 6.84
Indirect Gasifier 43.70 43.70
Fabric filter 0.78 0.77
RME scrubber 5.91 5.85
Amine scrubber 3.93 3.79
Zinc guard bed 0.0036 0.0033
Syngas compressor 6.55 6.31
CO5 compressor 1.63 1.67
Water gas shift reactor 3.45 3.16
Rectisol 7.65 7.34
FT reactor (with HX) 2.21 2.13
ATR 9.62 9.87
HC recovery (distillation) 1.01 0.96
ASU 6.74 6.99
Overhead Cost 11.62 11.56
Total Plant Investment 127.89 127.21
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to maintain the fuel reactor temperature at 935 °C.
3.3. Effect of different oxygen carriers

For both LD slag and Ilmenite as oxygen carriers, the model was run
for different steam to biomass ratios. Syngas composition, Hy/CO ratio,
cold gas efficiency, and fuel production trends for different steam to
biomass ratios can be seen in Fig. 7.

The comparison shows that the LD slag produces more syngas and
less CO5 than Ilmenite which is preferable as more CO, would mean
lower heating value and a higher cost for the CO, capture unit. The
calcium oxides present in the LD-slag work as a catalyst for the water gas
shift reaction resulting in a higher Ho/CO ratio which is more favorable
for the Fischer-Tropsch synthesis where an Hy/CO ratio of 2.1 is
preferred.

3.4. Techno-economic assessment

The overall economic investigation of bio-jet fuel production needs
an estimate of how much a greenfield plant will cost and check the
financial indicators, such as payback period, annual profit, and the
Levelized Cost of Fuel (LCOF). The Total Plant Investment (TPI)
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0.87

(a)

= Civil works

= Gasifier

= Amine scrubber

= CO2 compressor

= FT reactor (with HX) = ATR

= ASU

Fig. 8.

Table 13

Process/techno-economic parameters.
Techno-economic Parameters LD Slag Ilmenite
Cold Gas Efficiency (%) 77.67 73.95
Conversion Efficiency - BtL (%) 39.76 37.14
Higher Heating Value of FT crude (MJ/kg) 45.83 45.73
Mass flowrate of FT crude (kg/s) 0.76 0.71
Energy Content of FT crude - Based on HHV (MW) 35.01 32.69
CO,, captured (kg/s) 5.35 5.53
Annual Capital Cost (M$/yr) 15.53 15.45
Annual O&M Cost (M$/yr) 5.37 5.35
Annual Electricity Cost (M$/yr) 7.06 6.45
Annual Biomass Cost (M$/yr) 11.33 11.33
Total Annual Cost (M$/yr) 39.31 38.59
Annual Revenue - DH (M$/yr) 0.28 0.34
Natural Gas Production (Ib/h) 53.54 51.90
Gasoline Production (gallon/h) 240.17 221.60
Jet Fuel Production (bbl/h) 14.05 13.20
Diesel Production (gallon/h) 152.78 143.71
Wax Production (tonne/h) 0.22 0.20
Annual Revenue — CDU products (M$/yr) 46.99 43.89
Total Annual Revenue (M$/yr) 47.28 44.23
Levelized Cost of Fuel - LCOF ($/GJ) 38.71 40.61
Annual Profit (M$/yr) 7.96 5.64
Payback Period (yrs) 16.60 23.30
Excess Heat available to sell for DH (MW) 9.07 10.99

anticipation for the bio-jet fuel can be seen in Table 12 in which all the
equipment and cost are found based on literature and explained in the
methodology.

It can be seen in Fig. 8 (a) and Fig. 8 (b) that the biggest proportion of
the Total Plant Investment (TPI) is the Indirect Gasifier (gasifier used in
CLG). It is the same in the paper by Heyne and Harvey (2014) [65] and
Roshan et al. (2022) [9]. The difference in component costs between LD
slag and Ilmenite as oxygen carrier comes after the CLG (indirect
gasifier) due to different syngas composition and mass flow in the
gasifier for the two different oxygen carriers. As seen in Fig. 7 (a), LD
slag has better syngas production in terms of molar flow/volumetric
flow, leading to larger components post gasification. This is also evident

= Feedstock handling
= Fabric filter
® Zinc guard bed

= Water gas shift reactor
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0.84

(b)

= Biomass belt dryer
RME scrubber

= Syngas compressor

= Rectisol

HC recovery (distillation)

Share of TPI for different units for (a) LD slag and (b) Ilmenite as OCs.

from the cost comparison between different units for LD slag and
Ilmenite given in Table 12.

The overall techno-economic analysis can be seen in Table 13.

Although the total costs for the plants with LD slag and Ilmenite as
oxygen carriers are almost the same, there is a considerable difference in
the syngas and FT crude production (evident from the differences in cold
gas and conversion efficiencies). LD slag has better syngas production
leading to better FT crude production and ultimately, better economic
performance as seen in Table 13. The cold gas efficiencies predicted by
the models for CLG with LD slag and Ilmenite as oxygen carriers are
higher than those calculated for DFB gasification pilot plant (GoBiGas)
by Alamia et al. (2017) [72]. Biomass steam DFB gasification Aspen Plus
model developed by Quang-Vu Bach also gives lower values of cold gas
efficiencies than those predicted by the CLG models [73]. The annual
revenue from the CDU products for LD slag as oxygen carrier is 6.8%
higher than that with Ilmenite. Using LD slag as OC, leads to 41% higher
annual cash flow compared to Ilmenite. Although the model with
Ilmenite as OC has more excess heat available, but since the heat is of
low value, it doesn’t affect the techno-economic analysis much.

3.5. Carbon capture configurations

This chapter compares and investigates the techno-economic per-
formance of the BtL processes with CCS technologies and configurations
given in Table 6.

The economic evaluation of the system was according to the litera-
ture review of different costs and prices for services and equipment. The
techno-economic parameters such as LCOF, jet fuel production, and
conversion efficiency were evaluated for all cases. Fig. 9 indicates that
Case A has the highest jet fuel production while Case C has the lowest
production rate. These results are aligned with the chemical efficiency
(conversion efficiency) of the biomass to liquid fuel also seen in Fig. 9.
This is because Case A has the lowest amount of CO; circulating in the
Fischer Tropsch Synthesis and Autothermal reformer (ATR) units while
it is the opposite for the system with Case C that has the highest CO,
circulation in the system.
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Fig. 9. Process/techno-economic comparison for different carbon capture configurations.

Table 14
Techno-economic comparison with other BtL processes.
Most economic M. Li et al. LS. Roshan
case (Case E) [74] Tagomori etal. [9]
[75]
Levelized cost 110 €/MWh 124-141 125-130 119-138
of FT crude €/MWh €/MWh €/MWh

While the performance indicators suggest Case A is the best case
among all the configurations, the economic evaluation indicates that
Case E has the best economic performance. The LCOF for all the cases
indicates that the Amine scrubber with 90% carbon capture efficiency
has the lowest production cost. The comparison between configurations
with Rectisol only (case B) and Amine Scrubber only (cases C, D and E)
can be expressed from the standpoint of the cost of the energy for
running the plant as there is a greater demand of electricity for the plant
configuration with Rectisol only (case B) compared to the plant

18 | 45

135

($/6)) _

13

w
a

12.5

Jet Fuel Production (bbl/hr)
Leveli&ed Cost of Fuel
o

12

N
«

115 20

210

configuration with only Amine absorber (cases C, D and E). The Rectisol
unit needs a lot of electricity, which is expensive while Amine scrubber
mostly requires heat which is available in the system. Also, since excess
heat is sold very cheaply, the opportunity cost for using heat in Amine
scrubber is very small.

A comparison with other BtL studies for jet fuel production has been
done in Table 14 and it reveals that the LCOF for the case with Amine
scrubber (with 90% efficiency) is 20-28% cheaper than other similar
biofuels from similar studies.

This study expands on the techno-economic analysis done by Roshan
et al. (2022) [9] by additionally evaluating the revenues to calculate the
annual cash inflow for the project. Since syncrude needs a lesser number
of units for refining compared to crude oil as per de Klerk [34] and also
more valuable than conventional crude oil as per Michael J. Gradassi
[71], the LCOF of syncrude is not compared with the current crude oil
price in the market as done in Roshan et al. (2022) [9], rather we distill
syncrude to produce aviation fuel along with other valuable byproducts,
sell them to generate revenue and estimate the annual cash inflow.

Conversion Efficiency (%)

220 230 240

FT Reactor Temperature (°C)

Fig. 10. FT reactor temperatue sensitivity analysis.
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Fig. 12. S/B ratio effect on the moisture in raw syngas.

Based on the assumptions done in the techno-economic analysis, it is
predicted that there is an annual cash inflow/profit even without any
CO5, tax credit.

3.6. Sensitivity analysis

Sensitivity analyses were done on the Fischer-Tropsch synthesis
reactor temperature, water gas shift reactor steam temperature, steam to
biomass ratio in the fuel reactor, and the fuel moisture content using the
model configuration in Case E.

3.6.1. FT reactor temperature

The effects of FT reactor temperature, between 200 and 240 °C, on
the conversion efficiency, levelized cost of fuel, and the jet fuel pro-
duction was evaluated. According to Choudhary et al. (2015), when
using supported Co-based catalysts in the LTFT mode, the reactor tem-
perature is typically between 200 and 240 °C. As shown in Fig. 10, if the

14

increasing the WGS reactor temperature from 250 to 400 °C the con-
version efficiency and jet fuel production slightly decrease, which in-
dicates a negligible effect of WGS reactor temperature on the overall
process.

3.6.3. S/B ratio

Figs. 5 and 12 show the variations in the composition of raw syngas
from the CLG unit by varying the steam to biomass ratio. By increasing
the steam to biomass ratio, more the water gas shift reaction happens
converting more CO to form more Hy and CO3 and increasing the Hy/CO
ratio.

As steam enters the gasifier at a temperature lower than the gasifier
temperature, by increasing the steam to biomass ratio, more syngas
needs to be combusted to maintain the gasifier temperature. This is
evident from the trend in the excess air ratio A which increases from
0.369 to 0.396 by increasing the steam to biomass ratio from 0.65 to 1.2
which indicates that more syngas is combusted in the gasifier converting
CO to CO, and Hjy to Hy0, hence justifying a sharper increase in CO5
composition compared to that of Hp. Fig. 12 shows that the Hy0
composition also increases by increasing the steam to biomass ratio
meaning that not all the steam undergoes water gas shift reaction.
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Fig. 14. Biomass moisture effect on (a) syngas composition (b) process efficiencies.

The steam to biomass ratio also effects the cold gas efficiency and the
chemical efficiency of the plants which is presented in Fig. 13, it shows
that by increasing the steam to biomass ratio the efficiencies will drop
and the fuel production will also drop accordingly.

3.6.4. Biomass moisture content after drying

The study on the moisture content of the biomass entering the
gasifier shows that it is one of the most significant metrics affecting the
process performance. As expected, the results in Fig. 14 show that the
best cold gas and conversion efficiencies are for the lowest biomass
moisture contents. A moisture level of >30% might make gasifier igni-
tion difficult and diminish the calorific value of the produced gas
significantly [30].

Increasing the extent of the WGS reaction leads to increased Hj
production at the cost of CO composition in the syngas leading to higher
Hy/CO ratios. Also, since the heat of combustion of Hs is less than the
heat of combustion of CO, the net calorific value of the syngas drops
which is also observed in the literature [30]. However, for higher
moisture contents, more H; gets combusted to keep the gasifier
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Fig. 15. Annual profits with varying biomass moisture content.
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temperature constant because the moisture cools down the gasifier
resulting in a greater heat demand which comes from combusting syngas
(Hz 4 CO). In other words, apart from the WGS reaction which consumes
CO and produces Hy, CO and Hj are also consumed due to the com-
bustion of syngas resulting in a drop in Hy concentration as well.

For the best economical case (Case E) with a steam to biomass ratio
of 0.7, a sensitivity analysis for biomass moisture content such that the
gasifier load (based on LHV of biomass) is kept constant shows a drop in
the cash inflow (annual profit) of the plant. This is because, maintaining
the gasifier load with a biomass that has a higher moisture content re-
quires a greater flow of biomass. This has two consequences:

e First, there is a need for a larger gasifier since the gasifier is sized
based on the flow rate of biomass entering the gasifier.

e Second, a higher biomass flow entering the gasifier requires a greater
steam flow into the gasifier for a constant steam to biomass ratio
leading to poor process efficiencies.

Fig. 15 shows a drop in annual profit with increasing biomass
moisture contents. At 40% moisture content, the annual profit gets
negative meaning there will be no cash inflow and the project will be
economically infeasible.

4. Conclusion

This study models the full chain BtL process using Aspen Plus soft-
ware. The model is designed for a biomass supply of around 80 MWy,
and includes drying of biomass followed by a CLG unit using LD-slag and
Ilmenite as the oxygen carriers. The circulation rates of oxygen carriers
are adjusted to achieve the desired syngas temperature of 935 °C in the
fuel reactor (FR). The resulting syngas from CLG goes through syngas
cleaning and conditioning units to meet the requirements for FT syn-
thesis. In the FT reactor, the syngas gets converted into hydrocarbons
with carbon numbers ranging from 1 to 40 using the Anderson-Schulz-
Flory distribution. Since the aim of the model is to produce aviation
fuel, the FT synthesis process combined with a reformer in the recycle
loop is adjusted for maximizing the yield of paraffin with carbon
numbers ranging from 8 to 16.

A comprehensive comparison of the process parameters between LD-
slag and Ilmenite as oxygen carriers for Chemical Looping Gasification
has been presented in this study which was validated by the experi-
mental studies done by Condori et al. (2021). Moreover, sensitivity and
techno-economic analysis for different process parameters and plant
configurations have also been carried out. The study shows that the LD-
slag has a better syngas yield with less CO, gas than Ilmenite, resulting
in a better cold gas efficiency. This is due to calcium oxides present in LD
slag acting as a catalyst for the water gas shift reaction resulting in Hy/
CO ratio close to that required for FT synthesis (~2.1). The techno-
economic evaluation of the systems shows that the CLG unit is the
most expensive equipment in the process and accounts for almost one-
third of the whole system cost. Increasing the moisture content in the
biomass entering the gasifier or the steam to biomass ratio for the
gasifier, both result in drop in process efficiencies, ultimately leading to
poor techno-economic performances.

As per the optimized model (case E), the clean syngas produced by
the syngas cleaning unit has a cold-gas efficiency of 77.86% and a
heating value of 8.68 MJ/Nm3 (LHV base). The FT synthesis model with
a reformer shows that 647 bbl/day of FT crude will be produced, with
154 k tonne of CO; being captured annually and a conversion efficiency
of 38.98% from biomass to FT-crude. The computed levelized cost of
fuel (LCOF) for FT crude is 35.19 $ per GJ, with an annual plant profit
(cash inflow) of 11.09 M$ and an initial investment payback period of
11.56 years.

The conventional processes downstream of the CLG unit consist of
two separate CO, capture units, which increase the capital cost of the
BTL production. Therefore, by altering different configurations for COy
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capture units in the process and performing a techno-economic com-
parison, the most profitable configuration includes only one amine
absorber with 90% carbon capture efficiency. The pinch analysis of the
process streams showed that there was always enough heat to provide
for the CO, capture unit with surplus heat sold to the district heating
network. FT reactor temperature of 220 °C is the most optimal for
maximizing the production of aviation fuel. Higher FT temperature
resulted in the production of more natural gas and gasoline, whereas
lower temperatures resulted in better yields of diesel and waxes, both at
the cost of jet fuel yield. There was no significant impact on the process
and economic parameters of the plant by varying the WGS reactor
temperature.
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