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Abstract

The aim of this work is to investigate the effect of random packings on heat and mass transfer
phenomena, when applied in bubbling fluidized beds. For this purpose, first, the heat transfer
coefficient to a horizontal tube submerged in a fluidized bed containing various types of
random packings was investigated. Then, the conversion of different gaseous fuels during
chemical-looping combustion (CLC) was studied in packed fluidized reactors with selected
random packings. The experimental set-ups consisted of cylindrical laboratory-scale bubbling
fluidized-bed reactors with an inner diameter of 78 mm and a height of 1.27 m.

For the first set of experiments, a horizontal tube (do=6 mm), through which there was a flow
of water, was submerged in the bed. Air was used as fluidizing gas. Silica sand in the size range
of 212-300 um was used as bed material. Heat transfer coefficient, pressure drop and vertical
segregation of solids were evaluated experimentally for bed temperatures ranging from 400 °C
to 900 °C and superficial gas velocities from 0.04 m/s to 0.411 m/s. The bed height was 13 cm
at rest for experiments, with and without packings. Five different types of packings were
evaluated for the heat transfer experiments: i) RMSR (25 mm stainless steel thread saddle ring),
i) Hiflow (25 mm stainless steel pall ring), iif) RR6 (6 mm ceramic Raschig ring), iv) RR10
(10 mm ceramic Raschig ring) and v) ASB (12.7 mm aluminum silicate balls). For the second
set of experiments, three of the packings (ASB, RMSR and Hiflow) were selected. CLC
experiments were conducted using three fuels: CHs, CO and syngas (50/50% H»/CO), at
temperatures between 840-940°C.

The results show that the nature of the packings has significant impact on the behavior of a
packed-fluidized bed. Packings with low void factor such as RR6, RR10 and ASB had lower
heat transfer coefficient, higher pressure drop and more significant vertical segregation,
compared to a bubbling bed without packings. Packings with high void factor were quite
different. The RMSR packing showed an improvement in heat transfer coefficient (up to 1243
W/m?K) at higher gas velocities, as compared to bubbling bed with no packings (up to 1124
W/m?K). Also, beds with RMSR and Hiflow packings had lower pressure drop, lower vertical
segregation and higher fuel conversion in CLC compared to a bubbling bed with no packings.

It is concluded that packings with high void factor such as RMSR and Hiflow can be used in
bubbling fluidized bed with small impact on pressure drop and solids segregation, and
potentially positive effect on both heat and mass transfer. Packings with low void factor may
be of interests for other applications, which remains to be explored.

Keywords: Bubbling fluidized bed, Chemical-looping combustion, Random packing, Packed-
fluidized bed, Mass transfer, Heat transfer, Confined fluidization.
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1 Introduction

A goal to restrict global warming to well below 2°C above pre-industrial levels, was agreed
upon in Paris in 2015 [1]. To meet this target, rapid decarbonisation of all energy sectors is
needed, together with large-scale deployment of negative-emissions technologies [2]. Carbon
capture and storage (CCS) is a set of technologies that could reduce CO, emissions from point
sources such as fossil power plants and industrial facilities. The viability of different CO>
separation concepts has been recognized for many years. Therefore, many CCS projects
utilizing technologies such as for example amine scrubbing and oxy-fuel combustion have been
launched all over the world in the past decades [3]. Each technology evaluated has strengths
and weaknesses in terms of cost, efficiency, and applicability [4].

Among different CCS technologies, chemical looping combustion (CLC) is recognized for its
potential to capture CO- at relatively low cost and with high efficiency [5]. In a conventional
combustion facility, fuel burns by mixing it with ambient air. Thus, the flue gas consists mainly
of nitrogen, in mixture with excess oxygen and the combustion products H20 and CO,. The
low CO; partial pressure in the flue gas makes CO> separation after conventional combustion
a complex and expensive process. However, CLC does not have the nitrogen dilution problem.
This is because fuel is oxidized with solid metal oxide oxygen carriers instead of air [5].

Most often, CLC utilizes fluidized-bed reactors. In such reactors it is important to achieve high
and uniform gas-solid mass and heat transfer, as this will enhance gas conversion. Fluidization
was established as an industrially important concept in the 1940’s, during which large scale
implementation of fluid catalytic cracking was introduced. Advantages of fluidized bed
reactors include very good heat and mass transfer rates, excellent gas-solid contacting and
temperature uniformity [6]. It soon extended its range of applications to other areas such as
heat transfer, coating, drying, combustion, gasification, chemical reactors and adsorption [6—
9].

Fluidization is a phenomenon in which solid particles are transformed into a fluidlike state,
through suspension in a gas or liquid [6]. Figure 1 shows different regimes of fluid-solid
contact, established by increasing the fluid velocity from left to right. When a fluid passes
upward in a bed of particles, if the flow rate is very low, the fluid just permeates through the
voids between stationary bed particles. This is referred to as a fixed-bed reactor. By increasing
the flow rate, a point is reached where all the particles are suspended by the fluid. The
superficial gas velocity at this point is referred to as minimum fluidization velocity. At this
velocity the friction force between particle and fluid is equal to the weight of the particles, the
vertical component of the compressive force between adjacent particles disappears. Thus, the
pressure drop throughout the bed equals the weight of fluid and particles inside the bed. Further
increase in the fluid velocity beyond minimum fluidization results in formation of gas bubbles
and sometimes with channeling occurring inside the bed. This is referred to as a bubbling-
fluidized bed. For deep beds in narrow columns, bubbles’ diameter can become as large as the
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cross section of the vessel. This mode of operation is called slugging and should typically be
avoided in practical applications. At even higher gas velocities, terminal velocity of solids is
exceeded, meaning that particles will be transferred upwards by the fluid flow. Depending on
process conditions, turbulent fluidization or pneumatic transport of solid will occur eventually

[6].

Slugging  Turbulent Lean phase

(Flat slugs) fluidization fluidization
IR with pneumatic

transport

Fixed bed Minimum Bubbling
fluidization fluidization

NUIC S NI S L I

(low velocity) (high velacity)

Figure 1:1llustration of fluidization regimes, by increasing the fluid velocity from left to right.

One challenging issue with fluidized bed reactors is the potential for reduced gas-solid mass
and heat transfer at higher superficial gas velocities, especially when deep beds are used. This
could occur due to bubble growth. It is easily realized that large bubbles result in reduced
contact between gases and solids, which is necessary to achieve high gas-solid mass transfer
and high heat transfer. Bubble growth could also lead to other undesirable fluidization
phenomena such as slugging. These factors are critical to technologies such as chemical-
looping combustion (CLC). For example, in bubbling bed CLC with the most commonly used
bed materials, the only chance for fuel oxidation in the fuel reactor will be within the bed. This
eliminates the possibility of fuel conversion in the freeboard due to exclusion of oxygen carrier
in this section. If undesired phenomena such as slugging, channeling and bubble growth occurs,
the fuel conversion and efficiency will decrease drastically. Here, the role of packed-fluidized
beds in avoiding these phenomena is distinguished.

Various methods for overcoming the restriction mentioned above and improving the quality of
gas-solid fluidization have been proposed. These solutions range from adding mechanical
constructions such as disks, trays and concentric mesh screens, to movable packings such as
glass beads, Berl saddles and Raschig Rings. The purpose of such devices is to break down
large bubbles formed inside the bed to smaller ones [10], [11].The use of fixed parts involves
several problems. This includes erosion, difficulties to replace worn-out parts and potentially
mechanical stress for operation at elevated temperature. Therefore, the idea to apply random
packings in fluidized bed reactors to prevent bubble growth in applications such as CLC could
potentially be of importance.

Therefore, the idea to apply random packings in fluidized bed reactors to prevent bubble growth
in chemical-looping combustion has recently been suggested [12]. The concept of using
random packings in fluidized beds is referred to as packed-fluidized bed or confined
fluidization. Random packings are used in many different chemical and thermal processes and
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are available in many shapes, sizes, forms and materials. In general, in chemical processes, a
packed bed is a vessel that is filled with a packing material. As illustrated in Figure 2, a device
or reactor can be filled with small objects like raschig rings, pall rings, saddle rings etc. (random
packing) or with a specifically designed structured packing (structured packing).

a) b)

Figure 2: Packing types in packed beds: a) random packing, b) structured packing.

Packing material can be used instead of trays to improve separation e.g., in distillation columns.
Packing offers the advantage of a lower pressure drop across the column (when compared to
plates or trays), which is beneficial. Also, as mentioned above, other issues such as erosion and
mechanical stresses can be avoided by applying the random arrangement. Structured packing
compared to random packing usually has lower pressure drop but it is more expensive.
Differently shaped packing materials are characterized by their different surface areas and void
factors. Both of these parameters affect performance.

The void factor is a measure of the empty spaces in the packing. The void factor is a fraction
of the volume of voids over the total volume, when packings are applied to a vessel. Using this
definition, it will vary between 0 and 1. There are many ways to evaluate the void factor. One
of these methods can be done through a simple set of experiments. To find the void factor of
packing materials, an empty container can be filled with water and weighed. The container can
then be emptied and filled with packings. Water will be added into the packed container until
it is completely full and weighed. Dividing the weight of the water in the packed container by
the weight of the water in the unpacked container, gives the void factor. A high void factor
indicates much empty space between packings. Thus, the fluid can flow easily through the
packed zone. In general, in a high void packing, flow capacity is increased, and pressure drop
is decreased, as compared to packings with low void factor.

1.1 Aim and scope
This thesis focuses on examining:

Q) how different types of random packings will affect the heat transfer rate, pressure
drop and particle segregation in a bubbling fluidized bed at elevated temperature.

(i) how random packings will impact fuel conversion rate in CLC.

(iii))  how to model the bubble size and gas interchange coefficient in the bed containing
packings.



The ultimate goal of the work is to show that use of random packings is a viable method to
significantly improve performance in future applications of fluidized-bed reactors, especially
chemical-looping combustion (CLC).

1.2 Contribution of this thesis

This work contributes to understanding the above questions and address them in the appended
papers. Figure 3 shows an overview of the appended papers and their main contribution to the
investigations. In Paper I, the effect of five different types of random packings on heat transfer
rate in bubbling fluidized bed were investigated. The studied packings were:

e 25 mm stainless steel thread saddle ring RMSR 25-3 (RMSR)
e 25 mm stainless steel pall ring Hiflow 25-5 (Hiflow)

e 12.7 mm aluminum silicate balls (ASB)

e 6 mm ceramic Raschig ring (RR6)

e 10 mm ceramic Raschig ring (RR10)

The main difference between these packings is their structure, void factor, material and bulk
density. RMSR and Hiflow can be categorized as being high void packings (void factor > 0.95),
as compared to the others (with void factor < 0.6). Paper | also investigate the effect of above
packings on pressure drop and vertical segregation of fluidizing solids. In Papers Il and 111,
different selections of packings are considered from the above list and subjected to analysis in
CLC batch experiments. Paper Il compares two different fuels (CO and CHya) in the beds
containing following packings. Then the results are benchmarked against bubbling beds
without packings.

e 25 mm stainless steel thread saddle ring RMSR 25-3 (RMSR)
e 12.7 mm aluminum silicate balls (ASB)

In Paper 111, the CO and syngas (50/50% H./CO) fuels conversions are compared for the beds
containing the below highly evolved packings:

e 25 mm stainless steel thread saddle ring RMSR 25-3 (RMSR)
e 25 mm stainless steel pall ring Hiflow 25-5 (Hiflow)

Additionally, a model will be introduced in Paper 111 to evaluate the impact of packings on
the bubble size and gas interchange coefficient in the bed.



Paper | Papers Il and llI Paper lll

Figure 3: Thesis structure. Overview of the appended papers and their main contribution to the investigations.






2 Background

According to Abrahamsen and Geldart [13], the two most important particle properties that
affect the fluidization characteristic of a fluidized bed are the particle size and particle density.
Thus, particles are commonly characterized based on these two properties. Geldart divided
different particulate materials into four main groups based on their density, diameter, their
different flow regimes and fluidization characteristics [14], [15]. Among these groups, Geldart
group B with bulk density from 1400 kg/m? to 4000 kg/m?® and size range of 40 um to 500 pm
has proven to be very useful in industrial applications, such as for example combustion and
gasification [16-18].

Group B particles do not tend to undergo smooth fluidization. Rather, bubbles form already at
the onset of fluidization. For Geldart group B, the bubble size becomes larger as the bed height
and gas velocity increases. Thus, group B particles tends to allow the formation of very large
bubbles. Therefore, slugging can occur even in bigger units. Another challenging issue with
fluidized bed reactors using group B particles is the potential reduction of gas-solid mass
transfer at high superficial gas velocities, especially in deep beds. This is due to bubble growth
and bubble coalescence. Small bubbles in a bubbling fluidization are desirable for effective
mass transfer, but larger bubbles reduce the contact between gases and solids, which most often
is undesirable. Specifically for the case CLC, where deep beds are often strived for, in a fuel
reactor containing Geldart group B particles bubbles could coalescence and grow. Bubbles
growth can continue until they cover the reactor cross section, resulting in phenomena such as
slugging and channeling and poor fuel conversion [19-23].

2.1 Chemical-looping combustion (CLC)

Chemical-Looping-Combustion (CLC) is a promising technology for generation of heat and
power with inherent CO> capture. The broader chemical-looping concept also has other
potentially important applications such as combustion, gasification, reforming, and hydrogen
production [24-27]. Here, the focus will be on the combustion application.

CLC utilize solid metal oxide particles and a setup with two interconnected reactors, typically
referred to as the Air Reactor (AR) and Fuel Reactor (FR), see Figure 4.



Oxygen Depleted Air Flue Gas
(N2) (COy, Hy0)

Air Reactor Fuel Reactor

(AR) (FR)

Air Fuel
(N2, 02) )

Figure 4: Schematic description of Chemical-Looping Combustion (CLC).

In the fuel reactor, the oxygen carrier particles are reduced by the fuel (CnHm), which in turn is
oxidized to CO; and H20. In the air reactor, the particles are oxidized with O, from air. The
reactor temperature is typically in the range 800-1000 °C. An example of the reactions in each
reactor vessel and for the system as a whole can be found in reactions (1-2) below, where M_O
represents the oxidized oxygen carrier and M the reduced oxygen carrier.

Coln + (2n+1/,m) M_O > nC0O, + 1/, mH,0 + (2n + 1/, m) M (1)

The main advantage of CLC is that it prevents dilution of flue gases with air. Essentially pure
CO2 can be obtained by cooling the fuel reactor gas, condensing steam to water. If used for
CO: capture, CLC eliminates the need for a separate and costly gas separation step [28-31].
The reactors in the CLC process can be designed using different principles, such as bubbling
fluidized bed, circulating fluidized bed, fast fluidized bed, moving bed or fixed bed [32—36].
Among the alternatives, two interconnected fluidized bed reactors present clear advantages
such as good temperature control and steady flow of oxygen carrier particles between the air
reactor and fuel reactor. This is also the design most commonly envisioned in literature.

2.2 Packed-fluidized bed

A conventional bubbling-fluidized bed (BFB) can be divided into two main phases: the bubble
phase or the diluted phase, which is mainly the fluidizing gas in the form of bubbles, and the
emulsion phase or the dense phase, which mainly consists of bed particles (Figure 5a). Previous
studies showed that in a BFB, the mass transfer rate of gas between bubble and emulsion phase
decreases with an increase in bubble size [12], [37-39]. While small bubbles are desirable for
effective mass transfer, large bubbles can have the opposite effect by causing gas bypass and
slugging [23]. One effective method to eliminate bubble growth in BFB is applying the concept
of packed-fluidized beds [11], [12], [40]. In this method, inert stagnant packings of much larger
size than the fluidized particles are applied to breakdown the larger bubbles, as illustrated in
Figure 5b.
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Figure 5: Illustration of a) conventional BFB, b) packed-fluidized bed.

Packed-fluidized beds have not been extensively studied. That said, some studies about the use
of packed-fluidized beds for various applications has been presented in the literature,
examining for example heat transfer [41-43], axial dispersion [44], bed expansion [45], [46],
and hydrodynamic behavior of gas-solid beds [44], [47]. The effect of packings on fluidization
was first investigated by Gabor and Mecham [48] and Sutherland et al. [11], who investigated
the effect of spherical packings on hydrodynamics and heat transfer rates in fluidized beds.
They documented fundamental fluidization properties and observed that a combination of
packed beds and fluidized beds can improve the heat transfer rate. A few studies on packed-
fluidized beds have been done afterwards about topics such as catalytic reactions [49-52] and
hydrodynamic properties such as minimum fluidization properties and pressure drop [40], [47],
[53]. Donsi et al. [45] and Girimonte et al. [46] studied the expansion behavior of fine particles
in a packed bed of spherical coarse particles at room temperature, in the velocity range up to
10 times the minimum fluidization velocity. Both research groups presented models for the bed
expansion behavior of particles in a packed-fluidized bed, based on experimental results. The
models describe hydrodynamic properties such as pressure drop, minimum fluidization
velocity and bed voidage. In other works, Girimonte et al. [54], [55] investigated CO-
adsorption on zeolite pellets in a packed-fluidized bed using glass spheres as packings. They
observed that, for a given mass of sorbents, CO, adsorption increased compared to fixed beds,
because of suppression of bubbles growth.

Recently, Aronsson et al. [12] successfully applied spherical packings in CLC batch
experiments and found improved fuel conversion rates compared to a conventional bubbling
fluidized bed. However, there are no studies on other forms of packings and their effect on fuel
conversion in this field of research. Also, the use of spherical packings in a fluidized bed may
break down bubbles, but it could also constitute a major hinderance for fluidization. It may also
influence factors such as the heat transfer rate significantly compared to non-packed beds [11].
Studies of fluidized-packed beds with evolved packing materials with high void factor and the
impact on factors such as mass and heat transfer and particle segregation are currently lacking.



Table 1 summarizes the most important investigations that has been done on packed-fluidized
bed concept in the literature.

Table 1: Summary of investigations on packed-fluidized bed concept.

Bed

No.  Packing . Results Year Ref.
material
- Silver catalyst for oxidation of ethylene to ethylene-oxide was
Fixed sprayed on stainless steel strips which were attached to a centrally
stainless- located supporting structure.
1 steel strips Glass beads - This method was examined to avoid agglomeration problem yet 1960 [49]
coated by (inert bed) obtaining an excellent heat transfer property.
silver - Small scale tests with this method, showed that excellent
catalyst temperature control could be achieved without serious adverse
effects on catalyst performance.
- The effect of fixed packing on the properties of a gas-fluidized
bed, including minimum fluidization velocity, pressure drop, and
bed expansion was studied experimentally.
- Experiments indicated that both packing size and the ratio of
2 Uniform Glass beads particle to packing diameter were the main variables in correlating 1963 [11]
spheres the results.
- A preliminary study was also made for heat transfer rates, and
the results indicated that with spherical packing, values of heat
transfer coefficient were of the order of 70% of that in a
conventional bed.
- Radial gas mixing in the voids of fixed packings was
investigated.
Spheres and Glass beads, - Results showed that values of gas eddy diffusivities in the
PReres Aluminum fluidized-packed beds were nearly the same as values in beds with
3 cylindrical id h King but with he fluidizi ial 1964 [56]
acking oxide, the same type of packing ut without t ef.m izing ma}ena s.
P copper - Due to nonuniform pressure gradients associated with
fluidization in packings, large variances in the eddy diffusion
coefficient was observed compared to non packed beds.
- Silver catalyst was sprayed on vertically mounted cylindrical
strips for the strongly exothermic reaction of ethylene oxidation
. where the fluidized bed acted as an effective heat transfer medium
Fixed . :
. . in removing heat from the catalyst to the wall of the reactor.
stainless- a-Alumina DL . .
- They minimized the stagnant regions by this method and
4 steel and Glass - 1964 [50]
S provided a good heat transfer from the catalyst surface.
cylindrical beads -
strips - Close temperature control was achieved so long as good
P fluidization around the packing was maintained.
- For glass beads, poor fluidization was observed when sticking
developed thus causing a large axial temperature profile.
- The lateral mixing behavior of particles fluidized in the voids of
a packed bed is analogous to eddy diffusion in a flowing gas
Spherical stream. . e .
and Cooperand A model was used to relate the solids diffusivities to the void
5 N PP structure of the packed bed. 1964 [57]
cylindrical nickel - . - . e .
ackings - A dimensional corr_e_latlon for solids diffusivity in a spherically
P packed bed was empirically deduced.
- The rate of solids mixing increased with bed height for no
packing but was independent of height for fluidized-packed beds.
- A model was developed to relate average particle velocity to the
Spherical Copper and fluidizing gas velocity
6 p PP - A correlation for lateral solids mixing in a packed-fluidized bed 1965 [58]

packing nickel was presented from the average particle velocity and the diameter

of the fixed packing.
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Table 1(continue): Summary of investigations on packed-fluidized bed concept.

No.  Packing Eﬁigterial Results Year Ref.
- Effective thermal conductivities for lateral heat transfer were
Steel Cu-N_i, measured in a quidiz_ed-packed bed. o
7 spheres aluminaand - A general correlation was made for the fluidized-packed bed 1965 [59]
glass thermal diffusivities with the size of the spherical fixed packing
and the minimum fluidization velocity.
- Effect of packing on the catalytic isomerization of cyclopropane
in fixed and fluidized beds were studied.
- The effects of various cylindrical screen packing, on final
Cylindrical silica- conversion were Qetermined._ . - . .
soreen alumina - ngrall conversions were higher in a fluidized ped w_|th packing
8 packing cracking than in a normal flum_llzed bed but were less thar_l ina flxed_bed_. 1965 [51]
(Pall ring) catalyst - Rate data from the fixed bed closely followed first-order kinetics.
When the same catalyst was tested in a normal fluidized bed, the
rate was dependent on linear gas velocity and catalyst bed height.
With packing present in the fluidized bed, this dependency was
much less, but packing size and shape had some effect.
- Fluorination of depleted uranium pellets were studied in this
work in a packed- fluidized bed system.
- In their proposed system, the uranium pellets would be the
packing solids and the fluidizing solids would be used as heat
N . transport medium.
9 Sg;ndgl'; atL Qgtg‘iearlt - They investigated and formulated expressions for some basic 1965 [60]
P fluidization phenomena such as pressure drop, solids mixing and
bed expansion.
- It was found that the addition of fluidizing solids increased the
heat transfer coefficient by a factor two at the reactor walls, and
eight at the top of the packing.
- It was shown that a unique relationship between the relative
sand velocity and the bed voidage did not exi_st_. Consequently_, simple
Alurﬁina batch measurements were not sufficient to _descrlbe the
screen glass bea’ q hyd(odyngmlcs_ (_)f co- or counter-current flows (in contrast to
10 cylinders cracking ' liquid-solid fluidized systems. _ . _ _ 1976 [47]
catalyst - A reason for th.e non-existence of this relzfmonshlp was attributed
polystyr’ene to the fact that friction forces between packing and particles greatly
contribute to the balance of forces for counter-current and also for
batch systems.
Pall rings - - The hydrgdynamic behavior of pa_cked-flu_idized_ beds regarding
Raschig ' S|I|ca_1- the gas-solid counter-current (_)peratlon was investigated.
11 rin d alumina - Pressure drop, hold-up, loading and flooding were evaluated and 1979 61
gs an catalyst compared with literature data for gas-liquid systems. [61]
cylindrical . - .
screens (Geldart A) - They derived a correlation for the pressure drop, which was
mainly caused by suspended particles.
- The height of an overall mass transfer unit was measured in a
gas-solid packed bed by steady state adsorption.
-Then the mass transfer and axial dispersion was investigated for
Silica- adsorption process with an extended model.
. alumina - They showed that the height of true transfer unit was
12 Pall rings catalyst approximately independent of the solid mass flux and increased 1979 [62]
(Geldart A)  with increasing gas velocity. At low gas velocities axial dispersion
of the gas and especially of the solid phase was the determining
factor for column performance. At higher gas velocities mass
transfer limitations became important.
Fixed - kinetics and mass transfer for_cataly_tic hydrogenation of ethylene
packing of Alumina in a packed-fluidized bed was investigated.
. - The mass transfer coefficient and reaction rate constant were
13 nickel on and glass - - 1979 [52]
alumina beads evaluated from integral conversion data. ) - o
catalyst - The mass transfer coefficient between the interstitially fluidized
bed and the catalyst surface was correlated in dimensionless form.
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Table 1(continue): Summary of investigations on packed-fluidized bed concept.

gas and packing and between powders and packing, were
proposed.

No.  Packing Bed - Results Year Ref.
material
- The hydrodynamic properties of counter-current gas-solid flow
over a regularly stacked packing at trickle flow conditions was
studied.
FCC and - A particle flow model was developed based on the momentum
14 Metal tubes equation of a single particle. 1984 [63]
sand - . .
- For coarse particles, the maximum gas mass flux at which
countercurrent operation was still possible was determined
primarily by the local gas velocity in the packing and the terminal
velocity of the single particles.
- The heat transfer behavior of a counter-current gas-solid trickle
flow contactor was studied.
- Experimental data on the overall heat-transfer rate constant
Tubes of between the gas flow and the solid particle flow were obtained
square experimentally.
15 Cross- Sand - Pressure drop over the packings was low, while counter-current 1986 [41]
section heat-transfer properties were remarkable.
- Heat transfer behavior was described by a model based on single-
particle flow and by incorporating the effect of particle
agglomeration at higher solids fluxes.
- The pressure gradient and the static and the dynamic hold-up
were measured for a system consisting of FCC trickling over a
Ceramic packed bed with a gas streaming in a counter-current flow.
and glass - A correlation for the pressure gradient in the preloading region
16 raschig ring FCC was derived based on the Ergun equation and considering the 1987 [64]
and catalyst internal gas recirculation due to the solid’s trickles.
pellets - A correlation was given which related the boundary between
preloading and loading with the particle and gas properties and the
solids flow rate.
Gl - They studied the expansion behavior of fluidized beds of fine
ass beads, . h o .
Coarse FCC particles confined within pacqugs of coarse spheres.
17 . - Throughout the whole expansion range, they proposed a general 1989 [45]
spheres alumina, lationshio bet id q H lociti ted
copper relationship between voidage and gas flow velocities, represente
by a two-parameter power law of the Richardson-Zaki.
- A model based on extension of the Blake-Kozeny equation to
Coarse Glass bin_ar_y _solid systems was developed to describe confined
18 . fluidization of fine particles. 1990 [65]
spheres ballotini P g A . .
- Pressure drop, minimum fluidization velocity and expansion
characteristics were determined for the studied bed material.
slirr]ﬁ:nctil - A t_heoretic_al _analysis based on an extension of the Ergun
19 (porcelain Sand equation to bi-dispersed granular system was suggested for the 1992 [66]
balls) correlations determining the minimum fluidization velocity.
- The effect of packings on hydrodynamics (pressure drop and
solids hold-up) was investigated at ambient conditions, for the
riser part of a circulating fluidized bed unit.
- They showed that the pressure gradient over the packed section
20 Perspex FCC increased I_ine_arly wi_th increz.;tsing solids mass flux, but faster than 1994 [67]
rods linearly with increasing applied gas mass flux.
- They presented a correlation to describe the dynamic solids
volume fraction.
- The results of gas-solids mass transfer measurements for
circulating fluidized bed unit were investigated.
- The pressure gradient and powder hold-up in the packing were
Intalox measured in a (ectangular_ﬂuidized bed. o
21 saddles, FCC - hA mathematical analysis for the prediction of pressure drop, 1995 [23]
raschig ring which was caused by the powder hold-up and the friction between
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Table 1(continue): Summary of investigations on packed-fluidized bed concept.

fluidized particle, size, its volume fraction and wall temperature.

No.  Packing Bed - Results Year Ref.
material
- A review of fluid dynamics studies of counter-current gas-solid
contactors were presented.
22 - - - The experimental and mathematical models in research findings 2007 [68]
about the basic fluid dynamics parameters: flowing solids holdup,
pressure drop and flow pattern were gathered.
Raschig - Static holdu_p was investigated experimentally and theoretically
rings in packed-fluidized bed contactors.
. - The experimental results showed a significant influence of the
ceramic Sand, . . .
beads, propant, geomet'ry of the packlpg elements on .statlc holdup. The physical
23 - properties of the flowing solids also influenced static holdup. A 2009 [69]
crushed alumina and . - - ;
moderate influence of solids flux and a minor influence of gas
stone and glass .
glass velocity were observed._ o _
b - An empirical correlation for the prediction of static holdup was
eads d - -
eveloped from theoretical and numerical analyses.
- The dependence of bed voidage on fluidization velocity and
particle properties was investigated.
24 Coarse Geldart B - Their analysis leaded to new relationships for calculating the 2011 [46]
spheres particles parameters of the Richardson-Zaki correlation. Thus, providing a
quantitative interpretation of the expansion process of packed-
fluidized beds.
- They investigated the criteria for obtaining a homogeneous
fluidization in packed-fluidized bed. The criteria regarded: the
Spherical choige of th_e size of particles constituting the packed_ bed and the
lead shots pac;kmg height necessary to accommodate the de_swed level of
25 and Glass_ . voidage; the minimum aspept (atlo of .the confmed bed that 2013 [70]
spherical ballotini guarantees the minimum fluidization velocity to be independent of
the bed mass; and the packed bed height required to operate the
glass bead . - .
particle system over a broad field of homogeneous expansion.
- They modified the Richardson-zaki equation to model the
homogeneous regime.
- A counter-current fluidized bed reactor for the dehydrogenation
of olefins was patented.
2 i i - The process utilized a reactor that included a slower flow of 2015 [71]
catalyst through the reactor, with a counter current flow of gas
(process stream) through the catalyst bed.
Active
carbon, - Confined fluidization of fines in fixed bed of coarse particles was
glass balls investigated.
27 (Ballotini), Glass balls - Relations allowing calculation of the Richardson-Zaki-type 2016 [53]
activated equation coefficients, including description of inter-particle void
alumina, and gas pressure drop in such systems were determined.
silica gel
Coarse Geldart B - They presented a model to predict the minimum fluidization
28 - velocity of beds of Geldart's group B particles confined in a 2016 [72]
spheres particles
packed-bed of coarse spheres.
- CO2 adsorption by a fluidized bed of pellets of 13X zeolite was
investigated.
- The experiments compared the performance of a confined and
29 Sphe_rical Zeolites that of a conventional fluidized bed at ambient temperature and 2017 [54]
packing pressure.
- They demonstrated that confined fluidization improved the
efficiency of the adsorption process compared to the conventional
technique.
Lithium - R_es_ults shOV\_/ed that the effective thermal conductivity of pag:k_ed
titanate o fluidized _bec_i increased c_Iose to the_valye of ther_mal conductlv_lty
30 (LizTiOs) Li2TiO3 of pure L|gT|03 at an optimum fIL_udl_zatlon velo_cny corresp_ondlng 2017 [43]
pebble to 2-3 times minimum fluidization velocity depending on
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Table 1(continue): Summary of investigations on packed-fluidized bed concept.

Bed

No.  Packing - Results Year Ref.
material
- They performed CO: adsorption across a packed-fluidized bed
compared with traditional fixed bed adsorption.
Coarse glass - The packed fluidized system allowed operation across a wide-
31 sphere Zeolite gange of gas velocities without a substantial increase in pressure 2019 [55]
rop.
-Packed-fluidized bed prevented the formation of bubbles in favor
of enhancing the bed expansion ability.
- Chemical-looping combustion with ilmenite as oxygen carrier
was studied in a packed-fluidized bed with spherical packings.
Spherical Syngas and CO was _used as fuel a}t 915 °C. _ .
packings ' Results showed that in packed-fluidized bed, the effective reaction
32 (ECA llImenite rate constant increased by up to a factor of 2 for a given bed mass 2019 [12]
ASB)l compared to conventional fluidized beds.
- Up to 4 times less oxygen carrier bed mass was needed to achieve
the same gas conversion in a packed-fluidized bed, at a lower total
pressure drop.
- Packed-fluidized bed concept was applied to investigate the
effect of packings on gas-solid mas-transfer. For mass transfer
experiments the fluidizing air was humidified and the water
Spherical silica gel adsorption rate onto silica gel particles acting as fluidizing solids
packings o= was measured.
33 (ECA, 22: dohvme - It was found that mass transfer increased by a factor of 1.9-3.8 2019 [40]
ASB) with packing solids as compared to a non-packed reference.

- Maximum vertical cross-flow was found to be significantly
higher with low density packing (ECA) that fluidized, than with
stationary high-density packing (ASB).

Through these investigations, it is clear that substantial advantages can be realized by use of
packed-fluidized beds. Possible advantages that have been identified includes avoiding
agglomeration for some special applications, improving the heat transfer properties, better
temperature control, reducing the stagnant regions and improving fluidization, increased
overall conversions and efficiencies and elimination of bubble growth.

Packed-fluidized beds could be of high interest for CLC. The reason is not difficult to grasp.
In CLC, it is absolutely critical to achieve high mass-transfer rate between gas and oxygen
carrier throughout the whole bed. This is because gaseous fuel species must get in physical
contact with the solid oxygen carrier, in order to be converted to products. In contrast to normal
fluidized bed combustion, in CLC, it cannot be expected that residual combustible components
can be converted in the freeboard. Aronsson et al. investigated the effect of using spherical
aluminum silicate balls (ASB) and expanded clay aggregate (ECA) as packings during CLC
batch experiments [12]. They observed that these packings can improve fuel conversion.
However, they could also result in increased pressure drop inside the bed and particle
segregation phenomena [12], [40]. Thus, there is still a lack of investigation for other types of
relevant packings like the effect of a more evolved RMSR and Hiflow packings, and the theory
behind the enhanced mass transfer.
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3 Method

3.1 Experimental

Throughout the work reported in this licentiate thesis (Papers I-111), two different
experimental reactors have been used, both of which utilize the same furnace and most other
infrastructure. More detailed information about the common dimensions of the two laboratory-
scale bubbling fluidized bed reactors are summarised in Table 2.

Table 2: Summary of the two laboratory experimental setups used for experiments.

Specification Papers I- 111
Reactors:

1.D. (mm) 78
Height (mm) 1270

Distribution plates:
Type

Thickness (mm)
Number of holes (-)
Hole I.D. (mm)

Circular hole plate
5
61
0.6

In Paper 1, the effect of packed-fluidized bed on heat transfer at elevated temperature levels
was studied. Figure 6 provides a schematic illustration of the reactor used in Paper 1.

Splash zone + freeboard
A

Water InEt

Dense bed + Packing

Air Outlet

H6:  Temperature
H5 =™ and Pressure
Sensors

Hai

Lyt
‘i'fihi’;ﬂ

indbox

N

Figure 6: Schematic illustration of reactor for heat transfer experiments, used in Paper I.
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For Paper I, a 253 MA steel reactor was equipped with a single horizontal tube made of Inconel
600 alloy. The inner diameter of the horizontal tube was 4 mm, and the wall thickness was 1
mm. The horizontal tube was positioned 75 mm above the gas distributor plate (Table 3). In all
experiments, the horizontal tube was in the dense bed; and it was covered with the packing and
bed material. Water flowed through the horizontal tube from a tap. The flow rate was regulated
with a valve. During all experiments, the water flow rate through the pipe used for measuring
heat transfer coefficient was kept constant at 20 ml/s. Heat transfer coefficient was calculated
from the temperature rise measured from the inlet to the outlet of the horizontal pipe.

Table 3: Vertical position of measurement points relative to the distributor plate.

Paper | Paper Il Paper 111
Position  Height Measured Height Measured data Height Measured data
(mm) data (mm) (mm)
Windbox - Temperature - Temperature & Pressure - Temperature & Pressure
& Pressure
1 30 Temperature 36.5  Temperature & Pressure 36.5 Temperature & Pressure
2 a7 Pressure 88.8  Temperature & Pressure 88.8 Temperature & Pressure
3 65 Temperature 136.5 Temperature & Pressure 136.5  Temperature & Pressure
Water 75 Temperature - - - -
tube
4 105 Temperature 156.5 Temperature & Pressure 156.5  Temperature & Pressure
5 130 Pressure 316.5 Temperature & Pressure 316.5  Temperature & Pressure
6 150 Temperature 476.5 Temperature, Pressure 476.5  Temperature & Pressure
& gas concentration
7 310 Pressure 636.5 Temperature, Pressure 636.5  Temperature & Pressure
& gas concentration
8 605 Pressure 796.5 Temperature & Pressure 796.5  Temperature, Pressure &
gas concentration
In Papers Il-111, the impact of packed-fluidized bed on fuel conversion rate in CLC was
investigated. A schematic description of the batch CLC reactor used in Papers II-111 is

depicted in Figure 7. For this study, eight horizontal measurement tubes were added to the front
side of a 235 MA steel reactor, to allow for connecting gas sampling tubes (Table 3). Normally,
only one of the front tubes was used at each time for gas sampling. Since the fuel conversion
rate is a key factor that needs to be verified at the outlet of the bed, the gas samples were taken
from sampling points 6, 7 and 8 (depending on the bed height). The measurement points were
chosen to assure that the outlet concentration of gases leaving the bed was analyzed in the
freeboard, rather than inside the bed or the splash zone. The sample of gas was taken to a gas
analyzer SICK GMS810. Sampling was done via a PTFE tube heated to 190 °C, to ensure that
condensation prior to the gas conditioning system did not occur. The SICK GMS810 gas
analyzer measured the composition of gas in volume percent (vol%) for relevant gas
components, including CO, CO, Hz, CHs and Ox.

The heat needed to reach the desired reactor temperature was provided by an electric furnace
enclosing the reactor. Since the windbox was located inside the furnace, the fluidization gas
was pre-heated essentially to the bed temperature, already before entering the reactor. The hot
gas exiting the reactor was collected by a ventilation hood located above the reactor exit.
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Figure 7: Schematic illustration of reactor for batch CLC reactions in Papers II-I11.

3.2 Bed material and packings

In Paper | the bed material used in experiments was silica sand supplied by Sibelco Nordic
AB. It was sieved to the size range of 90-400 um. The mean particle diameter was calculated
to 240 um. Bulk density of the bed material used in Paper | was 1594 kg/m®. In Papers 11111
ilmenite concentrate was chosen as the bed particles and oxygen carrier. The reason is that this
is one of the most studied and possibly the most reliably performing oxygen carrier for CLC.
IImenite concentrate is the crushed and beneficiated form of the mineral ilmenite, which is an
ore mined for production of TiO2. llmenite ore consists mainly of iron and titanium oxides
(FeTiOgz, FexTiOs, Fe203, TiO2, Fe30a4). lImenite concentrate is ore that has been ground and
physically beneficiated to increase the content of iron and titanium oxides. In Papers I1-I11,
ilmenite particles that previously had been utilized as bed material in a CLC pilot reactor was
used. The batch of particles was originally generated in the campaign by Moldenhauer et al.
[73], and have previously also been used in other experimental studies [12], [74]. The reason
for using this batch of material is to ensure that the particles had reached steady-state
conditions. Fresh ilmenite used for CLC experiences swelling and activation during the first
few dozens of redox cycles. The measured bulk density of the particles used was 1637 kg/m®.
The ilmenite particles were sieved to the size range 90-250 um. The average diameter of
particles was 179 pm.

Packings used in Papers I-111 were 25 mm stainless steel thread saddle (RMSR), 25 mm
stainless steel pall ring (Hiflow), 6 mm ceramic Raschig ring (RR6), 10 mm ceramic Raschig
ring (RR10), and 12.7 mm aluminum silicate balls (ASB). Table 4 lists the packings used in
each paper with the information on their void factor, bulk density, and packing height.

Table 4: Description and characteristics of packings used in Papers I-111.

Packing Void factor  Bulk density Packing height (mm)

() (kg/m?®) Paper | Paper 1l  Paper Il
RMSR 0.96 204 130 1000 1000
Hiflow 0.95 280 130 - 1000
RR6 0.50 1110 130 - -
RR10 0.58 890 130 - -
ASB 0.43 1390 130 1000 -
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3.3 Gases

For the experiments in Paper 1, air was used as the fluidizing gas. Superficial gas velocity was
varied in the range of 0.04-0.411 m/s. In Paper I, investigated fuel gases were carbon
monoxide (CO) at 840 °C and methane (CHa) at 940 °C. The reason for using these fuel gases
for this work is the well-established difference in the reaction rate in CLC for these two gases,
when using ilmenite as oxygen carrier. Thus, since the aim of the study was to examine the
impact of packing materials, rather than the impact of temperature on the reactivity of ilmenite
with fuel gases, the temperature levels were chosen so that high but not complete fuel
conversion could be expected. By doing so, any improvement when using packings could be
seen clearly. In Paper 111, fuel gases were syngas (50/50% H2/CQO) and CO at 840 °C. Syngas
is a representative fuel for practical applications. CO was used since it simplifies data
evaluation and could make it easier to draw firm conclusions and support modelling. In Papers
I-111, nitrogen (N2) was used as inert gas. Air was used as the oxidizing gas. The total gas
flow rate of 21 Ln/min was used in the oxidation and reduction steps for Papers I1-111.

3.4 Data Evaluation

3.4.1 Bed-to-tube heat transfer coefficient

In Paper I, bed-to-tube heat transfer coefficient, ho, was calculated applying the overall heat
transfer coefficient formula through a tube. The equations used to calculate ho in Paper I are
summarized in Table 5 [75-77].

Table 5: The equations used to calculate h, in Paper I.

Bed-to-tube heat transfer coefficient o= 1 1)
° 1 don(dy/d) _d,
L Uo 2kwall dihi
Overall heat transfer coefficient (W.m2K™) _ Q@ )
Uo =2t
. i o LM
Logarithmic mean temperature (K) AT = ATy — ATyt ©)
M ln(ATin/ATout)
Inlet side temperature difference (K) ATin = Tpeq — Twaterintet (4)
Outlet side temperature difference (K) AToue = Tpea — Twater,outiet (5)
Heat transfer rate between bed and water flow Q = pwaterV ¢pwater Twater outiet — Twater intet) (6)
. K
Heat t_rzan_slfer coefficient from tube wall to water hy = 0023 Water poospy o4 ©)
(W.m2Kh) d;
o= Kot pross ©
i
4200(1.35 + 0.02Tyarer avg UGS or 9)
h’i = doz
L
Temperature of inside of tube wall (K) T _Q T (10)
wall,in — hiAi water,avg
Temperature of outside of tube wall (K) _ . doIn(do/d;) (11)
Twall,out =Q—FF+t Twall,in
kaalleo

3.4.2 Vertical segregation in packed-fluidized-beds

A bed of stationary packings and fluidizing particulate materials will divide into two distinct
regions at high superficial gas velocities [40]. The bottom region is made up of packings and
fluidized particles. Also, a dense phase of segregated fluidizing solids will accumulate on its
top. In Paper I, by placing a pressure sensor at the height where the packed region ends in the
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resting state of reactor (13 cm above distributer plate), the pressure drop induced due to
segregation above the packing can be measured accurately. As described in Paper I, the
relation between the void fraction and the fluidizing particle mass inside the packing is given
by equation (12).

1-¢g,
Ep,packing = (m )mp,top + &
p,tot

(12)
where, & is the void fraction of particles at rest.
3.4.3 Fuel conversion

For the gas fuels used in Paper 11 (CO and CHas) and Paper 111 (CO and syngas, 50/50%
H>/CO) conversion equations are listed in Table 6.

Table 6: The equations used to calculate fuel conversion in Papers 11- 1.

Reactions:
CO and oxygen carrier CO+ M_O-CO,+ M (13)
CH, and oxygen carrier CH,+4M_0 - CO, +2H,0+4 M (14)
Syngas and oxygen carrier CO + Hy +2M_0 - CO, + H,0 + 2M (15)
Fuel conversion:
Conversion of CO (-) _ N co,0ut (16)
veo n.CO,out + n-COZ,out
Conversion of CHa (-) Ven. = M co,.0ut 17)
* n.CH4,out + n'COZ,out + n.CO,out
Conversion of syngas (-) _ Mco,out T MWhyin = NHyout (18)
ysyngas - . .
N co,out +n CO,,0ut +n Hy,in
Conversion of Hz (-) Vo = NWh,in — M Hyout (19)
2 n.Hz,in
Conversion of oxygen carrier:
Oxygen carrier conversion (-) x=1- " (20)
i mOX .
Momentary conversion for CO (-) X =X+ f n'Mp (veo,)dt (21)
t—1 Mox
. R
Momentary conversion for CHs (-) X =X+ f n'Mp (4yco, + 3yco — yu,)dt (22)
t—1 Mox
. R
Momentary conversion for syngas (-) X =X+ _I; 1% (2yc0, + Veo — yi,)dt (23)

3.4.4 Reaction contact factor and gas interchange coefficient

In Paper Ill, the effective reaction contact factor, which is the multiplication of contact
efficiency and reaction rate constant for the combustion experiments, is estimated as
ke (Nm3kgis™).

Further, packings will affect the reaction rate through changing the mass transfer rate between
bubble phase and emulsion phase. This is believed to be one of the principal bottle necks for
converting fuel to CO2 with CLC (Papers I1-111). In other words, packings will affect the mass
transfer rate by changing the surface area between bubbles and emulsion, through affecting the
bubble size. Thus, in Paper 111, a model for calculating average bubble size, d, (M), and then,
the overall interchange coefficient between bubble phase and emulsion phase, Kpe (s*) was
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introduced. For this purpose, the two-phase theory model was applied. The details will be

described in Table 7.

Table 7: Reaction contact factor and gas interchange coefficient presented in Paper I11.

Effective reaction contact factor (Nm3kg1s?) ke = nx ey = %Fo (24)
Overall gas exchange coefficient between bubble _ 1 (25)
ion (st Koe=71""7
and emulsion (s™) SE S
Kbc Kce
Gas exchange coefficient between bubble and k= a5 (M 4 s g5 DY/2gl/4 (26)
cloud (s%) be =4 (d—b> +5 (—dz/4 )
Gas exchange coefficient between cloud and Depsup\"? (27)
emulsion (s) Kee = 6-77( & )
Minimum fluidization velocity (m/s 3 - 1z 28
y (mfs) % = [(28.7)2 +0.0494 (d”pg(pljing)g)] _aey &
Void fraction in bed at minimum fluidization (-)  1.75 <ppumfd,,>2 150(1 — &) <ppumfdp> (29)
3 + 3 2 =Ar
SmeS #g gqu)s #g
; PR i _ o 0.8896 L
Void fraction in the fluidized bed (-) g =15 (0.438/)ng) Ar—0.0211(D_C)—0.388 (30)
Bubble diameter (m) 1 1—epn]? (31)
d, = m[umf + (Up — Uy) P Emj
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4 Results

4.1 Effect of packing on bed-to-tube heat transfer coefficient and vertical
segregation

The effect of temperature and superficial gas velocity on bed-to-tube heat transfer coefficient

in packed-fluidized beds are investigated in Paper I. For the effect of temperature on heat

transfer coefficient, results were illustrated at the fixed superficial gas velocity of 0.2 m/s.

Results showed that at this superficial gas velocity, heat transfer coefficient varied significantly

(671-1298 W/m?K) in the temperature range of 400-900 °C (Figure 8).

1400 +

1300 + X%(
1200 + A%
1100 § ok >i * e @
~1000 + * e 0
< F ANGRE FX
Ng 900 + A 9 % VVV—EK"i,:i“
5 800 i ?)‘ e u A Unpacked bed
< 700 § _—— XRMSR
F X Hiflow
600 + ©ASB
500 | ¢ RR10
: mRR6
400

Figure 8: Effect of bed temperature on bed-to-tube heat transfer coefficient in packed-fluidized beds: superficial
gas velocity 0.2 m/s, water flow rate 20 ml/s, stagnant bed and packing height 13 cm, source: Paper I.

At superficial gas velocity of 0.2 m/s, the bed with no packings showed a higher heat transfer
coefficient at all temperatures compared to packed-fluidized beds. However, it can be observed
in Paper | that RMSR performed essentially equal as the bed with no packings. RR10
displayed the second highest heat transfer coefficients with increasing bed temperature with
almost the same trend as ASB. It was showed in Paper | that for RR6 heat transfer coefficient
decreased compared to RR10. The reason is probably that smaller packings restrict particle
movements more and thus decrease heat transfer inside the bed. Since by decreasing the size
of RRs from 10 mm to 6 mm, bed restriction and channeling could be expected to intensify.
Another finding in Paper | was that despite the similar attributes of Hiflow packings to RMSR
with respect to nominal size and void factor, the heat transfer when using Hiflow packing was
significantly less good than for RMSR packings. This result was discussed in more details in
Paper I.

The second target of Paper | was to evaluate the effect of superficial gas velocity on bed-to-
tube heat transfer coefficient. For this purpose, the temperature was kept constant at 800 °C.
As described in Paper 1, at high superficial gas velocities, packed-fluidized bed with RMSR
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packings shows higher heat transfer coefficient (1243 W/m2K) compared to other cases
including to the bed without packing, which displayed a maximum heat transfer coefficient of
1124 W/m?K (Figure 9).
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Figure 9: Effect of superficial gas velocity on bed-to-tube heat transfer coefficient in packed-fluidized beds:
temperature 800 <C, water flow rate 20 ml/s, stagnant bed height 13 cm, source: Paper 1.

The reason for improvements with packings was attributed to their ability to break large
bubbles into smaller ones which was further investigated in Papers Il-l111. To facilitate
understanding, the behavior of a bed with no packing and increasing gas velocity can be
considered. The particulate bed can in this case be divided in two different phases, the emulsion
phase and the bubble phase. By increasing gas velocity at a fixed temperature, initially,
formation of small bubbles will help increasing the interaction of bed particles with each other
and the surface of the water tube. Thus, it will increase heat transfer between bed material and
tube. However, increasing gas velocity to higher values will increase the number of bubbles.
Eventually, bubbles coalescence will occur and result in formation of bigger bubbles. Since
heat transfer is a function mainly of particles coming in direct contact with the tube, this will
reduce the heat transfer coefficient. A packing with high void factor such as RMSR, that does
not greatly hinder particle movement but breaks down big bubbles to smaller ones, could
therefore conceivably improve heat transfer coefficient to a submerged tube, as have been
observed in Figure 9.

Another aim of Paper | was to evaluate the effect of packings on vertical segregation of
fluidizing solids. These results are of importance since high segregation will result in less bed
material to retain in the packed zone. Therefore, the heat transfer will reduce subsequently in
this part of the bed. Paper | showed that Hiflow and RMSR packings were much better to
retain bed material in the packed zone up to 13 cm reactor height than the other packings, which
suffered from larger tendencies towards vertical segregation at high velocities. For almost all
packings (except Hiflow) there was a clear correlation between the amount of bed material
retained in the packed zone and heat transfer coefficient (Figure 9, Figure 10).
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Figure 10: Voidage of fluidizing solids as function of superficial gas velocity for different packings: pressure
probe at 13 cm above distributer plate, temperature 800 <C, water flow rate 20 ml/s, stagnant bed packing height
13 cm, source: Paper I.

4.2 Effect of packing on fuel conversion in CLC

Based on the findings of Paper | on packing’s behaviour and their characteristics, different
pairs of packings were selected for further investigations in Papers I1-111. In Paper 11, RMSR
with high void factor (0.96) was compared to ASB with low void factor (0.43). In Paper 11l
the two high void factor packings RMSR (0.96) and Hiflow (0.95) were studied. The average
fuel conversion in Papers 11-111 was depicted as function of bed height for the studied packings
(Figure 11 and Figure 12).
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Figure 11: Average fuel conversion as function of bed height, a) CO at 840 <C, b) CH4 at 940 <C, source: Paper
1.
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General finding in Papers I1-111 was that RMSR showed the most significant improvements.
The main reason for better fuel conversion with RMSR packings was attributed to the ability
of this packing to increase the mass transfer rate, presumably by breaking down bubbles. At
the same time, RMSR packing still allows for similar bed mass for a given volume as an
unpacked bed. This is in stark contrast to the ASB packings. Also, the RMSR packings packed
more easily in the experimental reactor, as compared to the bulkier Hiflow packings. In Paper
11, it was shown that with bed depths lower than approximately 15 cm the effect of adding
packings is not clear in fuel conversion (Figure 11a). The likely reason is that the packing
materials used has the nominal dimensions of 12.7 mm and 25 mm. For low bed heights this
means that the packing depth is only a few stacked layers of packing, which may be insufficient
to achieve an even flow profile. Also bubble size could be expected to be small with low bed
height, leaving limited space for improvement.

In the next step, in Papers I1-111, average fuel conversion was investigated as a function of
pressure drop. Papers I1-111 showed that for all the studied packings, there is a significant
improvement in fuel conversion for given pressure drop, for the cases which corresponds to
deeper bed heights than 5 cm. Papers II-111 showed that the pressure drop for a given
conversion of fuels was lower in the packed beds compared to the other alternative without
packings (Figure 13 and Figure 14).
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Figure 13: Average fuel conversion as function of bed pressure drop, a) CO at 840 <C, b) CH4 at 940 <, source:
Paper II.
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4.3 Effect of packings on reaction contact factor and gas interchange coefficient
In the last section of Paper 111, the increased fuel conversion was studied in more depth, and
an attempt was made to characterize the mass transfer based on bubble size as well as gas-solid
contact efficiency. As described in chapter 3 section 3.4.4, the behaviour with respect to
bubbles was explored through pressure signal data (Paper I11). This could result in further
insights on the effect of packings in the bed. Thus, Paper 111 took its initial step in investigating
bubble size. The average bubble diameter was calculated with equation (31) in the previous
section. The results are shown in Figure 15.
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Figure 15: The changes of bubble diameter as function of bed height, as estimated by equation (31): Pressure
data gathered and analyzed at MP1 using a measurement frequency of 1 Hz, source: Paper I11.

Figure 15 shows the changes of bubble diameter as calculated from the standard deviation of
pressure signal data gathered at MP1, located at 3.65 cm above the distributor plate. This
measurement point was chosen to assure that for all the bed heights, pressure sensor is inside
the bed. Thus, the signals will be related to bubble formation, coalescence, eruption etc. in the
packed-fluidized bed and not in the splash zone. The results can be assumed to represent an
estimation of an average value (Paper I11). As discussed in Paper Ill, bubble diameter in
packed beds containing high void packings of RMSR and Hiflow are very close to each other
and around 8 % less than beds without packings. Thus, the surface area where gas inter or exit
the bubble decrease by 17% and the gas volume in each bubble decreases 25% (Figure 15). It
is worth pointing out that bubbles would be expected to grow larger in deeper beds, so for real-
world applications of CLC bubble growth could be a very significant issue.

In the final step in Paper 111, the reaction contact factor, ki (Nm3kg*s™), and gas interchange
coefficient, Kpe (s1), were calculated with equations (24) and (25), respectively. Then, they
were illustrated as a function of bed height. As it is expected that the intrinsic rate constant kr,
in eq. (24) would be constant for a certain material, ki can be seen as an effective contact factor
between bed material and gas, and hence a gauge of improved mass-transfer. Paper 11l
indicated that applying RMSR and Hiflow packings will improve both Kee and ks in the system,
compared to a bed with no packings. This improvement is more significant for RMSR packing.
As mentioned in Papers I-111, the void factor of both packings is similar to each other (more
than 95 %). This difference in performance between the packings could be due to geometry.
For the RMSR packing, more uniform beds with smaller bubbles may be formed and
consequently the improvements are more pronounced than for Hiflow packings. Also, the
Hiflow packings are bulkier and this pack less flawlessly in the reactor. Thus, they can be
expected to suffer from more significant wall effects. This conclusion was in accordance with
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Paper I, where the heat transfer in the packed- fluidized beds for these packings was
investigated.
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Figure 16: ks as calculated by equation (24) as a function of bed height: Pressure data gathered and analyzed at
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5 Discussion, conclusions, and future work

5.1 Discussion

The use of packed-fluidized beds has been investigated in this work, through Papers I-111. The
experiments have been performed at elevated temperature, and the general idea has been to
apply packings to improve performance of CLC. In general, packings studied in this thesis can
be divided in two main categories, namely high void factor packings (RMSR and Hiflow) and
low void factor packings (ASB, RR6 and RR10). High void packings should be easily
applicable to circulating fluidized bed systems, as they are not expected to hinder e.g. solids
flux or reactor inventory to significant extent. Low void packings would require a more
significant engineering effort to be feasible for CLC but represents a different range of
possibilities.

Paper | showed that packings with low void factor will increase the pressure drop per mass of
fluidized particles in the bed. This will cause in much more pronounced vertical segregation
compared to a bed without packings (Paper I). Thus, with respect to heat transfer to a pipe
inserted inside the bed (Paper 1), packings of this type will cover parts of the outer surface of
the horizontal tube and decrease the efficient surface area for direct particle to tube heat
transfer. Packings with high void factor should not have the same impact on heat transfer. In
fact, it is shown that RMSR can be applied with little negative or even positive effect. The
results for Hiflow packings are less good. The reason for this is not totally clear and is discussed
in detail in Paper 1. In fact, the impact on heat transfer by Hiflow packings may be the single
most uncertain result in the studies included in this thesis.

However, on the other hand, as discussed in Paper 11, all types of packings will physically
constrain bubble size. Thus, packed- fluidized beds (regardless of packing voidage) can
improve the average conversion of fuel gas to values higher than non-packed beds, by
preventing bubble growth and by breaking down bigger bubbles into smaller ones. However,
it is important to point out that the gas-solid mass transfer is only one factor influencing fuel
conversion in CLC. Reaction kinetics between the fuel and oxygen carrier is another very
important factor, which can differ greatly for different combinations and process parameters
(temperature, bed material, fuel etc.). Packings will affect the fuel conversion only if mass
transfer is a significant bottleneck, which for current experiments seems to be the case for deep
beds (heights greater than 15 cm as discussed in Paper I1). For the two high void packings
(RMSR and Hiflow), Paper I11 showed that the mass transfer of gas between phases can be
enhanced considerably using both packings. This can have implications for many fluidized bed
technologies, such as for example chemical-looping combustion (CLC). As illustrated in
Paper 111, beyond 40 cm bed height with RMSR or Hiflow packings, the fuel conversion is
approaching 100%. At lower bed heights, effects from large bubbles or slugging are unlikely
to be a factor as these do not have sufficient time for bubbles to coalesce. It can be concluded
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that fuel conversion is increased in packed beds compared to beds without packing. When the
results from experiments using RMSR, Hiflow or no packings are compared (Paper 111), the
RMSR has the highest overall fuel conversion regardless of bed height or fuel type. As shown
in Table 4, both RMSR and Hiflow packings have a similar void factor (more than 95 %), thus
the difference between RMSR and Hiflow packings should be due to their geometries.
Experimental results observed in Paper 111 point to RMSR having a more suitable geometry
for bubble eliminations in general. RMSR has an asymmetric shape that possibly creates a
tighter lattice structure, compared to the more symmetrically shaped Hiflow packings. A tighter
lattice structure might be preferable in terms of bubble inhibition that leads to more effective
bubbling fluidization. Alternatively, it can be hypothesized that the bulkier Hiflow packings
will distribute less well in the relatively small reactor vessel used here. This may result in
unfavorable flow phenomena, such as bypass flow near the reactor wall. However, this cannot
be easily observed in steel reactors.

5.2 Conclusions

In this work, the effect on some key performance indicators when applying random packings
in packed-fluidized bed reactors operating at elevated temperature was examined. VVoid factor
is identified as a key characteristic of the packings. RMSR and Hiflow are characterized by
their high void factor (>95%), while RR10, RR6 and ASB have much lower (<58%). The
following conclusions are drawn:

e Packings with high void factor were found to induce limited vertical segregation of bed
material. Conversely, the low packing void factor of RR6, RR10 and ASB resulted in much
more noticeable segregation of bed material, especially at high gas velocities (Paper 1).

e Packings with high void factor, with RMSR being the best example, can be added to a
bubbling fluidized bed with limited effect on heat transfer, pressure drop and vertical
segregation. This is a significant finding, since the ability of packings to reduce bubble size
and improve gas-solid mass transfer can be expected to be significant. Packings with low
void factor, with ASB being the best example, have much more significant impact on
fluidization behaviour. There may be other uses for this kind of packings in fluidized beds
though, that remains to be discovered (Paper I).

e At bed heights lower than 15 cm, beds with different packings had roughly the same fuel
conversion as an ordinary bubbling bed without packings in batch CLC reactions (Paper
).

e For elevated bed heights (height > 15 c¢m), fuel conversion improved drastically when
packings were used, compared to the corresponding case with no packing (Papers I1-111).
CO conversion >99.5% was achieved with bed height above 30 cm for packed-fluidized
bed. With a bed height above 50 cm CO and syngas conversion was essentially 100%. This
can be considered as a dramatic improvement, compared to a bubbling bed with no
packings. It is believed that was due to improved gas-solid mass transfer, which was
achieved by hampering of bubble growth (Papers I1-111).

e The improvement in fuel conversion becomes even more significant if it is considered as
function of oxygen carrier mass, or pressure drop over bed (Paper I1).

e Bubble diameter in packed beds containing high void packings of RMSR and Hiflow are
around 8 % less than beds without packings. Thus, the surface area where gas inter or exit
the bubble decrease by 17% and the gas volume in each bubble decreases 25% (Paper 111).
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e Overall, the RMSR packing was found to provide very significant improvement in fuel
conversion for all examined fuels. It also has a void factor of 0.96, meaning that it should
not influence factors such as solids throughflow or pressure drop greatly. Thus, the use of
this sort of packing materials to improve the performance of CLC looks promising (Papers
H-111).

e Results indicated that the inhibition of large bubbles in the RMSR packed-fluidized bed
reactor increases the mass-transfer rate (up to 9 %) and hence the fuel conversion (up to
109 %) compared to beds with no packing (Paper 111).

5.3 Future work

By utilising different types of packings, it was tried to investigate their performance on heat
and mass transfer. However, the experiments that have been done until now were in small-scale
reactors with inner diameter of 78 mm. This will cause uncertainties about e.g. the influence
of wall effects on the performance. Thus, the next goal for the future works, would be scaling-
up a cold flow reactor with the 1.D. of 220 mm and preforming experiments regarding the effect
of packings on hydrodynamics and mass transfer in somewhat larger scale reactors. Also,
different measurement techniques are planned to be used for the future investigations including
applying pressure and humidity sensors and magnetic tracking techniques.
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