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A B S T R A C T   

Carbon dioxide can be utilized as a feedstock to produce chemicals and renewable fuels sustainably. CO2 hy
drogenation to hydrocarbons through a methanol mediated pathway requires a more detailed study, examining 
interactions between reaction processes leading to different product selectivities. In this particular work, we 
propose a kinetic model for the direct CO2 hydrogenation to different hydrocarbon products over an In2O3/ 
HZSM-5 bifunctional catalytic bed. The model includes a CO2 hydrogenation to methanol model based on a 
Langmuir Hinshelwood Hougen Watson (LHHW) reaction mechanism over In2O3 catalyst combined with a lump- 
type methanol to hydrocarbon (MTH) model over the HZSM-5 zeolite. Interestingly, the combined model could 
largely predict the suppression of the reverse water gas shift (RWGS) reaction and an increase in the yield of 
hydrocarbons compared to the formation of methanol in case of the same reaction conditions carried out with 
only the methanol synthesis catalyst (In2O3). Further, by varying the mass ratio of the individual components of 
the bifunctional catalytic bed, it was demonstrated that a higher outlet concentration of methanol achieved with 
a higher mass ratio of the methanol synthesis catalyst caused less suppression of the RWGS reaction and shifted 
the hydrocarbon product distribution to a slightly larger share of higher hydrocarbons. These changes in product 
selectivity caused by variation of the catalyst mass ratio were both also successfully reproduced by the model. 
Therefore, a comparison between the experimental results and the model predictions shows that this model, 
including equilibrium effects for the reactions, can accurately predict the trends of the experimental findings for 
direct CO2 hydrogenation to hydrocarbons over the In2O3/HZSM-5 catalyst.   

1. Introduction 

The increase in anthropogenic carbon dioxide (CO2) emissions due to 
the increasing utilization of fossil fuels have led to an enhancement in 
the global temperature causing global warming. It has a direct negative 
impact on the environment. The current total global anthropogenic CO2 
emission was about 31.5 GtCO2 in 2020 according to the International 
Energy Agency (IEA). Consequently, carbon capture, storage and utili
zation have attracted attention in recent years to combat the negative 
effects of this greenhouse gas. The catalytic hydrogenation of CO2 can be 
a green and climate-neutral process that can convert CO2 directly to 
value-added chemicals like carbon monoxide (CO), methane (CH4), 
methanol (CH3OH), light olefins (C2-C4

=), liquified petroleum gas (C3- 
C4

0), gasoline (C5-C11 hydrocarbons), etc. utilizing hydrogen produced 
from water electrolysis with renewable and sustainable energy sources 
[1–3]. Specifically, the growing demand for liquid fuels (C5

+) and the 
gradual depletion of fossil fuel resources call for the urgent need for their 

production from renewable resources. But this is very challenging since 
CO2 is an inert and thermodynamically stable molecule [4]. 

The CO2 hydrogenation to hydrocarbon reaction can follow two 
alternative pathways: a) the modified Fischer-Tropsch synthesis (MFTS) 
and b) the methanol-mediated synthesis. In MFTS, CO2 is firstly reduced 
to CO through the reverse water gas shift (RWGS) reaction and thereby 
CO is hydrogenated via an FTS process to form hydrocarbons. On the 
other hand, for the methanol-mediated alternative, CO2 is first hydro
genated to methanol and then through the hydrocarbon pool mecha
nism, it is converted into hydrocarbons. The methanol-mediated process 
occurs in a single reactor and is potentially more energy-efficient and 
economical [5–6]. It is carried out over a bifunctional catalytic bed that 
enables the following two main reactions: 

CO2 + 3H2⇌CH3OH +H2O (1)  

2nCH3OH ̅̅→− nH2O nCH3OCH3 ̅̅→
− nH2O C2nH4n (2) 
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CO2 hydrogenation to methanol is an exothermic reaction that oc
curs in parallel with the RWGS reaction, which is an endothermic re
action forming CO, favored at higher reaction temperatures. Methanol 
further is converted to olefins over acidic catalysts, mainly zeolites like 
ZSM-5 and SAPO-34, that are industrially used catalysts for methanol to 
olefin (MTO) reactions [6]. MTO is favorable at a temperature range of 
about 400–450 ℃ due to its kinetics with zeolite catalysts [7–8]. On the 
other hand, methanol can be produced from synthesis gas over Cu/ZnO/ 
Al2O3 catalysts within a temperature range of 200–320 ◦C and pressure 
between 50 and 100 bar [9]. This is mainly because higher temperature 
favors the RWGS reaction and produces more CO that reduces the 
selectivity for methanol [10]. So, the amalgamation of both these pro
cesses (CO2 to methanol + MTO) over the bifunctional catalytic bed 
necessitates a compromise in temperature, where too much CO forma
tion can be avoided and the zeolite can also be sufficiently active for the 
C–C coupling [6]. 

Both In2O3 and HZSM-5 have received great attention as catalysts for 
methanol synthesis from CO2 and methanol to gasoline (MTG) reactions 
respectively [1,11]. DFT calculations suggest that the oxygen vacancy 
sites for In2O3 act as the active sites for the synthesis of methanol 
directly from CO2 via the formate pathway [12–13]. Further, the CH3OH 
formed over the In2O3 catalyst transfers to the HZSM-5 zeolite which has 
strong acidic sites and large channels that help in forming long-chain 
hydrocarbons and aromatics via the hydrocarbon pool mechanism [1]. 
Dahl and Kolboe suggested the hydrocarbon pool mechanism where 
methanol forms a pool of (CH2)n species inside the pores of the zeolite 
which further produce alkanes, light olefins and aromatics [14–15]. 
Later, the dual cycle concept introduced by Olsbye et al. suggested that 
olefinic and aromatic cycles run simultaneously during the methanol to 
hydrocarbon (MTH) reaction over HZSM-5 catalysts [16–17]. The six 
major steps for hydrocarbon formation from methanol in the dual cycle 
mechanism are hydrogen transfer, olefin cracking, olefin methylation, 
cyclization, aromatic dealkylation and aromatic methylation [18]. Apart 
from these, a similar kind of methanol mediated single step conversion 
of syngas to gasoline has been reported by Dagle et al. where they have 
mixed Pd/ZnO/Al2O3 and ZSM-5 to produce liquid hydrocarbons rich in 
aromatics [19]. 

Kinetic modeling studies can provide insights into reaction schemes 
and mechanisms. Kinetic models are reported for CO2 hydrogenation to 
methanol [6,20–22]. Kinetics of low pressure methanol synthesis was 
studied by Graaf et al [23] where they have developed a dual-site 
Langmuir-Hinshelwood kinetic model and validated the model with 
experimental results over Cu-Zn-Al catalyst. Frei et al. described the 
mechanism and kinetics of CO2 hydrogenation over an In2O3 catalyst 
using a microkinetic model [22]. Moreover, several kinetic studies are 
reported for the methanol to olefin process over HZSM-5 catalysts 
[6,24–25]. Park et al. formulated a detailed kinetic model for the MTO 
reaction over HZSM-5 catalyst where the surface oxonium ylide mech
anism could explain the formation of the primary olefin and the carbe
nium ion mechanism the production of higher olefins [26]. A 
microkinetic model was developed by Kumar et al. [27] to demonstrate 
MTO reaction kinetics over HZSM-5 catalyst where they showed that 
dimethyl ether (DME) and primary olefins form through the aromatic 
hydrocarbon pool and higher olefins form via the alkene homologation 
cycle. A kinetic model with seven lumps was established by Aguayo et al. 
[28] which helps in the quantification of all the products formed at high 
temperatures (400–500 ℃) over an HZSM-5 catalyst for the methanol to 
hydrocarbon conversion reaction. Another model based on the hydro
carbon pool mechanism was proposed by Kaarsholm et al. in which 
olefins are generated via reversible reactions over a phosphorus modi
fied ZSM-5 catalyst [29]. 

In our previous work, we have developed a kinetic model for CO2 
hydrogenation to methanol over an In2O3 catalyst based on a Langmuir 
Hinshelwood Hougen Watson (LHHW) reaction mechanism where we 
presented a kinetic model interpreting how the CO2 hydrogenation to 
methanol and the RWGS reactions are coupled kinetically and 

thermodynamically by deriving a set of optimized kinetic parameters 
[21]. In the present work, we have extended the methanol model to 
develop a new kinetic model for the direct CO2 hydrogenation to hy
drocarbon by adding an MTH model to the existing methanol synthesis 
model. A lumped type kinetic model developed by Pérez-Uriarte et al. 
[30] for the reaction of dimethyl ether (DME) to olefins over HZSM-5 
zeolite has been modified and used as the methanol to hydrocarbon 
(MTH) model in this work. To the best of our knowledge, no reports on 
kinetic models for direct CO2 hydrogenation to hydrocarbons have yet 
been reported. And that brings the novelty of the current work, where 
we demonstrate a complete model for CO2 hydrogenation to hydrocar
bons via methanol route over an In2O3/HZSM-5 catalyst accompanied 
by a validation of the model through our experimental findings. An 
additional objective of the current work is to examine to what extent the 
combination of the two kinetic models can describe interactions be
tween the reaction processes that result in, for example, suppression of 
the RWGS reaction and enhanced methanol/hydrocarbon yields 
compared to those obtainable with the methanol synthesis catalyst 
(In2O3) alone [6]. However, an examination of the deactivation kinetics 
of the zeolite is not included in the scope of this particular work. 

2. Experimental 

2.1. Catalyst preparation and characterization 

The bifunctional catalytic bed used for this work consists of In2O3 
and a commercially available HZSM-5 zeolite. The synthesis of In2O3 
was carried out by a precipitation method that is reported in our pre
vious work [21]. The HZSM-5, having a SiO2/Al2O3 molar ratio of 23, 
was supplied in ammonium form by Zeolyst International (CBV 2314). 
The ammonium form zeolite was then calcined at 500 ℃ for 8 h to 
obtain the acidic form. Both the catalysts (In2O3 and HZSM-5) were 
individually pressed, crushed and sieved to granules ranging in size 
between 350 and 500 µm. Then the two catalysts, in their respective 
granule forms, were physically mixed in the mass ratio of In2O3:HZSM-5 
= 2:1 and 3:1 respectively to make a total of 1.0 g of composite catalyst. 

The morphology of the In2O3 and commercial HZSM-5 catalyst was 
examined using high resolution transmission electron microscopy 
(HRTEM) with an FEI Titan 80–300 instrument having an accelerating 
voltage of 300 kV. The crystalline structures of the pure and mixed 
samples were examined using X-ray diffraction (XRD) using a Bruker D8 
X-ray diffractometer (see [21] for details). A Micromeritics Tristar 3000 
instrument was used to determine the specific surface area and porous 
structure of the catalysts by nitrogen adsorption–desorption isotherms. 
Both the catalysts were degassed at 250 ℃ for 6 h under the nitrogen 
atmosphere. 

2.2. Catalytic tests 

Catalytic activity tests for the direct CO2 hydrogenation reaction 
were performed using the different mass ratio mixtures of the catalysts 
in a high pressure continuous flow stainless steel reactor from VINCI 
Technologies, France. 1.0 g of the composite catalyst was loaded into the 
reactor (inner diameter = 12.7 mm and length = 215 mm) and fixed on 
either side with quartz wool and placed at the center position along the 
length of the vertically oriented reactor with a thermocouple tip pene
trating slightly into the outlet end of the catalyst bed (bed height = 14 
mm). This thermocouple monitored the temperature of the catalyst bed 
throughout the experiments, and it was found that the temperature 
difference between the setpoint furnace temperature and the actual 
reactor bed temperature was always less than 1℃. The remaining vol
ume of the reactor, both upstream and downstream from the catalyst 
sample, was filled with 500 µm size inert carborundum (SiC) particles to 
evenly preheat the feed gas stream. The reactor was placed within a 
furnace. Before the reaction, the catalyst was pretreated in-situ at 400 ℃ 
for 1 h in pure Ar flow (150 Nml min− 1). After activation, the argon flow 
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was stopped and the reactant gas mixture of H2/CO2 in a 3:1 M ratio 
with a pressure of 40 bar gauge was introduced into the reactor. The 
estimated pressure drop over the catalyst bed was negligible (~0.001 
bar from Ergun’s equation) and hence it is reasonable to assume that the 
reactor was operated under isobaric conditions. Tests were conducted 
within a temperature range of 250 – 400 ℃, a total reactor gauge 
pressure varying between 20 and 40 bar, different H2:CO2 molar feed 
ratios varying from 1:1 to 4:1 and different weight hourly space veloc
ities (WHSV) between 3000 and 7500 NmL gcat

− 1h− 1. The reactor gas 
effluents were quantitively analyzed using an online gas chromatograph 
(GC, SCION 456) with flame ionization (FID) and thermal conductivity 
detectors (TCD). The quantification and identification of each of the 
compounds (CO2, CO, CH4, CH3OH and hydrocarbons) were performed 
based on calibration standards of known concentration. The concen
trations measured by the GC were obtained after an average time of 2 h 
for a certain reaction condition to ensure that steady state conditions 
had been achieved. The composition of the hydrocarbons that are 
identified in the product stream using the FID detector of the GC consists 
of the following lumps: C2-C4 olefin (ethylene, propylene and butylene 
with its isomers), C2-C4 paraffin (ethane, propane, n-butane and iso- 
butane), C5-C8 (aliphatics and aromatics) and C9

+ hydrocarbons (ali
phatics and aromatics). Using the TCD, CO2, CO, CH4 and CH3OH were 
detected. DME was never detected under any conditions in the effluent 
gas stream. The gas products from the reactor went through a condenser 
at room temperature and atmospheric pressure, where part of the water 
product condensed. Under all conditions used, the condensation of 
carbon containing products was considered negligible due to their high 
volatility and/or low concentration. All of the analysis results shown in 
this work were from the gas stream analyzed after the condenser. The 
possible condensation of water was also considered here and calculated. 

The CO2 conversion (XCO2 ), hydrocarbon distribution (DCnHm ) and 
selectivity (SHC) and other product selectivities (e.g., CH3OH, CO and 
CH4) (Si) were calculated according to the following equations: 

XCO2 =
FCO2 ,in− FCO2 ,out

FCO2 ,in
× 100% (3) 

where FCO2 ,in and FCO2 ,out are the molar flow rates of CO2 at the inlet 
and outlet of the reactor respectively. 

DCnHm =
nFCnHm,out∑n

1nFCnHm,out

× 100% (4)  

SHC =

∑n
1nFCnHm,out

FCO2 ,in− FCO2 ,out
× 100% (5) 

where FCnHm,out is the outlet molar flow rate of the hydrocarbon 
product CnHm formed and n is its corresponding carbon number. 

Si =
Fi,out

FCO2 ,in− FCO2 ,out
× 100% (6) 

where Fi,out represents the outlet molar flow rates of product i 
(CH3OH, CO, CH4). 

The carbon balance for an experiment was determined following the 
equation: 

CB =

∑
inFi,out

FCO2 ,in
× 100% (7) 

where Fi,out is the molar flow rate of species i at the outlet of the 
reactor. 

Carbon balances were calculated for each experiment. Carbon bal
ances were mostly greater than 92 % except at the highest reaction 
temperature of 400 ℃ where it dropped to 86 %. This might be because 
at higher temperatures more hydrocarbons were produced that became 
partially condensed but could not be specifically detected by experi
mental evidence since they are mixed with a large amount of water that 
also condenses at higher reaction temperatures. 

2.3. Modeling methods 

The reactor was modeled as a 1D pseudo-homogeneous plug flow 
reactor (as confirmed appropriately by a criterion based on the Boden
stein number as shown in the SI). In the simulations, it was assumed that 
the temperature and pressure were constant at steady-state conditions 
with negligible axial dispersion and the absence of mass transfer limi
tations for internal and external diffusion in the catalyst granules. All 
these conditions were estimated to have been satisfied for these direct 
CO2 hydrogenation reactions. Isothermicity and negligible pressure 
drop in the bed have been already estimated and taken care of. Steady 
state measurements were ensured by the experimental procedure. 
Negligible mass transfer limitations in the catalyst granules were 
confirmed with the Mears and Weisz-Prater parameters calculated 
individually for both In2O3 and HZSM-5 catalysts for varying reaction 
temperatures as shown in the SI (Fig. S2). By doing a mass balance over a 
differential disc section of the catalyst bed, the mass balance equation is 
given by: 

dFj

dw
=
∑n

i=1
vij.ri,In2O3 .∝In2O3 +

∑n

i=1
vij.ri,HZSM− 5.∝HZSM− 5 (8) 

where Fj is the molar flow rate of species j , w is the total catalyst 
weight, ∝In2O3 is the mass fraction of In2O3 in the catalytic bed, ∝HZSM− 5 

the mass fraction of HZSM-5 in the catalyst, vij is the stoichiometric 
coefficient of species j in reaction i , ri,In2O3 is the rate of reaction i on 
In2O3 and ri,HZSM− 5 is the corresponding reaction rate on the HZSM-5 
zeolite. Since there are many species and reactions involved in the 
direct CO2 hydrogenation to hydrocarbons over the In2O3/HZSM-5 
bifunctional catalytic bed, eq. (8) yields a system of ordinary differential 
equations that are solved with the initial conditions (at w = 0) at the 
reactor inlet. 

The optimization of the kinetic parameters in the model was done by 
minimizing the residual sum of squares (SSR) given by: 

SSR =
∑

i

∑

j
wi(yexp

i,j − ysim
i,j )

2 (9) 

where wi is the weighting factor for species i , yexp
i,j is the experimental 

mole fractions of the species i in experiment j and ysim
i,j is the corre

sponding estimated mole fraction from the solution of Eq. (8) using the 
ode15s solver in Matlab R2019b (MathWorks, Inc.). wi is used as the 
weighting factor. SSR minimization was done using the ‘lsqnonlin’ 
subroutine function in the Matlab optimization package. All components 
but H2 and H2O were included in the optimization. The parameters 
tuned to minimize SSR are the kinetic parameters calculated using the 
following equations [21]: 

ki = ki,ref exp
(

Ei

R

(
1

Tref
−

1
T

))

(10) 

where ki,ref is the rate constant at the reference temperature Tref , Ei is 
the activation energy and R is the gas constant. Eq. (10) is the Arrhenius 
equation in reparametrized form. The average temperature is 320 ℃ and 
is therefore used in the simulations. 

Eq. (11) was used to determine the normalized sensitivity co
efficients (S) for the parameters: 

S = β0

∑
(

Δysim

ysim
0

)2

Δβ
(11) 

where, β0 is the optimal value of a parameter, Δβ is the change in 
parameter from its optimal value, ysim

0 is the simulated mole fraction 
value when the parameter is at its optimal value and Δysim is the change 
in simulated mole fraction when the parameter is changed from its 
optimal value. The normalized sensitivity coefficients evaluate the effect 
of each parameter on the simulation output. A parameter with a 
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relatively large sensitivity coefficient means that the parameter could be 
more accurately estimated from the data. But as the sensitivity coeffi
cient is a relative measurement, there is no absolute value that should be 
achieved. In this work, all normalized sensitivity coefficients are 
calculated with a 0.1% change in each parameter value. An overview of 
all the experiments performed for the model validation is shown in 
Table S1. 

3. Results and discussion 

3.1. Catalyst characterization 

The catalyst bed includes a metal oxide (In2O3) with a particle size of 
about 12 nm and a specific surface area of 103 m2 g− 1 and commercial 
HZSM-5 zeolite having a specific surface area of 376 m2 g− 1 mixed in 
different mass ratios and tested for the direct CO2 hydrogenation reac
tion (Figs. S1b and c). The crystalline structure of pure In2O3 and HZSM- 
5 has been investigated and shown in Fig. S1a. HRTEM images of In2O3 
(Fig. 1a and b) mostly showed spherical In2O3 particles with an exposed 
facet of (2 2 2). HZSM-5 having a lattice spacing of 1.0 nm corre
sponding to the (2 0 0) lattice plane is shown in the HRTEM images in SI 
(Figs. S1d and e). 

3.2. Comparison of catalytic activities of pure In2O3 and In2O3/HZSM-5 
bifunctional catalytic bed 

The catalytic performance of the pure In2O3 catalyst has already 
been reported in our previous work [21]. It is interesting to compare the 
performance of the bifunctional catalytic bed to that of the same mass of 
pure In2O3 under the same reaction conditions as shown in Fig. 2. The 
catalysts were screened over a temperature range of 250–400 ℃ under 
the constant pressure of 40 bar, space velocity 6000 mL gcat

− 1h− 1 and 
feed molar H2:CO2 = 3:1. Fig. 2a and b show a comparison between the 
selectivity of methanol from the pure In2O3 catalyst and the methanol/ 
hydrocarbon selectivity from the In2O3/HZSM-5 catalyst. From the two 
plots, it is evident that methanol was the major product having very high 
selectivity specifically at lower temperatures for the pure In2O3 catalyst. 
Whereas, for the bifunctional catalytic bed, it is clear that a major part of 
the methanol was converted over the zeolite to form hydrocarbons and 
hence the outlet methanol from the reactor is very low. 

Comparing the CO2 conversion in Fig. 2c, it was observed that for the 
bifunctional catalytic bed it is consistently slightly higher than that for 
pure In2O3 above 320 ℃. The differences at 320 ℃ and lower are minor 
and probably within the experimental accuracy. This higher CO2 con
version at a higher temperature is also nicely consistent with the sug
gestion that the equilibrium limitation of the methanol synthesis is 
alleviated at higher temperatures, due to the near-complete 

consumption of methanol by the MTH reactions. Whereas, the use of the 
bifunctional catalytic bed reduced the CO selectivity significantly (as 
shown in Fig. 2c which is increasingly prominent at higher temperatures 
because of the suppression of the undesired RWGS reaction as has been 
pointed out earlier by Gao et al [1]. The CO selectivity data for pure 
In2O3 in Fig. 2c has been taken from our previous work with the pure 
In2O3 catalyst for CO2 hydrogenation to methanol [21]. At 400 ℃, the 
CO selectivity reached 97 % for the pure In2O3 catalyst but it was 
reduced to around 49 % for the bifunctional catalytic bed under the 
same reaction conditions, with a minor increase in the CO2 conversion. 
The lower CO selectivity results in a proportionately higher yield of 
methanol that was largely converted to hydrocarbons over the bifunc
tional catalytic bed compared to the higher methanol yield over the pure 
In2O3 catalyst. Over the bifunctional catalytic bed, in all cases, over 99 
% of the methanol is converted to hydrocarbons resulting in less than 1% 
methanol selectivity at the reactor outlet at all temperatures (Fig. 2b). 
The methanol synthesis reaction over the pure In2O3 catalyst is 
exothermic and it was equilibrium limited from about 330 ◦C [21]. It is 
also known that both CH3OH and CO formation competes for the con
sumption of the same reactants (CO2 and H2). So, at higher tempera
tures, the RWGS reaction, which is an endothermic reaction, dominates 
by lowering the reactant concentrations and produces large quantities of 
CO and water which hinders or even causes the reversal of the methanol 
synthesis over the pure In2O3 catalyst as reported by Ghosh et al. in our 
previous work [21]. However, over the In2O3/HZSM-5 bifunctional 
catalytic bed, the methanol yield is quite low at the reactor outlet due to 
its continuous consumption to form hydrocarbons over the HZSM-5 
catalyst. Here the methanol synthesis reaction can occur with less 
equilibrium limitations and overcome the undesirable effects that the 
CO formation would have on its equilibrium. So, methanol formation 
that is unhindered consumes more reactants which can reduce the 
driving force and thus suppress the RWGS reaction to form CO [6] and 
also increase CO2 conversion. Measurements at the standard reaction 
condition (320 ℃, 40 bar, 6000 mLgcat

− 1h− 1 and H2:CO2 = 3:1 M ratio) 
were repeated at periodic intervals during the whole experimental study 
at the same time as conversions and selectivities for other reaction 
conditions were measured. These repeated experiments exhibited only 
minor variations in CO2 conversion and product selectivities during the 
whole study (Fig. S3). The absence of any systematic variations at the 
standard reaction conditions indicates that the catalyst was stable and 
can be considered to have been in a comparable state for the other re
action conditions tested throughout the study. 

3.3. Proposed kinetic scheme and methodology for the kinetic study 

To develop a kinetic model for CO2 hydrogenation to hydrocarbon 
over the In2O3/HZSM-5 catalyst, the proposed kinetic scheme (Scheme 

Fig. 1. HRTEM images of (a and b) synthesized In2O3 catalyst.  
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Fig. 2. Comparison of (a and b) selectivity of methanol from pure In2O3 [21] and methanol/hydrocarbon from In2O3/HZSM-5 and (c) CO2 conversion and CO 
selectivity for 0.67 g pure In2O3 and bifunctional In2O3/HZSM-5, with 0.67 g In2O3 and 0.33 g HZSM-5. Compared under the same reaction conditions (40 bar, 6000 
Nml h− 1 feed flow rate of H2:CO2 = 3:1 M ratio). 

Scheme 1. Proposed kinetic scheme for the CO2 hydrogenation to hydrocarbons over In2O3/HZSM-5 catalyst. M− methanol, W-water, E-ethane, P-propane, B- 
butane, E=-ethene, P=-propene, B=-butene, C5-8-lumped products with carbon numbers 5 to 8 and C9

+-lumped products with carbon number greater than 9 (spe
cifically between C9 and up to C12). 

S. Ghosh et al.                                                                                                                                                                                                                                   



Chemical Engineering Journal 435 (2022) 135090

6

1) is based on a combination of the model developed by Ghosh et al. [21] 
for CO2 hydrogenation to methanol over the In2O3 catalyst and a 
modified version of the lump type model developed by Pérez-Uriarte 
et al. [30] for the conversion of DME and methanol to olefins over an 
HZSM-5 zeolite. In the scheme, M stands for methanol, W for water, E, P 
and B for ethane, propane and butane respectively and E=, P= and B= for 
ethylene, propylene and butylene respectively, C5-8 are the products 
with carbon numbers 5 to 8 lumped together and C9

+ are the lumped 
products with carbon number greater than 9 (specifically between C9 
and up to C12) detected using GC. The reaction steps for CO2 to CH3OH 
and CH3OH to hydrocarbons as presented in Table 1 have been 
considered. 

Among these reactions, reactions 1–3 occur over the In2O3 catalyst 
and the remaining reactions 4–11 were considered to occur over the 
HZSM-5 zeolite. Some of the significant modifications made to the MTH 
model by Pérez-Uriarte et al., when here combined with the methanol 
synthesis model, include:  

(a) DME was not included as an intermediate from methanol to 
hydrocarbons.  

(b) Hydrogenation reaction (8) was included for the formation of C2- 
C4 paraffins.  

(c) Aromatics are not considered separately as products and are 
instead included in the C5-C8 and C9+ lumps.  

(d) Cracking reactions converting the C5-8 lump back to C2-4 olefins 
were included as reaction (10).  

(e) The model was extended to include the formation of a C9+ lump 
of products as reaction (11). 

Reaction steps for methanol dehydrating to form DME and simulta
neously DME forming hydrocarbons have not been included in this 
model since DME could never be detected experimentally at the reactor 
outlet at the experimental conditions used. This precluded any possi
bility to accurately determine the kinetic parameters for the formation 
and consumption of DME. This does not mean that these reactions do not 
occur over this catalyst. DME is known to react faster than CH3OH to 
form olefins over HZSM-5 zeolite as reported by Pérez-Uriarte et al. in 
literature [30], so this simply means that DME was undetectable at our 
reaction conditions with CH3OH only present in very lower concentra
tions (see Fig. 2b). So, for our reaction conditions, we consider that the 
DME formed is consumed quickly to form the hydrocarbons. However, 
in the SI (Tables S2 and S3 and Fig. S4), we have shown that adding the 
reactions containing DME with kinetic parameters as reported by Pérez- 
Uriarte et al. [30] to our final model had little effect on the fitting of the 
model to the experimental data. 

Hydrogen is present as a reactant in this system and therefore the 
yield of paraffin products was much higher at these conditions compared 
to studies where methanol/DME converts to hydrocarbons in the 
absence of hydrogen [31]. Also, it is known that olefin hydrogenation 
reactions are catalyzed by acidic zeolites [32], however, any reports of 
olefin hydrogenation over In2O3 catalysts are lacking in the literature. In 
order not to further complicate the model and introduce large correla
tions between reactions, we have added reactions for hydrogenation of 
olefins only on the zeolite (reaction (8)). In addition, our results with 
varying the mass ratio of the catalyst components show that the model 
predictions of the ratio of saturated and unsaturated hydrocarbons did 
not differ significantly from the experiments, which suggests that at the 
experimental conditions examined, the olefin hydrogenation over the 
oxide catalyst was negligible. In a later section, it will be shown that 
there was some diminishing yield of higher hydrocarbons at elevated 
temperatures and it is well known that cracking reactions occur over the 
acid zeolites [6]. Hence, it was necessary to add the cracking reactions to 
form the lower olefins back from the higher hydrocarbons. The stoi
chiometric coefficients of reactions (9) and (10) are calculated based on 
the average carbon number for that particular product lump. E.g. for 
reaction 91 the stoichiometric coefficient was calculated as 2 (carbon 
number for ethylene)/6.5 (average carbon number of the lump C5-C8) =
0.307. The stoichiometric coefficients for reactions 92, 93 and 101-3 have 
been calculated in a similar way. On the other hand, for reaction 111 the 
coefficients are calculated as (2 (carbon number for ethylene) + 6.5 
(average carbon number for C5-8 lump))/10.5 (average carbon number 
of the lump C9-C12) = 0.809. The other two coefficients for reaction (11) 
are also calculated in the equivalent way. 

As in the original model of Pérez-Uriarte et al. [30], all reactions 
producing the same product lumps are considered to have the same rate 
constants. For example, olefin formation from methanol reactions have 
been lumped together since they should have identical rate determining 
steps and have the same rate constant k4 . Similar lumps (with identical 
rate constants) for the hydrogenation of olefins to form paraffin (k8), C5- 
C8 formation from olefins (k9), C5-C8 cracking (k10) and C9

+ formation 
(k11) have been considered (see Scheme 1). The consumption of the 
different olefins was however not exactly the same and the different 
reactivities of each olefin are considered by using fi consumption factors 
expressing the reactivities of ethylene and butylene relative to that of 
propylene. 

The rate equations (Eqs. 12–22) considered for the combined model 
based on the equations shown in Table 1 are as follows: 

r1 =
k1

(

PCO2 .PH2
3 −

PCH3 OH .PH2 O
Keq,1

)

PH2
2

IIn2O3
(12)  

Table 1 
Summary of the reactions used in the kinetic modeling:  

Reaction 
number 

Reaction Description 

1 CO2 + 3H2⇌CH3OH +

H2O  
Methanol synthesis 

2 CO2 + H2⇌CO + H2O  RWGS reaction 
3 CO2 + 4H2⇌CH4 + 2H2O  Methanation 
4 2CH3OH→C2H4 + 2H2O  Ethylene formation from methanol 
4 3CH3OH→C3H6 + 3H2O  Propylene formation from methanol 
4 4CH3OH→C4H8 + 4H2O  Butylene formation from methanol 
5 C2H4 +

2CH3OH→2C2H4 + 2H2O  
Autocatalytic growth of ethylene 
from methanol 

6 C3H6 +

3CH3OH→2C3H6 + 3H2O  
Autocatalytic growth of propylene 
from methanol 

7 C4H8 +

4CH3OH→2C4H8 + 4H2O  
Autocatalytic growth of butylene 
from methanol 

81 C2H4 + H2→C2H6  Ethylene hydrogenation to form 
ethane 

82 C3H6 + H2→C3H8  Propylene hydrogenation to form 
propane 

83 C4H8 + H2→C4H10  Butylene hydrogenation to form 
butane 

91 C2H4→0.307C5− 8  C5 - C8 formation from ethylene 
(oligomerization reaction)  

92 C3H6→0.461C5− 8  C5 - C8 formation from propylene 
(oligomerization reaction)  

93 C4H8→0.615C5− 8  C5 - C8 formation from butylene 
(oligomerization reaction)  

101 0.307C5− 8→C2H4  C5 - C8 cracking to ethylene  
102 0.461C5− 8→C3H6  C5 - C8 cracking to propylene  
103 0.615C5− 8→C3H6  C5 - C8 cracking to butylene  
111 C2H4 + C5− 8→0.809C9+ C9+ formation from ethylene and C5 - 

C8  

112 C3H6 + C5− 8→0.904C9+ C9+ formation from propylene and C5 

- C8  

113 C4H8 + C5− 8→C9+ C9+ formation from butylene and C5 - 
C8   
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r2 =

k2

(

PCO2 .PH2 −
PCO .PH2 O

Keq,2

)

̅̅̅̅̅̅
PH2

√

IIn2O3
(13)  

r3 = k3
̅̅̅̅̅̅̅̅̅̅
PCO2

√ ̅̅̅̅̅̅̅̅
PH2

√

(

1 −
PCH4 .P

2
H2 O

PCO2 P4
H2

Keq,3

)

IIn2O3
(14)  

r4 = k4
PCH3OH

IHZSM− 5
(15)  

r5 = k5
PCH3OH∙PC2H4

IHZSM− 5
(16)  

r6 = k5
PCH3OH∙PC3H6

IHZSM− 5
(17)  

r7 = k5
PCH3OH∙PC4H8

IHZSM− 5
(18)  

r8 = k8
PC2H4/C3H6/C4H8∙PH2

IHZSM− 5
∙fi 8 (19)  

r9 = k9
PC2H4/C3H6/C4H8

IHZSM− 5
∙fi 9 (20)  

r10 = k10
PC5− C8

IHZSM− 5
∙fi 9 (21)  

r11 = k11
PC2H4/C3H6/C4H8∙PC5− C8

IHZSM− 5
∙fi 9 (22) 

where Pi is the partial pressure of the species i , fi is the olefin con
sumption factor (i = 1, 2 for ethylene and butylene respectively), kj (in 
mol s− 1 kgcat

− 1) is the rate constant of reaction j and Keq,j (in bar− 1) is the 
thermodynamic equilibrium constant for reaction j . In r8 , r9 and r11 , the 
partial pressures vary depending on the species being hydrogenated but 
the reaction rate constants are the same regardless of the species since 
they are lumped together. The kinetic rate equations r1 through r3 have 
been directly taken from our previous CO2 to CH3OH model where they 
were developed based on an LHHW kinetic mechanism for the same 
In2O3 catalyst [21]. CO2 and H2 are considered to adsorb initially on the 
In2O3 surface where H2 adsorbs dissociatively to form methanol and 
water which thereafter desorb from the HZSM-5 zeolite surface. The 
inhibition terms over In2O3 (IIn2O3) and HZSM-5 (IHZSM− 5) are as follows: 

IIn2O3 =
(
1 + KCO2 .PCO2 +

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
KH2 .PH2

√ )2
(23)  

IHZSM− 5 = 1+KCH3OH(PCH3OH + PH2O) (24) 

where KCO2 , KH2 , KCH3OH are the adsorption equilibrium constants for 
CO2, H2 and CH3OH respectively. 

3.4. Kinetic parameters and comparison with other models 

The kinetic parameters derived by Ghosh et al. for CO2 hydrogena
tion to methanol over In2O3 catalyst have been directly used in this work 
[21]. The In2O3 catalyst material used for this particular work is the 
same as used in our previous work. It is unlikely that the In2O3 catalyst 
in granule form has changed in composition when physically mixed with 
the HZSM-5 (also in granule form) to make the bifunctional catalytic 
bed. It is, therefore, reasonable to consider that the kinetic parameters 
from Ghosh et al. [21] should apply here. For our model, wherever 
possible, the original parameter values were directly used from the 
model by Pérez-Uriarte et al. [30] as starting estimates. For a compari
son of those two models with other CO2 to methanol and MTO kinetic 
models, we refer to the original publications [21,30]. However, if the 

model predictions were sensitive to the parameter value, they were 
tuned to fit the experimental data. For the reactions added to the original 
kinetic model, their parameter values of course needed to be estimated 
by directly tuning to the experimental data. Kinetic parameter values 
reported by Pérez-Uriarte et al. could not, in most cases, be used directly 
because of the following reasons:  

a) The zeolite HZSM-5 used in this particular work has a different SiO2/ 
Al2O3 ratio (23) than the one used in their work (280) and hence the 
acid site density in the two zeolites vary significantly.  

b) Also, most importantly, the reaction conditions used in this work are 
quite different from those in the work of Pérez-Uriarte et al. In this 
particular work, methanol and DME are present in much lower 
concentrations since they are reaction intermediates, instead of the 
main reactants.  

c) CO2 and H2 both are present as feed in our reactions. The presence of 
hydrogen with high partial pressure should cause the hydrogenation 
of lower olefins and this hinders the formation of higher molecular 
weight products since then the oligomerization reactions are not 
possible. 

On the other hand, the parameter values for the inhibition term for 
methanol and water on the zeolite were taken directly from Pérez- 
Uriarte et al. [30] since the experimental data in the present study was 
insufficient to resolve the adsorption/desorption equilibrium of meth
anol and water. Also, there was no reason anyway to suspect that 
equilibrium adsorption would be different on the acid sites of the HZSM- 
5 used in this study. 

Any kinetic parameter with a high normalized sensitivity coefficient 
indicates that the experiments were well suited to accurately resolve 
that particular parameter. The reaction rate constants in Table 2 for 
CH3OH, CO and CH4 reported by Ghosh et al. in their CO2 to methanol 
model have been directly utilized for reactions 1–3 in Table 1 for the CO2 
hydrogenation to hydrocarbon model, keeping in mind that the refer
ence temperature used in the previous work was 300 ℃, whereas here it 
is 320 ℃ [21]. The remaining reactions (reactions 4–11) for the MTH 
part have been adopted from the DME/methanol to olefin model by 
Pérez-Uriarte et al. [30], of course with necessary modifications as 
described earlier. The values of the rate constants and activation en
ergies (in Table 2) of the two lumped reactions: olefin formation re
actions from methanol (reaction (4)) and C5-C8 formation from olefins 
(reaction (9)) have been adjusted from those reported by Pérez-Uriarte 
et al. [30] to improve the fit with our experimental data. The values of 
two additional reactions (reactions (10) and (11)) are also tuned ac
cording to our experimental results. The autocatalytic reactions (re
actions 5–7) adopted from the model by Pérez-Uriarte et al. were of little 

Table 2 
Rate constants and activation energies optimized using lsqnonlin, for the direct 
CO2 hydrogenation to hydrocarbon kinetic model over In2O3/HZSM-5 catalyst 
including their sensitivity coefficients.  

Reaction 
number 

* kref (mol s− 1 

bar− 1 kgcat
− 1) at 

320 ◦C  

Normalized 
sensitivity 

Ea (kJ 
mol− 1)  

Normalized 
sensitivity 

1 8.8 × 10− 4a 2.7 × 10− 1 35.7a 1.1 × 10− 2 

2 2.6 × 10− 3a 1.8 × 10− 2 54.5a 1.4 × 10− 9 

3 1.4 × 10− 4a 1.8 × 10− 2 42.5a 7.3 × 10− 9 

4 5.9 × 10− 1c 1.7 × 10− 2 70.0c 1.5 × 10− 9 

5 7.0 × 10− 2b 3.4 × 10− 8 16.0b 8.6 × 10− 2 

6 6.0 × 10− 1b 1.3 × 10− 7 17.0b 6.2 × 10− 2 

7 5.9 × 10− 2b 7.5 × 10− 9 69.0b 3.1 × 10− 2 

8 8.0 × 10− 2c 5.6 × 10− 2 109.0c 1.1 × 10− 3 

9 8.3 × 10− 1c 2.6 × 10− 2 150.0c 4.6 × 10− 2 

10 6.0 × 10− 2c 4.0 × 10− 2 170.0c 4.1 × 10− 1 

11 8.2 × 10− 1c 1.7 × 10− 2 25.0c 4.2 × 10− 2 

a: value taken from [21], b: value taken from [30], c: value tuned to the current 
experimental data. 
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significance for our model, as indicated by their low sensitivity co
efficients, and hence their rate constants were not well resolved under 
our experimental conditions. Methanol was present in only very low 
concentrations under our reaction conditions and hence it is probable 
that the autocatalytic reactions are of lesser importance in this case. 
Excluding the autocatalytic and the methanol to olefin reactions, the 
normalized sensitivity coefficients for all other rate constants could be 
well resolved from this model under our experimental conditions. The 
activation energy for methanol to olefin (reaction (4)) could not be 
accurately resolved from this model as can be seen from its low 
normalized sensitivity coefficient. Again, the low concentration of 
methanol can be a probable reason behind such a low sensitivity. 

Moreover, the adsorption equilibrium constants and the enthalpies 
of adsorption for CO2 and H2 presented in Table 3, for methanol syn
thesis on In2O3, are also the same as those reported by Ghosh et al [21]. 
The adsorption equilibrium constants and enthalpy of adsorption for 
CH3OH/H2O have been taken directly from the DME/methanol to olefin 
model developed by Pérez-Uriarte et al. [30], keeping in mind that they 
were reported at 350 ℃, whereas our reference temperature here is 320 
℃. Since no feeding of methanol or water was done in this work, to 
examine the inhibiting effects of water and methanol on MTH, the 
normalized sensitivity coefficients for ΔHCH3OH/H2O is especially low. 

The DME/methanol to olefin model by Pérez-Uriarte et al. [30] also 
includes DME as the main feed. For our experiments, we could not detect 
any DME in our reactor outlet as mentioned earlier since it is one of our 
reaction intermediates. So, the reactions involving DME were excluded 
in our adapted model. Table S4 shows the consumption factors (fi) for 
ethylene and butylene w.r.t propylene used in this model for the rate 
equations r8 − r11 along with their normalized sensitivity coefficients. 
The values indicate that these parameters could be resolved well from 
our experiments. 

3.5. Comparison between experimental results and kinetic model 
predictions 

To validate the proposed kinetic model, the experimental results 
(points) and those calculated by the model (lines) showing the mole 
fractions of different products formed during the CO2 hydrogenation 
reaction at different temperatures, pressures, molar feed ratios and 
space velocities over the In2O3/HZSM-5 (2:1 mass ratio) catalyst are 
plotted and compared in Figs. 3 to 6 respectively. A wide range of re
action parameters have been considered and the goodness of the fit is 
observed. Deviations have been observed for all experiments at the 
highest temperature (400℃). The main reason behind these deviations 
can be the poorer carbon balance that was observed in the experimental 
results at the highest temperature, but possible changes in the reaction 
kinetics unexplained by the model at the highest temperature cannot be 
excluded. 

The effect of reaction temperature on the product distribution for 
CO2 hydrogenation to hydrocarbon was studied over the temperature 
range from 250 to 400 ℃. Methanol is dehydrated to form olefins and 
these olefins through oligomerization reactions form higher 

hydrocarbons. Due to the high hydrogen partial pressure, a significant 
portion of the olefins is hydrogenated to form paraffin. Fig. 3 shows the 
variation of the mole fractions of different products (CH3OH, CO, CH4, 
C2-C4 paraffin, C2-C4 olefin, C5-C8 and C9

+ hydrocarbons) at the reactor 
outlet w.r.t. reaction temperature. The model predicts that methanol 
concentration first increases with temperature and then after 350℃, it 
starts to reduce. But experimentally we observed an increase in meth
anol concentration up to 400℃ over the In2O3: HZSM-5 catalyst. On the 
other hand, CO and CH4 continuously increase with temperature as was 
also observed in the CO2 to methanol model by Ghosh et al [21]. The 
mole fractions of CH3OH, CO and CH4 are slightly over-predicted by the 
model as can be seen from Fig. 3b and 3c. The main reason behind this is 
that, in the combined model we have retained the exact values of all the 
kinetic parameters for the formation of CH3OH, CO and CH4 as reported 
by Ghosh et al. in their previous work for the CO2 to methanol model. 
This methanol synthesis model does not account for the possible 
inhibiting effects of higher water concentration and the presence of 
hydrocarbons over the pure In2O3 catalyst. The inhibiting effect of water 
for methanol synthesis over In2O3 is known due to its observed negative 
reaction order [33] and one can suspect that hydrocarbons, and in 
particular olefins, could also have inhibiting effects although not yet 
studied. 

But some significant points need to be mentioned here. Firstly, it has 
been observed that the combined model predicts a much lower con
centration of methanol, compared to that without the HZSM-5 catalyst, 
at the outlet which is quite obvious since most of the methanol is utilized 
to form hydrocarbons over the zeolite. Moreover, the model can also 
predict a significant reduction in CO concentration in the product that 
fits well with the experimental findings as already discussed in Fig. 2c. 
With the increase in temperature, the mole fractions of paraffin increase 
but for olefins, they initially increase but reduce at higher temperatures. 
With the increase in temperature, the total mole fraction of C2-C4 in
creases and C5-C8 first increases and at higher temperature reduces. Very 
small traces of C9

+ higher hydrocarbons were obtained. 
All the hydrocarbon yields increase with the increase in total reactor 

pressure (see Fig. 4). The main reason behind this is that an increase in 
total pressure favors methanol formation thermodynamically, but the 
equilibrium for the RWGS reaction remains unaltered by pressure [21]. 
So, more methanol is available for the acidic sites of the zeolite HZSM-5 
that can be converted to hydrocarbons as the pressure increases from 20 
to 40 bar. Similar features were also observed as we increased the molar 
H2:CO2 ratio from 1:1 to 4:1 (Fig. 5). Gao et al. reported that higher 
pressure and H2/CO2 ratio can enhance the CO2 conversion and reduce 
CO selectivity thereby increasing the net yield of hydrocarbons over the 
bifunctional catalytic bed [1]. The experimental data under these con
ditions corresponded well with our model predictions. 

Both methanol and CO mole fractions reduced as the space velocity 
was increased (Fig. 6b and 6c) and this is consistent with the CO2 to 
methanol model reported by Ghosh et al [21]. The space velocity was 
varied from 3000 − 7500 mL gcat

− 1h− 1 by varying the flow rates of the 
reactant gases and keeping the weight of the catalyst constant. Less 
methanol is available for the acidic sites of HZSM-5 resulting in the 
reduction of the mole fraction of hydrocarbons from the In2O3/HZSM-5 
catalyst (Fig. 6d, 6e and 6f). Our model corresponds well with the 
experimental data obtained by the variation of space velocities as can be 
seen from Fig. 6. 

Further, we have compared the CO2 conversion and product selec
tivities along with the hydrocarbon distribution as calculated from the 
experimental data and the simulated results from the model in Fig. 7. 
When we compare Fig. 7a and 7c, we can see that both the experimental 
and simulated results showed similar trends for CO2 conversion and 
product selectivities over In2O3/HZSM-5 (2:1) catalyst. Both CO2 con
version and CO selectivity increase with temperature and the hydro
carbon selectivity gradually reduce with temperature. 

The experimental data shows slightly higher hydrocarbon selectivity 
and lower CO selectivity in comparison to that predicted by the model. 

Table 3 
Adsorption equilibrium constants (at 320 ℃) and heat of adsorption for the final 
model and their normalized sensitivity coefficient.  

Parameter Value Unit Normalized sensitivity 

KCO2 ,ref  6.7 × 10− 1a bar− 1 4.6 × 10− 3 

KH2 ,ref  7.0 × 10− 1a bar− 1 2.2 × 10− 2 

KCH3OH/H2O,ref  1.3 × 101b bar− 1 3.4 × 10− 3 

ΔHCO2  − 2.6 × 101a kJ mol− 1 2.1 × 10− 2 

ΔHH2  − 1.2 × 101a kJ mol− 1 3.6 × 10− 3 

ΔHCH3OH/H2O  − 2.0 × 10− 1b kJ mol− 1 1.3 × 10− 7 

a: value taken from [21], b: value taken from [30]. 
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Fig. 3. The outlet mole fractions as a function of temperature for (a) CO2 and H2, (b) CH3OH and CH4, (c) CO, (d) C2-C4 paraffin, (e) C2-C4 olefin and (f) lumped 
hydrocarbons for In2O3/HZSM-5 = 2:1. The symbols represent the experiments and the lines represent simulations. The experiments are performed at the following 
conditions: 40 bar, 6000 mL gcat

− 1h− 1 and H2:CO2 = 3:1 M ratio. 

Fig. 4. The outlet mole fractions as a function of pressure for (a) CO2 and H2, (b) CH3OH and CH4, (c) CO, (d) C2-C4 paraffin, (e) C2-C4 olefin and (f) lumped 
hydrocarbons for In2O3/HZSM-5 = 2:1. The symbols represent the experiments and the lines represent simulations. The experiments are performed at the following 
conditions: 320 ℃, 6000 mL gcat

− 1h− 1 and H2:CO2 = 3:1 M ratio. 
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Fig. 5. The outlet mole fractions as a function of molar feed ratio for (a) CO2 and H2, (b) CH3OH and CH4, (c) CO, (d) C2-C4 paraffin, (e) C2-C4 olefin and (f) lumped 
hydrocarbons for In2O3/HZSM-5 = 2:1. The symbols represent the experiments and the lines represent simulations. The experiments are performed at the following 
conditions: 320 ℃, 40 bar and 6000 mL gcat

− 1h− 1. 

Fig. 6. The outlet mole fractions as a function of space velocity for (a) CO2 and H2, (b) CH3OH and CH4, (c) CO, (d) C2-C4 paraffin, (e) C2-C4 olefin and (f) lumped 
hydrocarbons for In2O3/HZSM-5 = 2:1. The symbols represent the experiments and the lines represent simulations. The experiments are performed at the following 
conditions: 320 ℃, 40 bar and H2:CO2 = 3:1 M ratio. 
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The slightly higher CO selectivity predicted by the model corresponds to 
the higher CO mole fraction shown in Fig. 3c. On the other hand, the 
maximum CO2 conversion predicted by the model at 400 ℃ is 35 %, but 
experimental results show that 25 % CO2 conversion could be obtained 
at the same temperature. A 49 % CO selectivity was predicted both by 
the model as well as by the experimental results at 400 ℃. All these data 
nicely depict that the model can well predict the experimental data for 
direct CO2 hydrogenation to hydrocarbons over In2O3/HZSM-5 (2:1) 
catalyst. In addition, when the hydrocarbon distribution between the 
experimental data and that predicted by the model is compared (Fig. 7b 
and 7d), it is seen that the trend of hydrocarbon distribution predicted 
by the model matches well with that from the experiments. C5

+ hy
drocarbon selectivity gradually increases and then decreases with the 
increase of reaction temperature over the bifunctional catalytic bed. 

At higher temperatures, the cracking of higher hydrocarbons, spe
cifically, the C5-C8 product lump, increases (reaction (10) in Table 1) to 
form lower olefins and hence the selectivity of C2-C4 increases with 
temperature. This is assisted by the fact that the activation energy of 
reaction (10) is greater than that for reaction (9), as evident in Table 2. A 
maximum C5

+ hydrocarbon yield was obtained at around 320 ℃ both 
from the model prediction as well as experimentally. Around 27 % of 
C5

+ hydrocarbon was obtained from the experimental results whereas 
the model predicted around 30 %. 1.8 % C9

+ was obtained experimen
tally whereas the model predicts 2 % C9

+ hydrocarbons at 320 ℃ for the 
In2O3/HZSM-5 = 2:1 catalyst. 

3.6. Model validation and comparison in performance between two 
different catalyst mass ratios 

After developing the kinetic model for direct CO2 hydrogenation to 

hydrocarbons over the In2O3/ HZSM-5 bifunctional catalytic bed using 
the experimental data from the In2O3/HZSM-5 mass ratio of 2:1, the 
variation of the model predictions with a change in the mass ratio of the 
catalyst was used to validate the model (by using exactly the same ki
netic parameters as utilized by the In2O3/ HZSM-5 = 2:1 mass ratio). So, 
the influence of an increase in the catalyst mass ratio to In2O3/HZSM-5 
= 3:1 (maintaining the total catalyst weight = 1 g) from mass ratio 2:1 
was examined. In this aspect, Fig. S5 in the SI shows the mole fractions of 
different products formed from the In2O3/HZSM-5 (3:1) with the vari
ation of reaction temperature. There is more In2O3 for the In2O3/HZSM- 
5 = 3:1 ratio catalyst when compared to the 2:1 mass ratio. Hence, this 
catalyst produces 60 % more methanol (at 320 ℃) than that formed with 
the mass ratio of 2:1 according to the experiments. The effect of pres
sure, molar feed ratio and space velocity on the 3:1 mass ratio catalyst as 
predicted by the model as well as validated by experimental results are 
shown in Fig. S5-S8 in the SI. The CO2 conversion and product selec
tivities between the experimental and the simulated results for the 
In2O3: HZSM-5 (3:1) catalyst matched well supporting the validity of the 
model as shown in Fig. S9 (a and c). HC selectivities slightly reduce and 
CO selectivity increases for the 3:1 mass ratio catalyst when compared to 
the 2:1 mass ratio. The experimental hydrocarbon distribution also was 
sensitive towards the mass ratio of the catalysts as can be seen from 
Fig. S9 (b and d). But the trend seemed to be the same as the experi
mental findings where it is seen that the selectivity for C5

+ hydrocarbons 
gradually increased with temperature up to around 340 ℃ after which it 
started to decrease as temperature increased. 

A comparison between the model predictions and experimental 
findings for the two different mass ratios of catalysts is shown in detail in 
Fig. 8. From Fig. 8 (a and d), it can be seen that both the model pre
diction and the experimental findings confirm the fact that methanol 

Fig. 7. Comparison between (a and b) experimental and (c and d) simulated CO2 conversion, product selectivities and hydrocarbon distribution for In2O3/HZSM-5 =
2:1 catalyst. Reaction conditions: 40 bar, 6000 mL gcat

− 1h− 1 and H2:CO2 = 3:1 M ratio in the feed. 
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yield increases for the 3:1 mass ratio catalyst when compared with the 
2:1 mass ratio due to the presence of a higher mass fraction of In2O3 
catalyst (as mentioned earlier). The kinetic model predicts that the 
In2O3/HZSM-5 (3:1) catalyst shows slightly higher CO selectivity (spe
cifically at the higher temperatures where RWGS reaction is more 
prominent) and CO2 conversion (~10 % higher) when compared with 
the model predictions for the In2O3/HZSM-5 (2:1) catalyst (Fig. 8e). As 
mentioned earlier, the In2O3/HZSM-5 (3:1) catalyst produces more 
methanol since more In2O3 is present, but there is less zeolite to convert 
it. As a result, more methanol remains and this is not favorable for 
suppression of the RWGS reaction, hence increasing the CO concentra
tion. This is especially the case at higher temperatures where the 
methanol synthesis is more strongly equilibrium limited. Both the ex
periments and model appear to predict these differences in CO2 con
version and CO selectivity (Fig. 8b and e) between the different mass 
ratios of catalyst which strengthens the validity of the model. 

From Fig. 8 (c and f), it can be seen that at temperatures below about 
300 ℃, the model and experiments predict different distributions of C2- 
C4 vs C5-C8 hydrocarbons, however, these differences are small and for 
the experiments, they are more uncertain due to greater uncertainties of 
measurements at low conversion. On the other hand, at higher tem
peratures, the differences in the distributions are clearer and more 
consistent where both model and experiment for the 3:1 catalyst ratio 
show that the hydrocarbon distribution is shifted slightly more towards 
C5-C8 hydrocarbon products. Further, the calculation of the net reaction 
rates (shown in the SI, Table S5) for the formation of C2-C4 vs C5-C8 
hydrocarbons and their relative differences support the distributions 
observed for the simulations shown in Fig. 8 (f). Also, from Table S5 it is 
observed that for almost all temperatures there is a slightly higher total 
rate of consumption of CH3OH in the reactor with the 3:1 catalyst mass 
ratio, despite the fact that with this catalyst ratio there is less zeolite in 
the reactor. This is made possible due to the higher concentration of 
CH3OH in the reactor with the 3:1 catalyst ratio. Apparently, a higher or 
near equal rate of consumption of CH3OH over less zeolite favors the 
formation of a greater amount of higher hydrocarbons at higher reaction 

temperatures. Hence, we can conclude that increasing the supply of 
methanol to less zeolite apparently shifts the hydrocarbon product dis
tribution to a slightly higher share of higher hydrocarbons. 

Moreover, Fig. S10 shows a series of parity plots for the outlet mole 
fractions of methanol, C2-C4 and C5-C8 hydrocarbons comparing the 
simulated data with the experimental measurements. The parity plots 
showed good agreement between the experimental mole fractions of 
each of these species and those calculated by the model, thereby 
showing that this kinetic model predicts the data with good accuracy. 

4. Conclusions 

In this work, we have developed and demonstrated a kinetic model 
for the direct CO2 hydrogenation to hydrocarbon over an In2O3/HZSM-5 
bifunctional catalytic bed that combines two different models: an LHHW 
kinetic model for the CO2 hydrogenation to methanol over the metal 
oxide In2O3 and a lumped type kinetic model for the conversion of 
methanol to hydrocarbons over the zeolite. Reaction rate constants, 
activation energies, adsorption equilibrium constants and enthalpies of 
adsorption along with their normalized sensitivity coefficients have 
been evaluated for the model. Experimental findings have been used to 
validate the model. This model allows prediction of the product distri
bution of the CO2 hydrogenation reaction over the bifunctional catalytic 
bed performed when pure H2 and CO2 have been used as feeds. The key 
findings from the experiments and kinetic model for direct CO2 hydro
genation to hydrocarbon can be summarized as follows:  

a) The combined model for direct CO2 hydrogenation to hydrocarbon 
over the bifunctional catalytic bed (In2O3/HZSM-5) could largely 
predict the experimental findings, such as the suppression of the 
RWGS reaction and increased yield of hydrocarbons compared to the 
formation of pure methanol with only the methanol synthesis cata
lyst (In2O3) under same reaction conditions.  

b) The CO2 to methanol kinetic model included the equilibrium effects 
on the methanol synthesis and RWGS reactions and this 

Fig. 8. Comparison between model predictions and experimental results with different catalyst mass ratios for (a and d) mole fraction of methanol formed, (b and e) 
CO2 conversion and CO selectivity and (c and f) hydrocarbon distribution. Reaction conditions: 40 bar, 6000 mL gcat

− 1h− 1 and H2:CO2 = 3:1 M ratio in the feed. 
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demonstrates that the suppression of the RWGS reaction is primarily 
a favorable equilibrium effect resulting from the immediate con
version of the methanol by the MTH reactions to form hydrocarbons.  

c) In addition, this understanding of how the alleviation of methanol 
synthesis equilibrium limitation suppresses the RWGS reaction was 
further validated by the experiments with varying weight ratios of 
the individual catalysts. Here it was seen that a higher outlet con
centration of methanol achieved with a higher weight ratio of the 
methanol synthesis catalyst caused less suppression of the RWGS 
reaction. These conditions, which were slightly more favorable for 
the RWGS, also resulted in lower selectivity of hydrocarbons and a 
slightly increased share of higher hydrocarbons which were both also 
successfully reproduced by the model. 

However, there may have been other interactions due to the com
bination of the catalysts that were unaccounted for by the model. For 
example, possible inhibiting effects of higher water concentration and 
hydrocarbons on the CO2 to methanol catalyst (In2O3) and high con
centrations of CO2 and H2 on the MTH catalyst (HZSM-5). These factors 
may deserve further investigation. This kinetic modeling study can also 
further be extended considering phenomena like the coke formation and 
catalyst deactivation that play a major role in this type of reaction. 
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