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Abstract

As process industries transition from using fossil-based to bio-based resources, energy-efficient

and highly selective operations will be required to process lignocellulosic biomass. Membrane

separation, as a highly efficient operation, can be employed in the fractionation and dewatering

of streams containing lignocellulosic biomass. The application of membrane separation in

these processes has nevertheless proved to be challenging due to membrane fouling: the

process by which suspended or dissolved substances are deposited on the surface or within

the pores of a membrane. An in-depth mechanistic understanding of such membrane fouling

behavior is therefore necessary in order to devise appropriate strategies to address fouling.

In this work, the in situ monitoring technique fluid dynamic gauging (FDG), was used to

investigate the fouling behavior of two feed streams containing wood components: a liquor

obtained when wood was treated using steam explosion (STEX) and a microcrystalline

cellulose (MCC) suspension. The cross-flow ultrafiltration (UF) of STEX liquors was performed

at 200 kPa transmembrane pressure (TMP) using 10 kDa polysulfone membranes, whereas

the cross-flow microfiltration (MF) of MCC suspensions was operated at 40 kPa TMP using

0.45 µm polyethersulfone membranes.

Experimental results show that FDG provides valuable information regarding membrane

fouling in both cross-flow MF and UF. The FDG profiles obtained during the STEX liquor

fouling experiments revealed that an initial thick fouling layer of high resistance was formed

rapidly. After this initial phase, the resistance increased further but only gradually, which

may be due to pore blocking and/or rearrangement of the structure of the fouling layer.

These results also indicate that the highest resistance of the fouling layer is close to the

membrane. In the MCC fouling experiments, highly resilient layers were formed close to

the membrane surface, as supported by the presence of attractive energy regions at the

close interparticle separations identified via molecular dynamics (MD) simulations. These

results highlight how FDG, when complemented with MD simulations, can provide a better

mechanistic understanding of the fouling behavior of streams containing wood components

during cross-flow filtration.

Keywords: fluid dynamic gauging, membrane fouling, cross-flow filtration, wood components,

steam explosion, microcrystalline cellulose
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Abbreviations and Symbols

Abbreviations

ASL Acid-soluble lignin

COM Center of mass

CFD Computational fluid dynamics

CFV Cross-flow velocity [m s−1]

FDG Fluid dynamic gauging

LVDT Linear variable differential transformer

MD Molecular dynamics

MF Microfiltration

NF Nanofiltration

MCC Microcrystalline cellulose

MWCO Molecular weight cut-off

PES Polyethersulfone

PMF Potential of mean force

PSU Polysulfone

RO Reverse osmosis

SEM Scanning electron microscopy

STEX Steam explosion

TMP Transmembrane pressure [Pa]

UF Ultrafiltration

US Umbrella sampling
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Symbols

Dx Size below which x% of all particles are found

d Inner diameter of the gauge tube [m]

dt Inner diameter of the nozzle orifice [m]

dp Pressure drop over the FDG probe [mbar]

h Gauge height above the fouling layer [m]

h0 Gauge height above the membrane [m]

J Flux [L m−2 h−1]

mg Gauging mass flow rate [kg s−1]

r Interparticle separation [m]

Rm+c Total resistance (membrane and cake) [m2 L−1]

Reduct Duct flow Reynolds number [–]

∆G Free energy [J mol−1 m−2]

∆H Enthalpic contribution to the free energy [J mol−1 m−2]

δ Fouling layer thickness [m]

µ Dynamic viscosity of the fluid [Pa s]

Π Osmotic pressure [Pa]

ρ Density of the fluid [kg m−3]

τw,max Fluid shear stress [Pa]

T∆S Entropic contribution to the free energy [J mol−1 m−2]
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1 | Introduction

The main driving force in developing sustainable technologies, the climate crisis,

implies the need to shift away from using fossil-based materials towards renewable,

bio-based resources. This paradigm shift necessitates current process industries being

transformed into advanced and novel biorefineries that can process lignocellulosic

biomass, such as forest and agricultural residues, and thereby create more viable

options for the world’s increasing energy and material requirements. By recovering

valuable components from underutilized process streams, lignocellulosic biorefineries

have an immense potential for contributing to a bio-based economy through the

conversion of lignocellulosic biomass feedstocks into renewable, value-added products

[1], thus promoting their sustainable production and consumption.

The chemical and mechanical processes necessary for the production of novel materials

sourced from lignocellulosic feedstocks must not only be simple, scalable and selective

but also have a high material yield and energy efficiency, coupled with minimal

waste production. These processes will involve various unit operations and require

reactors, separation equipment and the suchlike. One highly efficient operation that

will be needed in the fractionation step, and in some cases, pre-dewatering of process

streams containing lignocellulosic biomass, is membrane separation. Membrane

separation can be an attractive prospect since these processes offer energy-efficient and

selective pathways for recovering valuable components and can, moreover, be operated

continuously at low to moderate temperatures. The modular design of membrane

separation simplifies their scale-up as well as the expansion of the production capacity

of an existing unit [2]. These advantages of membrane separation can be beneficial to

the development of lignocellulosic biorefineries.

1.1 Membrane Filtration in Lignocellulosic Biorefineries

The field of membrane technology has thrived over the last few decades with

applications in various industrial sectors, e.g. food processing, pharmaceutical

technology, drinking water production and wastewater treatment. Membrane filtration

can be expected to be employed in the pre-treatment and downstream processing

of lignocellulosic biomass [2,3] in future biorefineries. As an energy-efficient and

highly selective operation, pressure-driven membrane filtration can recover valuable

components from process streams by fractionation, concentration and purification.
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Studies on membrane filtration of lignocellulosic biomass have continually gained

significant interest [4-6] as industries are developing to transition towards the

sustainable processing of lignocellulosic materials. However, for lignocellulosic

biomass to be utilized efficiently, the operational costs of membrane separation must

be minimized because separation accounts for a substantial proportion of the total

manufacturing costs.

The application of membrane filtration in lignocellulosic biorefineries has proved to

be challenging, primarily due to membrane fouling [7,8]. Fouling impairs separation

performance due to the deposition of suspended or dissolved substances on the

surface, at the pore openings or within the pores of a membrane [9] and leads

either to a decline in the flow rate at a constant transmembrane pressure (TMP)

or an increase in the TMP required to achieve a constant flow rate. Fouling-related

performance losses entail additional operational costs due to downtime and membrane

cleaning. Further investments in a larger membrane unit (e.g. two parallel units)

may be necessary to sustain a continuous operation. Although fouling occurs, more

or less, in all processes where membrane separation is applied, it is practically

inevitable in complex, heterogeneous systems involving lignocellulosic components

and measures are therefore essential in controlling its effects. There have been

significant developments in the investigation and characterization of membrane

fouling, however, studies on the mechanistic understanding of fouling behavior remain

limited; in-depth knowledge of fouling phenomena is therefore paramount for devising

appropriate fouling strategies.

1.2 Aim and Objectives

This thesis aims at gaining in-depth knowledge of membrane fouling during cross-flow

filtration of wood components. The main focus is placed on the following objectives:

1) To develop the fluid dynamic gauging (FDG) technique for the in situ and

real-time monitoring of fouling layer characteristics.

2) To investigate the underlying mechanisms of membrane fouling, using FDG

measurements and molecular dynamics (MD) simulations.

3) To devise appropriate strategies for improving the performance of membrane

separation.

The content of this thesis is based on two studies: the first paper covers the

development of a method using FDG to investigate the fouling behavior and shifts
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in fouling modes during the cross-flow ultrafiltration (UF) of steam explosion

(STEX) liquors on polysulfone (PSU) membranes, while the second paper focuses

on the mechanistic understanding of the fouling behavior of a model material, i.e.

microcrystalline cellulose (MCC), on polyethersulfone (PES) membranes during

cross-flow microfiltration (MF) using FDG and MD simulations. These studies, which

are appended, are referred to hereafter as Papers I and II, respectively.

1.3 Wallenberg Wood Science Center

This work has been a part of the Wallenberg Wood Science Center (WWSC), a joint

research center for The Royal Institute of Technology (KTH), Chalmers University

of Technology and Linköping University. The main focus of WWSC is to create new

materials from trees by building knowledge and competence for future innovative

value creation from forest-based raw materials. The studies presented in this thesis are

part of the WWSC project entitled "Fractionation of wood components using membrane

filtration," which focuses on facilitating the energy-efficient recovery and fractionation

of extracted wood components using membrane separation processes.
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2 | Membrane Separation

Membrane filtration employs a selectively permeable membrane that separates a

process stream into two fractions: the retentate and permeate. The stream that

passes through the membrane is called the permeate, while the more concentrated

stream that flows across the membrane is called the retentate. The properties of the

membrane determine which components can pass through the membrane and end

up on the permeate side. Membrane filtration is a more energy-efficient alternative

to conventional thermal separation processes, such as distillation and evaporation,

because of its lower energy input and selectivity that can be fine-tuned to isolate the

components desired [10].

2.1 Membrane Materials

Membranes can be manufactured synthetically from porous polymers, ceramics,

metals or liquids [11]. Synthetic membranes are employed in industrial membrane

operations and can be categorized according to the material used: the two main types

are polymeric (organic) and ceramic (inorganic) membranes. Depending on their

morphology, these can have either a homogeneous or heterogeneous structure and

either a symmetric (isotropic) or asymmetric (anisotropic) design based on the pore

structure.

Organic polymeric membranes are made from materials with different wetting

properties. In general, hydrophilic membranes (e.g. cellulose acetate, regenerated

cellulose and polyamide) can achieve higher water flux and are less adsorptive than

hydrophobic membranes (e.g. PSU, PES and polypropylene), making them more

resistant to fouling [11]. However, the chemical and thermal stabilities of hydrophilic

membranes are inferior compared to hydrophobic membranes. In industrial operations,

hydrophobic membranes are more commonly used and are typically coated with

a hydrophilic layer to improve their wetting properties. This improvement in

hydrophilicity is crucial as robust membranes are required in the food and beverage

industry, where stringent sterilization procedures are implemented.

Ceramic membranes are made from inorganic materials (e.g. alumina, titania and

zirconia) and are renowned for their excellent thermal resistance, chemical stability and

high mechanical strength. Compared to polymeric membranes, ceramic membranes

have better reliability and longer lifespan but are, on the other hand, very brittle and
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considerably more expensive [12]. Although using ceramic membranes incurs higher

initial capital costs than polymeric membranes, it will, in many cases, prove to be

beneficial in the long term since they are more durable and can withstand several years

of operation.

2.2 Pressure-driven Membrane Filtration

The primary driving force for flow through a membrane is the TMP, i.e. the applied

differential pressure that pushes a liquid through a membrane. Pressure-driven

membrane-based separation processes can be classified into four categories: MF, UF,

nanofiltration (NF) and reverse osmosis (RO). These processes are specified based on

their pore size and are typically described in terms of molecular weight cut-off (MWCO)

for UF, NF and RO. MWCO is the molecular weight of a solute that corresponds to a

90% rejection coefficient [9]. Fig. 2.1 shows the typical pore size range, operating

pressures and examples of rejected species for each membrane process. The operating

pressure increases with decreasing pore size, with MF membranes having the most

open pores and being operated at the lowest TMP.

Fig. 2.1. Typical process conditions and rejection behavior of pressure-driven membrane

filtration processes.

Cross-flow filtration

Cross-flow membrane filtration has been developed from dead-end filtration, in which

a filter cake is formed while fluid passes through a permeable separation device. In

cross-flow filtration, the feed flows parallel to the membrane surface, as shown in

Fig. 2.2, ideally forming a thin, dynamic concentration layer rather than a thick,
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Fig. 2.2. A cross-flow filtration system illustrating the feed, permeate and retentate streams.

stationary filter cake, as a result of shear forces that re-suspend some of the rejected

materials. The configuration in cross-flow filtration systems varies depending on the

concentration required of the desired product stream, which can be either the permeate

or the retentate, or both.

The flux, J, is defined as the permeate flow, Qp divided by the total membrane surface

area, Am, and is typically expressed in liters per square meters of membrane surface

area per hour (L m−2 h−1) thus:

J =
Qp

Am
(2.1)

In pressure-driven membrane filtration, the TMP is defined as the average of the

pressures on the feed side, pf , and on the retentate side, pr, minus the pressure on the

permeate side, pp:

TMP =
pf + pr

2
− pp (2.2)

Concentration polarization

A concentration gradient at the boundary layer is formed when solutes or suspended

particles are moved towards the membrane surface by permeate flow. This

phenomenon is called concentration polarization, by which solutes are retained and

accumulate at the membrane surface [12]. It is illustrated in Fig. 2.3, where the solute

or particle concentration is higher near the membrane surface, generating resistance

to flux [11].
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Fig. 2.3. Schematic diagram of a concentration profile caused by concentration polarization

under steady state conditions.

Concentration polarization always occurs and is most significant for molecules or

dissolved salts (i.e. for UF, NF or RO) as these are highly influenced by convective forces

and diffusion. In MF, heterogeneous mixtures containing dissolved macromolecules

and small particles may decrease the effect of concentration polarization since they

influence the conditions at the boundary layer. A steady-state condition is reached when

a balance between the convective flow of solutes or particles towards the membrane

is counteracted by the back-transport [13] into the bulk feed due to diffusion and/or

turbulence. The following equation describes the concentration profile with respect to

distance from the membrane:

Jc+DCP
dc

dy
= Jcp (2.3)

where c is the concentration of the particle or solute, DCP is the apparent diffusion

coefficient, y is the distance from the membrane, and cp is the concentration of the

permeate.

Eq. 2.3 can be simplified by integrating the entire function with bounds from the

membrane surface, y = 0, to the concentration polarization boundary layer distance,

δCP :
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cm − cp
cb − cp

= exp

(
JδCP
DCP

)
= exp

(
J

kCP

)
(2.4)

where cm is the concentration at the membrane, cb is the concentration in the bulk liquid

and kCP is the mass transfer coefficient associated with concentration polarization

(which is DCP divided by δCP ).

Rearranging Eq. 2.4, the flux can be expressed as:

J = kCP ln
(
cm − cp
cb − cp

)
(2.5)

2.3 Membrane Fouling

Fouling is the deposition of dissolved or suspended substances on the surface of a

membrane, at its pore openings or within its pores [9]. It limits the production

capacity of the operation by lowering the permeation rate or changing the membrane’s

selectivity over time [11]. Fouling can be classified based on the location of the foulants

with respect to the membrane material. Reversible fouling can be removed effectively

by physical cleaning since foulants are attached loosely to the membrane surface and

result in the formation of a cake or gel layer, or concentration polarization. Irreversible

fouling, on the other hand, can only be removed by chemical cleaning because foulants

are bound tightly to the membrane due to adsorption or pore blocking. The different

types of fouling in membrane filtration are presented in Fig. 2.4.

Fig. 2.4. Schematic representation of the different types of membrane fouling.

2.4 Flux Models

There are different mechanistic models for determining the fouling rate during

cross-flow filtration; in this section, only models related to flux are presented.
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In a pure solvent system, Darcy’s law states that J is proportional to the TMP, as given

in Eq. 2.6:

J =
TMP
µ

km
δm

(2.6)

where µ is the dynamic viscosity of the fluid, km is the permeability of the membrane

and δm is its thickness.

The TMP is the only driving force of the separation process and the membrane

resistance, Rm, is the only resistance that acts against it. Eq. 2.6 can be simplified by

substituting the permeability and thickness terms, km and δm, with Rm:

J =
TMP
µRm

(2.7)

where Rm is δm divided by km.

Rm can be determined by simply filtering a pure solvent (e.g. water) and taking into

account the porosity and pore size distribution of the membrane.

When filtering a solution or a suspension, the osmotic pressure, Π, generally works

against flux when the concentration of the dissolved species on the feed side is

significantly higher than that on the permeate side. The resistance term in Eq. 2.7 can

be extended to include the resistance due to reversible and irreversible fouling aside

from the membrane resistance. These resistance terms can be added in series to give

the resistance-in-series model shown in Eq. 2.8:

J =
TMP− Π

µRT

=
TMP− Π

µ(Rm +Rrev +Rirrev)
(2.8)

where the total resistance, RT , is the sum of Rm, the reversible fouling resistance Rrev
and the irreversible fouling resistance, Rirrev.

The resistance-in-series model in Eq. 2.8 can be expanded to include the different

types of reversible and irreversible fouling:

10



J =
TMP− Π

µ(Rm +Rc +RCP +Rp)
(2.9)

where Rc, RCP , and Rp are cake, concentration polarization and pore fouling resistances,

respectively.

Models describing blocking mechanisms

The calculation of the permeate flux from the resistance-in-series model in Eq. 2.8

does not indicate whether the flux decline is caused by cake filtration, pore fouling or

indeed both. One way to identify which type of fouling occurs is by autopsy or ex situ

analysis of the fouled membrane [14].

Hermia developed a methodology for identifying different types of blocking

mechanisms for dead-end filtration at constant pressure [15]. This model is based on

the following empirical equation:

d2t

dV 2
= k

(
dt

dV

)n

(2.10)

where V is the filtrate volume, t is the filtration time and the variable constants k and

n are based on the type of fouling, as summarized in Table 2.1. Fig. 2.5 depicts the

different types of blocking mechanisms, where the assumption is a uniform cylindrical

pore distribution across the membrane surface.

Table 2.1. Blocking mechanisms used for modelling membrane fouling phenomena and their

respective constants [15].

Mechanism k n

Cake filtration ϕccbµ
A2

mTMP
0

Intermediate blocking σ
Am

1

Standard blocking 2φads
δm

A−0.5
m J0.50 1.5

Complete blocking J0σ 2

ϕc is the specific cake resistance [m kg−1], σ is blocked

membrane surface area per unit volume of permeate,

φads is the volume of particles retained by pores per

unit volume of permeate and J0 is the initial flux.
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Fig. 2.5. Blocking and cake filtration mechanisms as described by Hermia [15].

Cake filtration occurs when particles larger than the pore opening are deposited on the

membrane surface. It is presumed that the cake resistance, Rc, is directly proportional

to the total filtrate volume. In Hermia’s model, the right hand term in Eq. 2.10 becomes

constant for cake filtration (n = 0):

d2t

dV 2
= k

(
dt

dV

)0

= constant (2.11)

The term “standard blocking” has been coined to describe internal pore fouling due to

the adsorption of particles on the pore walls. The decline in pore volume is proportional

to the total filtrate volume, as particles smaller than the pore opening are adsorbed onto

the pore walls. Complete blocking is when a single particle blocks a pore completely

upon reaching the surface of the membrane, thereby reducing its available surface

area. Intermediate blocking is a more realistic mechanism for surface fouling than

complete blocking: whilst a particle may block an open pore, it can also settle on top of

another particle. Some pores remain unblocked while particles are deposited on top

of each other and hence a slower flux decline is observed than for complete blocking.

Whilst the blocking mechanisms mentioned above are relevant for particles, charge

and geometric considerations must, however, be taken into account when molecules

or ions are present. Non-spherical particles may have a greater contact area with the

12



membrane than spherical particles and changes in the ionic strength could affect the

formation of a cake layer (e.g. an increase in ionic strength could decrease the local

and average filtration resistances [16].

Hermia’s methodology is applicable primarily to dead-end filtration and at the early

stages of cross-flow filtration [17]. As the methods for determining the fouling rate for

cross-flow filtration are more complex than dead-end filtration, the back-transport of

solutes or particles into the bulk flow must be taken into account.

Critical flux model

Field et al. introduced the critical flux model, which states that no observable fouling

will take place below a critical permeate flux, Jcrit, during cross-flow filtration [18].

Plotting the permeate flux as a function of TMP, as seen in Fig. 2.6, shows that the flux

is directly proportional to the TMP for pure solvent systems. The flux of a feed material

containing solutes and particles increases steadily at low TMPs; it tapers off after

passing the critical flux and eventually stops increasing upon reaching the limiting flux.

The limiting flux is influenced greatly by the type of membrane fouling that occurs. Its

value may be raised by increasing the temperature of the system, increasing the shear

forces or reducing the solute or particle concentration in the feed material.

Fig. 2.6. Permeate flux curves showing the critical and limiting flux.

2.5 Membrane Cleaning

Careful selection and optimization of process conditions such as TMP, cross-flow

velocity (CFV) and/or temperature ensure that the effects of fouling are minimized;
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membranes can also be functionalized or pre-treated to improve productivity. Fouling

occurs nevertheless, and mitigation strategies and periodic cleaning measures are

implemented in industrial membrane operations to ensure continuous operation and

maintain performance.

There are two types of methods available for cleaning membranes: physical and

chemical. As stated in the previous section, reversible fouling can be removed

effectively by physical cleaning, whereas irreversible fouling can only be removed by

chemical cleaning. Physical cleaning methods include forward flushing, backflushing,

backpulsing, sponge ball and ultrasonic cleaning [19]. Forward flushing involves

applying feed water or permeate forward at an elevated CFV: the rapid flow and

resulting turbulence releases the foulants deposited on the membrane surface.

Backflushing is a reversed filtration process whereby the permeate is forced through

the membrane from the permeate side to the feed or retentate side to remove particles

that have accumulated on the membrane, and particularly those adsorbed onto its

pores. Backpulsing is another kind of reverse flow cleaning that induces a periodic

TMP reversal for a short duration to dislodge foulants deposited on the surface of the

membrane or in its pores. Sponge ball cleaning involves balls made of polyurethane or

other material being inserted into the membrane module for a short duration of time

to scrub foulants from the membrane surface. Ultrasonic cleaning employs ultrasonic

waves whereby convective currents increase turbulence and provide vigorous mixing.

The physical effects of the implosive collapse of cavitation bubbles aid in generating

micromixing in a liquid, thereby enhancing the cleaning process.

Chemical cleaning may be applied when physical cleaning has been unable to restore

the flux or membrane selectivity. The membrane is flushed with an acidic, alkaline or

enzymatic cleaning agent that typically contains surface-active agents to solubilize

or break down foulants on a membrane [20]. The system can also be operated

at an elevated CFV and temperature to improve cleaning. The composition and

concentration of the cleaning agent and the duration of the cleaning process are

dependent on the foulants and the type of fouling. Alkaline cleaning agents are

normally based on sodium hydroxide (NaOH) and/or sodium hypochlorite (NaOCl),

which are usually applied to remove organic foulants. In contrast, acidic cleaning

agents are often based on hydrochloric acid (HCl), phosphoric acid (H3PO4), or sulfuric

acid (H2SO4), which are applied to remove scaling from inorganic compounds. In

general, acidic and alkaline cleaning reduces the membrane’s lifespan due to the

aggressive nature of the chemicals: milder approaches, such as enzymatic cleaning
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[21], are therefore preferred whenever possible. Enzymes can be formulated to target

specific foulants but they are, however, are more expensive than acidic and alkaline

cleaning agents.

The economic implications of membrane cleaning must be taken into consideration.

Membrane cleaning measures require downtime and productivity will therefore be

reduced. Fouling will also reduce productivity: not only will the production rate be

lowered but also energy costs may be raised due to an increased TMP. For a specific

filtration system, a mechanistic understanding of membrane fouling and cleaning is

crucial in order to carefully assess the membrane material, operating conditions and

cleaning measures that are necessary to mitigate or manage the effects of fouling. A

cost-benefit analysis of cleaning a membrane versus its replacement is also beneficial in

saving time, money and resources; moreover, the possibility of fine-tuning the design

of membrane operations will result in optimized productivity.

2.6 Membrane Separation of Wood Components

Different wood components can be considered as potential foulants in the membrane

separation of process streams from lignocellulosic biorefineries. These process streams

may contain the following wood components: cellulose, hemicelluloses, lignin,

extractives, proteins and inorganic compounds. Moreover, they may have a wide range

of particle sizes and molecular weights and their concentration may vary, depending on

the wood species used and the chemical processes involved. Among all these potential

foulants, it is only the three main constituents of wood, namely cellulose, hemicellulose

and lignin, that will be described in more detail below.

Cellulose

Cellulose is a linear and unbranched polymer comprised of repeating D-glucopyranose

units linked together by a β-(1→4)-glycosidic bond, as shown in Fig. 2.7. As the most

abundant polymer in nature, cellulose is found primarily in the cell walls of plants

together with hemicelluloses and lignin, and accounts for 40-45% of the dry substance

in most pulpwood species [22]. The strong inter and intramolecular hydrogen bonding

between the hydroxyl groups contributes to the stiffness of the chain. These bonds

result in the cellulose chains aggregating to form microfibrils, which have both a highly

ordered crystalline region and a less ordered amorphous region.

15



Fig. 2.7. A cellobiose unit showing the β-(1→4)-glycosidic bond.

Microcrystalline cellulose (MCC) is a partially depolymerized cellulose prepared by

mild acid hydrolysis, where the crystallites are released due to the hydrolysis of

highly reactive amorphous regions. MCC is commonly used as a stabilizer, thickener,

emulsifier and binding agent in cosmetics and personal care products and in the food

and beverage and pharmaceutical industries. Several MCC filtration studies have

been conducted to determine its local filtration properties: Mattsson et al. observed

the formation of compressible filter cakes during the dead-end filtration of MCC

suspensions [23,24], while Zhou et al. investigated the effects of pH and cross-flow

regime on the fouling characteristics of MCC during cross-flow MF [25,26].

Hemicellulose

Hemicelluloses are linear or branched heteropolymers of much shorter length than

cellulose, i.e. they have a lower degree of polymerization. In contrast to cellulose,

which has a crystalline structure, hemicelluloses have a random and amorphous

structure that can be easily hydrolyzed by acids into their monomeric components of

D-glucose, D-galactose, D-mannose, D-xylose and L-arabinose. Xylans are the most

common hemicelluloses present in hardwoods, while glucomannans are predominant

in softwoods.

In the Kraft pulping process, hemicelluloses typically end up in the recovery boiler

for energy generation despite their relatively low heating value [27]. This means

that it is potentially more beneficial to recover hemicelluloses and utilize them in the

production of bio-based materials. Studies on the recovery of hemicelluloses using

MF and/or UF have been carried out on process waters from thermomechanical pulp

mills [28,29], spent sulfite liquors [30] and wheat bran using heat pretreatment [31].

Although these studies were successful in isolating and purifying hemicelluloses, the

decline in performance due to membrane fouling remains to be addressed.
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Lignin

Lignin is an amorphous, heterogeneous polymer with randomly cross-linked

phenylpropane units. It makes the cell wall hydrophobic and provides stiffness by

fixating cellulose and hemicellulose in a rigid matrix. It also serves as a barrier against

microbial and environmental degradation. The β-O-4 linkage in lignin is the most

important chemical bond between its phenylpropane units, also known as monolignols.

The three main monolignols present in lignin are p-coumaryl alcohol, sinapyl alcohol

and coniferyl alcohol (Fig. 2.8).

Fig. 2.8. The three main monolignols found in lignin and their respective lignin structural

units.

The structure and composition of lignin are highly dependent on the type of wood used.

Softwoods have an HG-type of lignin, with more guaiacyl (G) units and trace amounts

of p-hydroxyphenyl (H) units, thus making coniferyl alcohols the predominant building

block in softwood lignin (90-95% of total lignin source). In contrast, hardwoods have

a GS-type of lignin comprised of different proportions of guaiacyl (G) and syringyl (S)

units, with sinapyl alcohol being 50-75% of the total lignin source.

Kraft lignin, an industrial lignin obtained from Kraft pulp, has been investigated for its

fouling behavior by Mattsson et al. [32,33]. They found that a 10-fold increase in the

fluid shear stress was required to remove fouling layers formed closer to the membrane

than those formed on the surface of the cake [32]. At different TMPs, the thickness of

the cake layers formed increases with increasing TMP [33].
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3 | Fluid Dynamic Gauging

Membrane fouling behavior is typically characterized in terms of decline in permeate

flux or increase in TMP. These parameters do not, however, provide direct and reliable

measures of the thickness, composition and type of membrane fouling. Advanced

techniques that employ in situ and real-time monitoring of the development of fouling

layers are therefore necessary to provide hydrodynamic information of both the fouling

behavior and the properties of the layers formed.

Numerous in situ techniques have been developed over the years to investigate

the formation of fouling layers: these include direct observation [34], laser-based

techniques [35], confocal laser scanning microscopy [36], ultrasonic time domain

reflectometry [37], nuclear magnetic resonance imaging [38], small angle x-ray

scattering [39], electrical impedance spectroscopy [40] and fluid dynamic gauging

(FDG) [41]. These techniques differ in their operating principles, measurement

capabilities, limitations and potential applications [42]; careful assessment of their

cost, operability, accuracy and versatility [43] is therefore important when selecting

the most suitable technique.

Among the available in situ techniques mentioned above for monitoring membrane

fouling, FDG offers unique information that other techniques cannot attain. This

real-time monitoring technique provides an indication of the thickness and strength

properties of fouling layers. FDG is a relatively inexpensive technique applicable

for different types of fluids and involves minimal sample preparation: it is an ideal

way of making measurements in industrial membrane operations since it can be fully

automated. This technique was first developed by Tuladhar et al. for measuring

the local thickness of soft deposits on solid surfaces [41]. Since then, FDG has been

developed extensively for monitoring fouling behavior during membrane filtration

[44,45].

3.1 Theory and Principles

The governing principle behind FDG is based on fluid mechanics, whereby a pressure

drop is generated due to flow constriction between the tip of a nozzle and the surface

of a fouling layer when fluid is withdrawn through the probe, as illustrated in Fig. 3.1.

The pressure drop over the FDG probe, dp, is measured by taking arbitrary points in

the surrounding liquid region and down the length of the gauge tube away from the
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Fig. 3.1. Schematic diagram of the FDG probe over a fouled membrane surface. The probe

consists of a gauge tube with a tapered nozzle, where d is the inner diameter of the gauge

tube (d = 3 mm) and dt is the inner diameter of the nozzle orifice (dt = 0.5 mm). mg is the

gauging mass flow rate, dp is the pressure drop over the probe, h0 is the gauge height above

the membrane and h is the gauge height above the fouling layer.

nozzle opening. As the probe approaches the surface of the fouling layer, the fouling

layer thickness, δ, is estimated using the dp values a known position of the membrane.

The fouling layer thickness, δ, is given by Eq. 3.1:

δ = h0 − h (3.1)

where h is the gauge height above the fouling layer and h0 is the gauge height above

the membrane.

An example of experimental data for the response recorded during FDG measurements

of a pristine (unfouled) membrane and a fouled membrane is shown in Fig. 3.2. The

non-linear wall response for the pristine membrane can be divided into two zones:

asymptotic (h/dt > 0.25) and incremental (h/dt ≤ 0.25). In the former zone, low

and relatively constant dp values are measured, while a sharp increase in dp values is

observed as h/dt decreases in the latter zone. When FDG thickness measurements are

conducted on a fouled membrane, the difference inh/dt values of the fouled membrane

and the pristine membrane represents the thickness of the fouling layers formed, where

a larger difference corresponds to a thicker fouling layer.

The cohesive and adhesive strength of fouling layers formed can be estimated

simultaneously with FDG thickness measurements. As the probe is moved closer
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Fig. 3.2. An example of experimental dp vs. h/dt data of the position of a pristine membrane

and the response of a fouled membrane. h/dt = 0.25 marks the boundary between the

incremental and asymptotic zones of the pristine membrane.

to the surface of a fouling layer, fluid shear stress is exerted on the surface by the probe,

which allows the shear-induced removal of fouling layers to be tracked. The maximum

shear stress, τw,max, can be estimated using Eq. 3.2, with the assumption of a creeping

concentric flow between parallel plates:

τw,max =
6µmg

πρh2
· 1

dt
(3.2)

where µ is the dynamic viscosity of the fluid, mg is the gauging mass flow rate, ρ is the

density of the fluid, h is the gauge height above the fouling layer and dt is the inner

diameter of the nozzle orifice.

τw,max provides an indication of the shear stress required to shear off individual cake

layers, thereby allowing the local cohesive or adhesive strength of the cake to be

estimated. τw,max is in the region directly underneath the inner edge of the nozzle rim

at a radial distance dt/2 from the central axis of the gauge tube.

3.2 Modes of Operation

There are two modes of operation for conducting FDG measurements: the mass flow

and the pressure mode. The main difference between them is the parameter that is

kept constant: either the differential pressure, dp, or the gauging flow rate, mg.
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Mass flow mode

In mass flow mode, mg is regulated in order to keep dp constant when the thickness

of a fouling layer is estimated by lowering the probe towards the fouled layer. This

mode is the original configuration when Tuladhar et al. developed the technique [41].

However, filtration systems in mass flow mode cannot be operated at higher pressures

since the flow is discharged at ambient conditions. In addition, it is difficult to control

the rate at which the gauge fluid is withdrawn while maintaining a constant pressure

head.

Pressure mode

The pressure mode involves dp being regulated in order to keep mg constant when

the probe is lowered towards the fouling layer. This is the preferred mode for fouling

studies in flowing environments: significantly higher pressures can be applied and the

overall flow conditions are preserved due to the controlled rate of fluid withdrawal

[46]. The studies presented in this thesis employed pressure-mode FDG, where the

thickness estimations are made by measuring dp while fluid is being withdrawn through

the probe at a constant mg.

3.3 Previous FDG Studies

Quasi-static FDG

Tuladhar et al. initially developed FDG to investigate the fouling behavior of soft films

of butter, adhesive foam-based tape and deposits of whey protein on a stainless-steel

plate [41]. Their experimental tests were carried out in a quasi-static system, where

the fouled surface is placed in a vessel filled with a liquid that has no bulk movement

and the gauge fluid is withdrawn by means of a siphon effect.

Quasi-static FDG studies were also conducted by Chew et al. on non-Newtonian

fluids using a test rig with an FDG probe that can be moved along an axis parallel to

the surface, where a fixed hydrostatic head induces fluid flow into the probe that is

positioned normal to the surface of interest [47]. Chew et al. confirmed the possibility

of tracking the shear-induced removal of tomato paste from a stainless-steel substrate

by generating shear as fluid is withdrawn through the probe [48]. In further studies,

quasi-static systems were investigated for solvent-based cleaning of polymeric fouling

[49] and biofilm adhesion on different surfaces [50].
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Scanning mode FDG is an adaptation to quasi-static systems that allows different areas

of a fouled surface to be analyzed by moving the probe along x and y-axes [51]. This

FDG configuration was used to study enzyme-based cleaning of gelatin films and egg

yolk [52]. Another adaptation to quasi-static systems was made by Yang et al., who

studied the adhesion of petroleum jelly to a stainless-steel surface using zero discharge

FDG (pressure-mode) [53].

A combination of experimental methods and computational fluid dynamics (CFD) was

employed in predicting shear stress distributions [47,48] and selecting an appropriate

nozzle design from different nozzle geometries for a particular application [54,55].

Duct flow FDG

Further studies conducted by Tuladhar et al. simulated whey protein fouling in heat

exchangers by using a heat transfer module with an attached FDG probe. They worked

in a duct flow environment, where a plate assembly separates liquids flowing in ducts

with a square cross-section. The FDG gauge was operated in mass flow mode and a

heat flux sensor was incorporated to monitor the thermal resistance of the fouling layer

[56,57]. Inorganic scaling of stainless-steel plates [58] and protein fouling [59] were

also investigated in duct flow environments. Gu et al., who demonstrated the first use

of pressure-mode FDG, performed CFD simulations for duct flow systems and found

good agreement between the predicted and experimental data [60]. Further FDG

studies were conducted for applications to annular flow sections in heat exchangers

[61,62].

Membrane FDG

FDG was expanded further to membrane fouling studies for measuring the thickness of

model materials. Chew et al. investigated particle fouling during dead-end filtration

of glass ballotini suspensions [44]. Jones et al. were the first to perform FDG studies

during cross-flow MF (mass-flow mode) of sugar beet molasses using PSU membranes

at high CFV under turbulent conditions [63,64]. In contrast, Lister et al. used a duct

flow FDG, operated under laminar flow conditions, to perform cross-flow membrane

filtration (pressure-mode FDG) of spherical glass beads [65].

Other membrane FDG studies have also investigated model materials such as yeast

suspensions [66], synthetic microparticles [67], Kraft lignin [32,33] and MCC [25,26],

which demonstrate the versatility of this technique for different kinds of foulants. In
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more recent FDG studies, Tsia et al. developed the sideways fluid dynamic gauging

concept to track in situ and in real-time the changes in the thickness of soft solid

layers whose properties change significantly on contact with liquid [68,69]. They also

incorporated an inductive proximity sensor, placed in a convergent FDG nozzle, to

determine the distance between the tip of the nozzle and the fouling layer formed from

a metallic substrate [70]. These membrane studies have applied FDG successfully to

membranes and porous surfaces in a flowing environment. However, a more detailed

understanding of the fouling mechanisms is necessary.

In the membrane FDG studies presented in this thesis, pressure-mode FDG was

employed to investigate the fouling behavior of lignocellulosic feed materials on

flat sheet polymeric membranes: STEX liquors on PSU membranes in Paper I and MCC

suspensions on PES membranes in Paper II.
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4 | Materials and Methods

4.1 Raw Materials

Polymeric membranes

Flat sheet polymeric membranes of different pore sizes were used in the two studies: a

10 kDa PSU membrane and a 0.45 µm PES membrane in Papers I and II, respectively. A

permanently hydrophilic PSU membrane (UFX10 pHtTM, Alfa Laval), with a pure water

flux of 412–466 L m−2 h−1 at 400 kPa TMP, was used in the cross-flow UF experiments

in Paper I. This membrane has an asymmetric configuration, with a thin PSU skin layer

placed above a non-woven, polypropylene support layer. In Paper II, a hydrophilic PES

membrane (Supor®, Pall Corporation), with a pure water flux of 3.5·104 L m−2 h−1

at 70 kPa TMP, was mounted for the cross-flow MF experiments. Both PSU and PES

membranes were cut to dimensions of 200 mm x 30 mm (L × W) to fit into a cross-flow

filtration cell with an active membrane surface area of 2.4·10−3 m2 (150 mm × 16

mm).

Softwood chips

Industrially-cut softwood chips sourced from a pulp mill in the southern part of Sweden

were used as the raw material for the cross-flow UF experiments in Paper I. The wood

chips were comprised of∼75% Norway spruce (Picea abies) and∼25% pine (Pinus

sylvestris), which were dried at ambient temperature and pressure.

Microcrystalline cellulose

Commercially-available MCC (Avicel® PH-105, FMC Biopolymers) was selected as the

model material for the cross-flow MF experiments in Paper II. The nominal particle

size of MCC was specified by the manufacturer to be 20 µm.

4.2 Feed Preparation

Steam explosion liquor

Prior to being subjected to a mild steam explosion (STEX) process, the wood chips

were sorted manually, which included the removal of bark and knobs, to achieve a

more uniform size distribution. The smallest wood chip had dimensions of about 17
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mm × 20 mm × 2 mm (L × W × H), while the largest was about 60 mm × 45 mm × 6

mm. An amount of 500 g (dry basis) of sorted wood chips was immersed in deionized

water in a closed vessel, and then impregnated by applying vacuum for 5 min, followed

by applying 500 kPa of nitrogen gas for a further 5 min. The chips were left under

pressure for 2–3 h and the water was drained before being placed in the STEX reactor.

The STEX equipment used, and its operating procedures, have been described by

Jedvert et al. [71]. The STEX treatment conditions were kept mild to limit degradation

of the wood components caused by acid hydrolysis [72]. The STEX operation was

performed using saturated steam at 700 kPa (∼165 ◦C) for 20 min to extract a

hemicellulose-rich fraction, i.e. the feed material for the cross-flow UF. This STEX

liquor was separated from the steam-exploded wood chips by filtering through a

Büchner funnel with a plastic grid mesh (< 1 mm openings). 1.5–2 L of STEX liquor

were collected for every 500 g of wood chips processed and for each cross-flow UF

experiment, two batches of STEX liquors were mixed. The STEX liquors were then

cooled to room temperature and stored at 5 °C before the cross-flow UF experiments

were undertaken.

Microcrystalline cellulose suspension

A dilute suspension with a solids content of 0.15 vol% was prepared by suspending

9.80 g of MCC in 4 L deionized water. Measurements made on the same batch of MCC

showed that its specific surface area and solid density were 2.1 m2 g−1 and 1560 kg m−3,

respectively [73]. Prior to each cross-flow filtration experiment, the MCC particles

were subjected to mechanical pretreatment by homogenizing the dilute suspension in

a 5 L baffled feed tank using an IKA Ultra-Turrax® T50 with an S50 N-G45F dispersing

element at a rotational speed of 10 000 rpm for 15 min. Consistent swelling of the

particles was ensured by stirring the suspension constantly for a minimum of 12 h,

using a pitched two-blade impeller, at an ambient temperature of 22-23 °C and at its

unadjusted pH of 6.2. For each cycle of cross-flow MF, the mechanically-pretreated

suspension was diluted further to a concentration of 0.02 vol% and four 5 L suspensions

were prepared for each MF sequence.

4.3 Cross-flow Filtration Rig

A bench-scale, stainless-steel cross-flow filtration test rig was used in all cross-flow

filtration experiments: Fig. 4.1 shows the test rig equipped with a flow cell and an FDG

probe. The flow cell has a rectangular channel with dimensions of 150 mm × 16 mm ×
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15 mm. The FDG probe is a gauge tube with a tapered nozzle; the inner diameter of the

tube, d, is 3 mm and the inner diameter of the nozzle orifice, dt, is 0.5 mm. The location

of the probe was fixed at the center of the flow channel and its vertical movement was

controlled by a stepper motor attached to a linear guide rail (NanotecST4209S1006-B);

its minimum linear movement is 0.31 µm. The membrane was mounted at the bottom

of the flow cell with two supporting layers placed underneath to secure its position. A

porous polypropylene sheet was positioned directly underneath the membrane which,

in turn, was supported by a perforated stainless steel slab with holes 2 mm in diameter.

Fig. 4.1. Schematic diagram of the modified cross-flow filtration test rig showing the different

process streams: feed, permeate, retentate and gauge fluid.

Technical specifications

The test rig was operated in a feed-and-bleed configuration, whereby the feed material

was circulated through the test section by the feed pump (GB-P35.PVS.A.B1, Ismatec)

at a constant CFV and the retentate was recycled back to the inlet of the feed tank. The

feed material was placed in a 5 L baffled feed tank stirred at∼300 rpm by a pitched

two-blade impeller. The TMP was regulated by the needle valve V3. A precision balance

(Quintix®3102-1S, Sartorius) was placed below the flow cell to collect the permeate

at atmospheric pressure. The gauging mass flow rate during FDG measurements was

maintained by the gauge pump (DBS.11EEET2NMM104, Tuthill). A 3-way tee union,

a 12 mm ball valve (V7) and a separate tank for deionized water were introduced in

Paper II to simplify the changing procedure of the feed material and to prevent air

bubbles from entering into the system.
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Data acquisition

Data acquisition and control of the filtration test rig was made via a data-logging

computer system based on LabVIEWTM (National Instruments): a detailed description

of its automation can be found elsewhere [43]. Pressure transducers measured the

TMP (PXM419-010BA10V, Omega Engineering) and dp (PX419-2.5DWUV, Omega

Engineering, accuracy of ± 0.08% best fit straight line). The position of the probe was

monitored by a potentiometer (534, VishaySpectrol) and a linear variable differential

transformer (LVDT) (SM-series LVDT, Singer Instruments) with an accuracy of ± 0.5

µm. A Coriolis flowmeter (Mini CORI-FLOW, Bronkhorst) measured and controlled

the gauging mass flow rate during the FDG measurements. The precision balance

(Quintix®3102-1S, Sartorius) monitored the amount of permeate collected.

4.4 Calibration

The thickness of fouling layers formed on the top of a membrane can be estimated from

a series of calibration data to determine the relationship between dp and the distance

of the FDG probe to the membrane surface. During FDG calibration, a solid plate

was mounted in the flow cell instead of a membrane. Deionized water was circulated

throughout the test section and the nozzle tip of the probe was brought into contact

with the metal segment of the plate. The position at which the probe contacted the

metal segment was verified by measuring the electrical resistance with a multimeter.

At this position, the distance of the probe from the surface was set to zero. The probe

was then moved by small increments away from the plate and, at each stop, dp was

measured. This was repeated until the point when the resistance became infinity, and

this position was then set as the reference point.

The calibration curve was generated by logging the dp readings at a range of normalized

probe distances, h0/dt, until dp reached 100 mbar. Using the Curve Fitting ToolboxTM in

MATLAB, a function was derived from the data values in the incremental zone, h0/dt ≤
0.25.

In Paper I, the calibration data was taken from earlier work [25,26]. Their master

calibration curve equation is given by Eq. 4.1 thus:

dp = c1exp

(
c2
h/dt

)
+ c3exp

(
c4
h/dt

)
(4.1)
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where c1 = 1135, c2 =−1.58, c3 = 2.58, c4 = 0.30 and R2 = 0.99.

A set of experimental calibration data was recorded in Paper II, operated at the

following cross-flow conditions: TMP = 40 kPa, CFV =∼0.07 m s−1 and mg = 0.1 g

s−1. The master calibration curve equation is given by Eq. 4.2 as:

dp = c1

(
h

dt

)c2

+ c3 (4.2)

where c1 = 0.098, c2 =−2.267, c3 = 4.703 and R2 = 0.999.

The exact position of the membrane had to be verified experimentally for each filtration

experiment. The dp vs. h0/dt values from the membrane calibration curve were

superimposed onto the master calibration curve by adjusting the measurements with

the h0 offset value, h0,offset, to overlap with the master calibration curve, as shown in

Fig. 4.2. The h0,offset value varies for each experiment and is used to correct for the shift

in the position of the membrane.

Fig. 4.2. Master calibration curve and an example of experimental data for determining the

position of the membrane in which the normalized probe distances, h0/dt, were adjusted using

the h0,offset value.

4.5 STEX Liquor Filtration

The PSU membranes were initially swelled and rinsed in deionized water at least a day

prior to cross-flow UF. An initial feed STEX liquor volume of∼4 L (pH 3.7, 23–25 ◦C)
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was used in all UF experiments. The test rig was operated at the following cross-flow

conditions: CFV =∼0.07 m s−1 (Reduct =∼1200), TMP = 200 kPa± 5% and mg = 0.1

g s−1 (pressure-mode FDG).

Pure water flux and membrane position

The pure water flux of the PSU membrane was verified by circulating 5 L of deionized

water for at least 1 h. The exact position of the membrane was determined by following

the procedures described in Section 4.4 Calibration.

STEX fouling and FDG measurements

After circulating deionized water to determine the pure water flux and membrane

position, the feed line was transferred to the feed STEX liquor. Cross-flow UF was

performed for at least 2 h, with the FDG probe retracted to the top of the flow cell (i.e.

outside the LVDT range) to minimize its disturbance on the formation of the fouling

layer, and no gauge flow in order to conserve the STEX liquor. After an initial 30 or 45

min of fouling, FDG measurements were conducted by lowering the probe towards

the fouling layer in small increments whilst the system was still subjected to UF of the

STEX liquor at a constant gauging mass flow rate of mg = 0.1 g s−1. FDG measurements

were terminated when dp reached 100 mbar. The flux curves were not affected during

FDG measurements; the imprint of the probe was only∼1·10−6 m2 in diameter, which

is significantly smaller than the active membrane area of 2.4·10−3 m2 (150 mm × 16

mm).

The probe was retracted to the top of the flow cell after the first FDG measurements. A

further 30 or 45 min of fouling allowed foulants to redeposit on top of the membrane

and new FDG measurements were conducted thereafter. The STEX fouling and FDG

measurement cycle was continued until at least 2 h of UF had elapsed. At the end of

each cross-flow UF, the permeate and retentate were collected for characterization.

Initial feed STEX samples were also collected prior to cross-flow UF. The test rig was

cleaned after each run by washing each section with dishwasher detergent and water;

deionized water was also recirculated for 0.5–1.0 h to ensure that the system was

cleaned thoroughly.

4.6 MCC Filtration

The cross-flow MF sequence was comprised of four cycles of the following steps:

determining the pure water flux and membrane position, MCC fouling, FDG
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measurements and membrane cleaning and flushing. The cross-flow MF experiments

were conducted with an initial MCC suspension volume of 5 L operated at the following

conditions: CFV =∼0.07 m s−1 (Reduct =∼1200), TMP = 40 kPa± 5% and mg = 0.1

g s−1 (pressure-mode FDG). The fouled PES membrane was collected for scanning

electron microscopy (SEM) imaging at the end of each sequence.

Pure water flux and membrane position

The exact position of the PES membrane was determined according to the procedures

described in Section 4.4 Calibration. The pure water flux of the membrane was verified

by circulating 5 L of deionized water for at least 2000 s (33.3 min).

MCC fouling and FDG measurements

Once deionized water had been circulated, the feed line was diverted to the 0.02 vol%

MCC suspension for at least 3000 s (50 min), with the FDG probe retracted to the top

of the flow cell and no gauge flow. FDG measurements were conducted by approaching

the fouling layer in small increments at a constant gauging mass flow rate of mg = 0.1

g s−1 until a dp of 100 mbar is reached.

Cleaning and flushing of the membrane

The membrane was inspected visually after the first FDG measurements to investigate

the extent of fouling. The fouled PES membrane was cleaned physically by flushing

the fouling layer with deionized water and removing it with a soft-bristled paintbrush.

Deionized water was also circulated for 1800 s (30 min) to remove the remaining MCC

in the test rig.

The cleaned PES membrane was mounted back into the flow cell and a new pure

water flux and membrane position were determined by circulating a fresh set of

deionized water for at least 2000 s (33.3 min). This was followed by 3000 s (50

min) of additional fouling with a fresh 0.02 vol% MCC suspension, which allowed

MCC particles to redeposit on the active membrane surface; FDG measurements were

conducted thereafter. The MF sequence was continued until four cycles had been

completed.

4.7 Characterization of Membranes and Process Streams

After performing the cross-flow filtration experiments, the different process streams
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(feed, permeate and retentate) were analyzed (Paper I) and the pristine and fouled

PES membranes characterized (Paper II). Representative liquor samples were frozen

using liquid nitrogen prior to the membranes and process streams being characterized:

the samples taken were freeze-dried using a FreeZone® TriadTM Freeze Dry System.

Laser diffraction

The feed STEX liquor (heated and non-heated) was analyzed for its particle size

distribution by laser diffraction (Mastersizer 2000, Malvern Panalytical, detection

range of 0.02–2000 µm).

Klason lignin and acid-soluble lignin

The freeze-dried process stream samples were hydrolyzed using 72% sulfuric acid

to obtain the Klason lignin or the acid-insoluble residual material after hydrolysis

[74]. The hydrolysates were analyzed for their acid-soluble lignin (ASL) concentration

using UV absorption at 205 nm (SPECORD®205, Analytik Jena), taking the molar

absorptivity constant of 110 L g−1 cm−1 [75].

High-performance anion-exchange chromatography

The carbohydrate content of the hydrolysates from the Klason lignin analysis was also

determined. The monomeric sugars present in the freeze-dried process stream samples

after hydrolysis were quantified using a Dionex ICS-5000 HPLC system equipped

with CarboPacTM PA1 columns, with NaOH and 0.2 M NaOH/NaAc eluents. This

high-performance anion-exchange chromatography system has a pulsed amperometric

detector and uses the Chromeleon 7 software (Chromatography Data System, Version

7.1.0.898).

Scanning electron microscopy

The freeze-dried membrane samples were coated with gold for 30 s at 60 mA using a

sputter coater (Q150 Plus Series, Quorum Technologies) prior to imaging via SEM. The

sputtered samples were visualized using an SEM (JSM-7800FPRIME, JEOL), equipped

with an upper secondary electron detector at an acceleration voltage of 5 kV, to obtain

their morphological features.
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4.8 Molecular Dynamics Simulations

In Paper II, the experimental FDG technique was complemented with computational

MD simulations to extract information on the fouling mechanisms at the molecular

level [76]. By studying the nano/molecular-scale effects of the foulant-foulant

and foulant-membrane interactions at the membrane-solvent interface, an in-depth

mechanistic understanding of the membrane fouling behavior can be gained.

The atomic configuration of the MD simulation system is described in detail in Paper

II, using an all-atom optimized potentials for liquid simulations (OPLS-AA) as the

force field to describe cellulose [77,78] and the PES membrane [79,80]. The cellulose

structure was modelled from a starting structure of cellulose crystals consisting of eight

anhydroglucose units [81], as shown in Fig. 4.3. Two different types of surfaces were

present in the modelled structure, namely 110 and 200, within which the interactions

between the 110–110, 110–200 and 200–200 planes were considered [82].

Fig. 4.3. A cellulose crystal, comprised of eight anhydroglucose units, and its respective faces.

Fig. 4.4 shows the PES polymer chain that was modelled by repeating 200 monomer

units. The density of the modelled PES polymer was 1.34 g cm−3, which was close to

the 1.37 g cm−3 experimental value reported by Barth et al. [83].

The potential of mean force (PMF) as a function of the interparticle distance (reaction

coordinate) was calculated by employing the weighted histogram analysis method

(WHAM) [84]. The interactions of the two systems in water, i.e. (1) cellulose-cellulose

and (2) cellulose-PES membrane, were determined using umbrella sampling (US)

conducted at 300K and 320 K. In the former system, two cellulose crystals were placed

in a simulation box of size 5.10× 10.36× 3.19 nm3 at a certain interparticle distance,
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Fig. 4.4. A PES membrane formed by repeating 200 monomer units (shown within brackets).

which was then filled with the required number of water molecules. One crystal was

used as a reference while the other was pulled towards it with force constant of 65000

kJ mol−1 nm−1. In the latter system, the PES membrane was placed in a computational

box of 3.20× 4.68× 12.00 nm3 and a cellulose crystal was placed 2.1 nm from the

membrane surface. The box was also then filled with the required number of water

molecules and the US was initiated by pulling the cellulose crystal towards the PES

membrane at a constant velocity of 0.005 nm ps−1 with a force constant of 65000 kJ

mol−1 nm−1. The configurations in both systems were stored at 0.05 nm intervals and

6 ns sampling time.

Using the US method, the entropy was calculated from ∆G at each interparticle

separation, r, taking the finite difference temperature derivative of PMF, with T = 300

K and ∆T = 20 K. The entropy is given by Eq. (4.3) [85]:

−∆S(r) =
∆G(r, T + ∆T )−∆G(r, T )

∆T
(4.3)

The enthalpic contribution to the free energy, ∆H, was calculated using Eq. (4.4):

∆H = ∆G+ T∆S (4.4)
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5 | Results and Discussion

5.1 Characterization of Process Streams

The different process streams (feed, permeate and retentate) in Paper I were

characterized using various analytical techniques. The particle size distribution,

the carbohydrate and lignin content of the feed STEX liquors and the membrane-

fractionated samples are presented in the following section.

Particle size distribution

The volume-based size distribution of the particles and agglomerates in the feed STEX

liquor is shown in Table 5.1 and Fig. 5.1. The feed STEX liquor was heated under

stirring to 40 °C after being stored at 5 °C and three repeated measurements from

the same feed STEX liquor were performed. Fig. 5.1 shows that two distinct peaks

were detected at∼0.2 µm and∼70 µm, with distributions of 0.5 vol% and 4.4 vol%,

respectively. The peak at∼70 µm is also closest to the D50 value of 43.1 µm.

Table 5.1. Size distribution of the particles and agglomerates present in the feed STEX liquor.

Sample D10[µm] D50[µm] D90[µm]

STEX liquor* 2.3 43.1 183.8

* heated to 40 °C

Fig. 5.1. Size distribution of the feed STEX liquor heated to 40 °C [86].
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Composition

Table 5.2 reports the carbohydrate and lignin content of the process streams in Paper I,

with values given in wt% of the freeze-dried samples. The composition of the feed STEX

liquor was similar to that obtained in an earlier work on the membrane fractionation of

STEX liquor by Mattsson et al. [87]. Their results showed an increase in the arabinose

content and a decrease in the mannose content from the feed STEX liquor to the

permeate stream, both of which were observed for all runs in this study, too. Arabinose,

as a side chain of the hemicellulose xylan, can be cleaved from the backbone making

it prone to autohydrolysis, thus forming smaller species that can accumulate on the

permeate side. Dissolved extractives [88], fatty acids and other organic compounds

[89] may be present both in the feed STEX liquor and the membrane-fractionated

samples, and thereby account for the remaining percentage of the composition.

Table 5.2. Composition of anhydrosugar and lignin content in the feed and membrane-

fractionated STEX liquor samples in [wt%] [86].

Sample
Run

No.
Arabinose Galactose Glucose Xylose Mannose

Klason

lignin
ASL Total

Feed STEX liquora 8.9 5.4 5.8 6.5 20.0 12.4 2.5 61.5

Feed STEX liquorb 1 10.1 6.2 6.5 7.5 23.2 14.7 3.3 71.5

Permeate 1 15.3 5.6 4.2 9.7 15.8 12.0 3.5 66.1

Feed STEX liquor 2 9.4 5.3 6.5 7.3 20.7 13.3 3.5 66.0

Retentate 2 9.0 5.1 6.0 7.2 20.5 13.0 3.2 64.0

Permeateb 2 16.5 4.8 3.4 8.0 12.7 10.9 5.8 62.1

Feed STEX liquor 4 8.3 5.7 6.8 8.0 24.5 11.0 3.2 67.5

Retentate 4 8.2 5.6 6.7 7.8 23.5 16.3 3.1 71.2

Permeate 4 10.7 4.9 5.3 9.1 20.5 8.6 4.2 63.3

Retentate 5 8.3 5.5 6.7 7.7 23.5 11.0 2.8 65.5

Permeate 5 11.0 5.3 5.7 8.8 21.3 9.4 4.0 65.5

a same sample analyzed for particle size distribution
b calculated average of two measurements

5.2 Characterization of Fouled Membranes

Zhou et al. [26] made a characterization on the same batch of MCC as used in this work

and measured the zeta potential and the surface morphology of the PES membrane by

streaming potential measurements and using atomic force microscopy. At pH levels of

5.8 and 5.6, the zeta potential of the PES membrane was−87± 0.3 mV and−74±
0.5 mV, respectively. The membrane had a root-mean-square surface roughness, Rq, of

328± 36 nm, while its arithmetic mean surface roughness, Ra, was 260± 35 nm.

The surface topographies of the pristine and fouled PES membranes in Paper II are
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shown in Fig. 5.2. Comparing the top surface of the pristine and fouled membranes

(Figs. 5.2a and c), open pores were observed in the former and partially blocked pores

in the latter, despite this membrane being cleaned physically. This blocking of surface

pores confirms the formation of cake layers and provides an indication of irreversible

fouling (intermediate and/or complete blocking) during cross-flow MF. On the other

hand, open pores were observed on the bottom surface of both pristine and fouled

membranes (Figs. 5.2b and d), indicating that it is less likely that MCC particles had

passed through the membrane, and that pore blocking of the membrane may not have

occurred. If some smaller particles entered the pores of the membrane, it seemed

that they just passed through, partly due to the weak interaction with the membrane

material and partly because the membrane have larger pore sizes on the permeate side

(i.e. asymmetric membrane).

Fig. 5.2. SEM micrographs of the PES membranes at 2500x magnification. Pristine membrane:

(A) top and (B) bottom surfaces. Fouled membrane: (C) top and (D) bottom surfaces.

5.3 Flux Profiles

STEX liquor filtration

Cross-flow UF experiments were performed to investigate the fouling behavior of the

STEX liquors presented above. The superimposed curves of pure water and permeate

flux are shown in Fig. 5.3, with TMP kept constant at 200 kPa ± 5%. A relatively
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broad range of pure water flux values, from 160 and 360 L m−2 h−1, was measured

between individual runs (Fig. 5.3a). This variation in flux values is probably due to the

amount of residual foulants in the test rig varying between runs. Immediately after

changing the feed material from deionized water to STEX liquor, a massive decline

in the permeate flux was observed (Fig. 5.3b), with flux values dropping to < 15

L m−2 h−1 by the time the first FDG measurements were made. This shows that a

polarization/cake layer (i.e. fouling layer) with a high flow resistance was formed

and/or internal pore fouling occurred very quickly. The flux values declined gradually

at the latter part of the UF and, after 120 min of cross-flow UF, the permeate flux values

for Runs 2, 3, 4 and 5 were 5.6, 8.0, 7.4 and 5.7 L m−2 h−1, respectively. There may

be several reasons for this slow decrease in flux (i.e. increase of flow resistance): the

slow growth of the polarization/cake layer, the rearrangement of this layer above the

membrane and the slow increase of internal fouling.

It should be noted that there were fewer data points for Runs 1 and 3: results from Run

1 were calculated manually with longer time intervals, using a less precise precision

balance (PB3002-S, Mettler Toledo). In the case of Run 3, only flux values between 75

and 150 min were considered because the contact of the flow cell permeate tube with

the permeate container resulted in unstable weight readings. Despite these limitations,

the permeate flux curves for all runs nevertheless showed a consistent trend.

Fig. 5.3. Flux curves versus filtration time for Runs 1 to 5 showing (a) the pure water flux and

(b) the permeate flux of a PSU membrane during cross-flow UF at 200 kPa TMP. Dashed lines

indicate the start of FDG measurements. N.B. Run 1 had time intervals of 45 min [86].

MCC filtration

Fig. 5.4 shows the pure water and permeate flux curves of the pristine, fouled and

cleaned PES membranes for each cycle of the cross-flow MF experiments in Paper
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II. A gradual decline in the pure water flux of the pristine membrane was observed

after circulating deionized water for 2000 s (33.3 min): the flux values decreased

from 2.53·104 L m−2 h−1 to 2.45·104 L m−2 h−1. When the feed line was diverted from

deionized water to MCC suspension, a sharp decline in permeate flux was observed

immediately, indicating that the deposition of initial foulants caused a high flow

resistance at a constant TMP. After 3000 s (50 min) of MCC fouling, the flux values

dropped to around 500 L m−2 h−1 or∼2% of the initial pure water flux of the pristine

membrane.

Fig. 5.4. Flux vs. filtration time for the cross-flow MF sequence of MCC suspensions. Dashed

lines indicate membrane cleaning and flushing procedure.

The particle size distribution of mechanically-treated MCC suspensions was determined

by Lidén et al. [16] using laser diffraction. Their results on the same batch of MCC

indicate that the nominal pore size of the PES membrane is significantly smaller than

almost all MCC particles: this suggests that the formation of a cake layer is the primary

fouling mode, as MCC particles were deposited on top of the PES membrane (i.e. MCC

particles were retained on the feed side). However, this does not exclude the internal

blocking of pores since smaller particles may pass through larger pores, as the sizes

indicated were all nominal. But, as mentioned above, no signs of internal pore blocking

could be detected when the membranes was characterized.

A successive reduction in the pure water flux was observed after each membrane was

subjected to the cleaning and flushing procedure, as seen in Fig. 5.4. Despite the

thoroughness in the cleaning procedures, an increase in flow resistance after each MF

cycle suggests the presence of irreversible fouling, hindering the flow of liquid due

to MCC particles being bound strongly to the membrane (at least partly intermediate
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and/or complete blocking as described above). It is nevertheless interesting to note

that, despite the large differences in the pure water flux, the trend of the permeate flux

decline was not only consistent but also did not appear to have been influenced by the

initial flux or the fact that the membrane was partially fouled.

The pure water flux declined gradually while deionized water was circulated

throughout the test rig in both the STEX liquor (Paper I) and MCC suspension (Paper

II) studies. This gradual decline may indicate the presence of residual foulants from

earlier experiments, as Zhou and Mattsson [25] observed for dilute MCC suspensions.

However, the differences in the initial pure water flux had a minimal influence on the

permeate flux decline during cross-flow filtration, reaching similar flux values by the

end of filtration in both the UF and MF studies.

Based on the permeate flux curves, severe fouling of the PSU and PES membranes

may have occurred in different modes (e.g. cake formation, polarization layer

and/or pore blockage) [15]. These fouling modes may occur simultaneously, so

further investigation is therefore necessary to build an in-depth understanding of the

contribution of each mechanism.

5.4 FDG Profiles

STEX liquor filtration

The dp vs. h/dt profiles obtained during cross-flow UF of STEX liquors at 200 kPa

TMP are presented in Fig. 5.5. The FDG measurements made with deionized water

for determining the membrane position of a pristine membrane without any fouling

layer, shown as filled black squares (�), followed a consistent trend: a baseline dp in

the asymptotic zone (h/dt > 0.25) and a sharp increase in dp in the incremental zone

(h0/dt ≤ 0.25) as the probe approaches the membrane.

An increase in dp further away from the pristine membrane corresponds to a thicker

fouling layer. The thickness of a fouling layer is the difference in h/dt values of the

pristine membrane and the measurements made after 30 or 45 min of fouling (including

measurements after 30 or 45 min of additional fouling). Although the thickest fouling

layers were observed after the first measurements, as seen in all five profiles, they

became continually thinner after a series of additional fouling and measurements.

One possible reason for this response is that the build-up of fouling layers was faster

initially due to higher permeate flow at the start of cross-flow UF, as seen in the flux

curves in Fig. 5.3. After the first measurements had been made, some of the deposited
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Fig. 5.5. FDG profiles showing the differential pressure, dp, and the normalized probe

distances, h/dt, during cross-flow UF of STEX liquors at 200 kPa TMP. (a) Run 1, (b) Run 2, (c)

Run 3, (d) Run 4 and (e) Run 5. N.B. The x-axis for the pristine membrane curve (�) is h0/dt
due to the absence of a fouling layer [86].

materials were sheared off. However, no new additional deposition was observed at

lower permeate flows because stronger shear forces hindered the build-up of fouling

layers at the same impact area of the FDG probe. Consequently, the decrease in the

thickness of the fouling layer is maybe caused either by a smaller tendency of materials

to accumulate at the membrane surface after a massive drop in permeate flux or the

rearrangement of particles/molecules in the layer.

The later FDG measurements in Runs 1, 3 and 4 (Fig. 5.5a, c and d) almost resembled
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the pristine membrane curve, with only slight differences at higher dp values. The

sharper increase of the response may have been caused by the entrapment of particles

between the tip of the FDG probe and the fouling layer/membrane surface, which is

supported by an increasing dp value even at a constant probe position (< 100 µm).

When foulants were dislodged from underneath the probe tip, a sudden drop in dp was

observed, which made it difficult to determine the actual thickness of the fouling layers

and hindered the estimation of their strength properties.

All of the fouling measurements made in Runs 2 (Fig. 5.5b) and 5 (Fig. 5.5e) were

shifted to the right, indicating that the PSU membrane might have moved above its

known position during STEX liquor UF. One probable cause of this shift is when a

surge in TMP was observed whilst the feed material was being changed from deionized

water to STEX liquor. This was rectified in Paper II by modifying the filtration test rig to

maintain a constant TMP throughout the entire cross-flow filtration operation.

MCC filtration

The thickness and strength properties of MCC fouling layers during cross-flow MF at

40 kPa TMP were determined using the FDG probe as it approached the surface of the

fouling layer. The dp vs. h/dt profiles during the cross-flow MF sequence are shown in

Fig. 5.6. The response during FDG measurements on a pristine membrane without any

fouling layer, shown by filled black circles (•), were similar to those obtained in the UF

case presented above, with a baseline dp in the asymptotic zone (h/dt > 0.25) and a

sharp increase in dp in the incremental zone (h0/dt ≤ 0.25).

The thickness of the fouling layer is calculated from the difference in h/dt values of the

pristine membrane and the 3000 s (50 min) MCC fouling (with and without flushing),

where a larger difference in h/dt translates to a thicker fouling layer. From the MCC

fouling curves, the initial FDG measurements resembled the pristine membrane up

until h/dt = 1.50 but, as the probe was moved closer to the fouling layer, a gradual

increase in dp was observed. At h/dt = 1.20–1.50, the increase in flow resistance

is may be the result of an increased concentration of MCC particles exactly above

the membrane (i.e. concentration polarization), leading to increased viscosity of the

suspension. Below h/dt = 1.20, the formation of a cake layer is the primary reason for

the increased flow resistance. A much sharper increase in dp values was observed at

h/dt<0.50, but the values did not converge with the pristine membrane measurements.

This non-convergence demonstrates the resilience of cake layers formed close to the

surface of the PES membrane.
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Fig. 5.6. FDG profiles showing the differential pressure, dp, and the normalized probe

distances, h/dt, during cross-flow MF of the MCC suspension at 40 kPa TMP. N.B. The curves

for the membrane position after each cleaning and flushing of the PES membrane were

excluded.

The FDG profiles after each fouling and cleaning cycle revealed cake fouling layers of

similar thicknesses. This similarity in response, despite the large variation in initial

pure water flux, may indicate that the increased resistance of the membrane did not

affect the formation of the cake layer virtually. The sum of the membrane and cake

resistance (total resistance), Rm+c, can be calculated using Darcy’s Law, shown in Eq.

5.1:

Rm+c =
TMP
Jµ

(5.1)

where J is the flux and µ is the dynamic viscosity of the fluid.

Fig. 5.7 shows the total resistance, Rm+c, plotted against filtration time. A massive

surge in Rm+c was observed during MCC fouling, with resistance values reaching

beyond 3·108 m2 L−1. After each cycle of membrane cleaning and flushing, Rm+c

increased gradually whilst deionized water was being circulated: this suggests the

presence of irreversible fouling as MCC particles are retained and accumulate on the

feed side of the PES membrane (cf. membrane characterization above).

Fig. 5.8 illustrates the effect that the applied fluid shear from the gauging fluid flow

has on the thickness of the cake layers after each MCC fouling cycle. The maximum

fluid shear stress, τw,max, was calculated using Eq. (3.2). The fouling layer thickness
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Fig. 5.7. Total resistance, Rm+c, over filtration time during cross-flow MF of MCC suspension.

Fig. 5.8. Estimated cake thickness, δ, vs. applied fluid shear, τw,max, exerted by the FDG probe

on the cake layers formed.

after 3000 s (50 min) of MF was estimated as being 616 ± 5 µm at an applied shear

stress of 37 ± 2 Pa for both the fouled and re-fouled membranes. In the region of τw,max
between 35–150 N m−2, loose cake layers were easily sheared off and a reduction in

the thickness of the cake from∼600 µm to 200 µm was recorded; when a minimum of

200 N m−2 was applied, thin cake layers of considerably high strength were observed.

At the maximum applied shear stress of 580 N m−2,∼85 µm of the cake layers were

difficult to remove: this corresponds to 4–5 nominal sizes or agglomerate diameters of

MCC particles. Higher fluid shear was required to remove very resilient cake layers

formed closer to the PES membrane (i.e. the cohesive strength of cake layers increases

when they are formed closer from the membrane). This effect may be due to the higher

local solid pressure exerted on the MCC particles deposited closer to the membrane

surface [32].
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5.5 Simulation Results

The flux and FDG profiles obtained from the cross-flow MF experiments of MCC

suspensions presented above indicated the presence of irreversible fouling that

accumulated in each membrane cleaning cycle. Moreover, the cohesive strength

of the cake layers formed increases in the direction towards the membrane. With these

experimental results, the membrane fouling behavior was investigated further through

MD simulations of cellulose-cellulose and cellulose-PES interactions in water at the

interface.

Potential of mean force

The PMF profiles of the interactions between the 110–110, 110–200 and 200–200

surfaces, normalized by the final contact area, are shown in Fig. 5.9. The cellulose-

cellulose interaction is repulsive in all cases and, when the interacting surfaces become

closer, a significant increase in repulsion is observed. However, the presence of an

attractive energy region near the crystal interfaces promotes agglomeration of the

interacting crystals due to attractive forces at low center of mass (COM) distances. The

agglomerates tend to remain closer to the restrained interfaces [90], which is a possible

explanation of the formation of highly resilient cake layers close to the membrane, as

observed during the cross-flow MF experiments described above.

Fig. 5.9. Cellulose–cellulose interactions, showing the enthalpic, ∆H, and entropic,−T∆S,

contributions to the free energy, ∆G, during the interaction of different faces of cellulose

crystals.

The PMF profiles of the interactions of the PES membrane with cellulose (100) and

(200) surfaces are shown in Fig. 5.10. The cellulose-PES interactions are more

repulsive than cellulose-cellulose interactions, confirming that cellulose crystals have

a lesser tendency to approach the PES surface. In concordance with cellulose-cellulose

interactions, however, attractive energy regions exist at low COM distances, which
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Fig. 5.10. PES-cellulose interaction, showing the free energy, ∆G, profile along with the

associated enthalpic, ∆H, and entropic, −T∆S, contributions for the interaction of the

membrane surface and the different faces of cellulose crystals.

suggests that cellulose crystals have a tendency to remain in regions close to the

PES membrane. The pressure forces due to the cross-flow also drive the particles

towards the interface, making the particles susceptible to remain in the attractive

energy regions. Both cellulose (100) and (200) surfaces showed attraction to the PES

membrane, which is partially hydrophobic with a water contact angle of∼67 ◦ [91].

Enthalpic and entropic contributions to the free energy profile

The enthalpic contribution, ∆H, and entropic contribution,−T∆S, to the PMF, ∆G,

wer calculated at 300 K and are shown in using Eqs. 4.3 and 4.4, and are shown in Figs.

5.9 and 5.10. In both figures, the enthalpic and entropic contributions act oppositely;

they depend on the interparticle distances and the interacting surface of the cellulose

crystals.

In the interaction between the 110–110 and 200–200 surfaces (Fig. 5.9a and c), an

energy barrier exists at 2.9–3.1 nm and 2.2–2.4 nm COM distances for 110–110 and

200–200 surfaces, respectively, resulting in an increase in entropy that might be due

to the expulsion of interfacial water molecules. When similar surfaces interact, there

is a higher probability that similar solvent molecule groups become exposed towards

each interacting surface, thereby explaining the similar responses recorded during the

interaction of 110–110 and 200–200 surfaces. This is not the case for the interaction of
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110–200 surfaces (Fig. 5.9b): their association is limited by a lower primary minimum

contributed by lowered entropy. The overall free energy of association, as suggested

by the primary minimum, is the least for this case and indicates that the agglomeration

of 110 and 200 surfaces is less probable than in other cases. The free energy profiles

presented in this study followed a similar trend as that reported by Garg et al. [92].

During cross-flow filtration, the TMP pushes dispersed particles towards the membrane

from the bulk fluid, affecting the interaction of interfacial particles with the membrane

and thereby forming a pronounced fouling layer. The interactions of cellulose surfaces

with the PES membrane are shown in Fig. 5.10, where the free energy profiles of

110–PES and 200–PES surfaces were estimated. In both cases, the entropy of the system

decreases until the contact minimum is reached, where enthalpy is favorable in that

region. Beyond the contact minimum, the entropy increases drastically and becomes

favorable for the interaction of the cellulose surface with the PES membrane surface.

Thus, cellulose particles tend to remain in the region of the first energy minimum as

they approach the PES membrane under the influence of external pressure forces, with

the result that they foul the membrane.

The results obtained of the enthalpic and entropic contributions made to the free energy

profiles suggest that the interaction of cellulose particles at the contact minimum (i.e.

stable state of the system) is exothermic. Increasing the temperature or decreasing

the entropy of the system by lowering the Reduct can negatively affect the existence of

cellulose crystals at the first energy minimum and reduce the strength of the fouling

layers formed [25].
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6 | Conclusions

Fluid dynamic gauging (FDG), an in situ and real-time technique for monitoring the

development of fouling layers, provided data of the thickness and strength of the

fouling layers formed on flat sheet membranes. This work confirms that FDG can be

employed in characterizing the fouling of membrane by wood components, which can

be of particular interest when membrane separation processes are employed in future

lignocellulosic biorefineries.

FDG measurements made during cross-flow filtration of steam explosion (STEX)

liquors and microcrystalline cellulose (MCC) suspensions revealed information of the

build-up rates of fouling layers and their cohesive strength when shear forces were

applied. In the method development study for STEX liquor fouling, the FDG profiles

obtained during the fouling experiments showed that an initial thick fouling layer

with a high resistance was formed rapidly. Although the resistance increased further

after this initial phase, it was only gradual, which may be due to pore blocking and/or

rearrangement of the structure of the fouling layer. These results also indicate that the

highest resistance of the fouling layer is close to the membrane. This method, which

has been developed for cross-flow filtration of STEX liquors, is suitable for investigating

the fouling behavior of complex, heterogeneous systems.

In the MCC fouling experiments, resilient cake layers of considerably high strength

were observed close to the surface of the PES membrane. The molecular dynamics

(MD) simulations offered a possible explanation for this: since it was found that if two

crystalline cellulose surfaces come very close to each other, there will be attractive

forces between these two surfaces and a resilient cake layer will therefore be formed

closest to the membrane. This was also true for the cellulose-PES interactions, which

is a possible explanation for the irreversible fouling that occurred in the experiments.

It demonstrates that experimental cross-flow filtration with FDG measurements,

complemented with computational MD simulations, can provide a deeper mechanistic

understanding of the fouling phenomena that occur during membrane filtration.
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7 | Future Perspectives

Several interesting aspects pertaining to the cross-flow membrane filtration of wood

components are worth investigating. Much work can still be undertaken to develop

FDG for monitoring the development of fouling layers. It would be of interest to

perform MF as a pre-filtration step prior to the UF of STEX liquors, for example,

to investigate whether severe fouling is also observed and if particles continue to

hinder estimation of the thickness and strength of fouling layers. Moreover, since

STEX liquor is a heterogeneous feed containing different wood components, advanced

chemical characterization of the membrane-fractionated streams as well as the particles

present in the feed are of interest in future investigations. Performing MD simulations

of foulant-foulant and foulant-membrane interactions would also provide a better

mechanistic understanding of the fouling behavior of STEX liquors.

The process conditions (e.g. CFV, TMP, temperature and ionic strength) during

cross-flow filtration can be investigated to identify their effects on the fouling behavior:

a lower CFV (i.e. lower Reduct), for example, could aid in reducing the strength of

the fouling layers formed [25]. This could be beneficial in uncovering the optimal

conditions and improving the cleaning procedures necessary during membrane

operations.

Advanced characterizations, such as scattering-based techniques, atomic force

microscopy, focused ion beam scanning electron microscopy and rheological analysis

of fouled membranes, can be explored to provide new insights into the interactions

between the membrane and the fouling layers formed by streams containing wood

components.
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