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A novel concept called volatiles distributor (VD), with the purpose to achieve an even distribution of volatiles
over the cross-section of a fluidized-bed and better contact between volatiles and bed materials, has been
investigated. The concept could be useful for chemical- looping combustion, as well as other solid fuel conversion
processes in fluidized-beds. An experimental study of the VD in a circulating fluidized-bed (CFB) cold-flow model
was conducted under different fluidization velocities and flows of simulated volatiles. In the reference case
without VD, a local plume of volatiles is formed and the maldistribution becomes more pronounced at higher
fluidization velocity in the range from 1 m/s to 4 m/s. Conversely, higher fluidization velocity gives a more even
volatiles distribution in the presence of VD. The relative standard deviation of volatiles horizontal distribution
decreases from 131% in absence of VD to 22% in presence of VD at the fluidization velocity of 4 m/s. There is no
significant effect of volatiles flow rate on VD performance at a fluidization velocity 1 m/s. As the fluidization
velocity and volatiles flow rate increase, the bed level inside VD is lowered and the volatiles inside the VD
become less diluted, because less air from the main fluidization passes through the VD.

1. Introduction

Chemical-looping combustion (CLC) separates conventional com-
bustion into two steps, avoids the direct contact between fuel and air,
and allows for inherent CO, separation. Thus, CLC has potential for a
significant breakthrough in carbon capture and storage area in order to
alleviate climate change. Since the CLC concept was coined in 1987, it
was initially developed for gaseous fuels [1]. Gradually, its application
was extended to solid fuels like coal, since solid fuels are still the major
energy source in the medium-term all over the world. Lately, the use of
biomass in CLC is receiving increasing interest. Chemical-looping com-
bustion of biomass together with the CO; capture and storage process
can give negative COy emissions because the captured CO, originates
from the atmosphere through the photosynthesis of plants.

It will be difficult or perhaps even impossible to meet the Paris
Agreement’s temperature goal only by reducing greenhouse gas (GHG)
emissions. Emission scenarios produced by the Intergovernmental Panel
on Climate Change (IPCC) accommodate for this by introducing so-
called negative emissions. The underpinning logic of these scenarios is
that the emissions budgets will be temporarily exceeded, to be
compensated by massive amounts of negative emissions during the latter
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part of the century by removing the surplus of carbon dioxide from the
atmosphere. The estimated budget for having a 66% chance of meeting
the 1.5 °C target is 420 Gt starting from January 2018 [2]. With present
emissions of around 42 Gt/year the budget would be exhausted already
in 2028 and all emissions thereafter would need to be removed by
negative emissions to meet the target.

The basic reactions for chemical-looping combustion of solid fuels
can be described as follows [3,4].

Solid fuel—Volatile matter + Char (R1)
CH, +4M,0,—4M,0,_, +CO, +2H,0 (R2)
C+H,0—H, +CO (R3)
C+C0,-2CO (R4)
CO +M,0,-M,0,_; + CO, (R5)
H, +M,0,-M,0y_; + H,O (R6)
2M, Oy + 0,—>2M,0y (R7)
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When solid fuels are injected into a fuel reactor at high temperature,
the solid fuels dry rapidly. After this the devolatilization (R1) of solid
fuels takes place, typically within 1 s at 970 °C to generate char and
volatiles [3]. Subsequently, the volatiles, containing CO, Hy and hy-
drocarbons, will react directly with the oxygen carrier, e.g. R2, R5 and
R6. The gasification (R3 and R4) of the char might take several minutes
to generate Hy and CO which can react with oxygen carriers directly (R5
and R6). Then the reduced oxygen carriers in fuel reactor will be
transferred to the air reactor and oxidized by the air (R7). Finally, the
oxidized oxygen carriers can be looped back to the fuel reactor to react
with the fuels.

Ideally, pure CO; is obtained from the flue gas after condensation of
the steam, resulting in inherent CO, separation. In reality, combustion of
volatiles and char in the fuel reactor is incomplete. Unburnt char may be
transferred to the air reactor together with oxygen carriers and uncon-
verted volatiles can be observed at the outlet of the fuel reactor. A
carbon stripper has been proposed and optimized to separate the un-
burned char from the oxygen carriers in order to improve the carbon
capture efficiency of the whole process. Kramp et al. investigated the
performance of a carbon stripper by simulations, which can improve the
carbon capture efficiency of CLC of solid fuels from below 50% to more
than 90% [5]. Sun et al. investigated the performance and operations of
different carbon strippers experimentally, which gives a base for the
carbon stripper application [6,7]. Different designs on carbon strippers
have been demonstrated in different scales of CLC unit [8-10]. Impor-
tant for reaching high CO4 capture is sufficient fuel reactor temperature
and use of small fuel particle size. Pilot operation with biomass has
demonstrated it is possible to reduce the loss of carbon to the air reactor
to less than 1-2% [11].

However, unreacted gases emitted from the fuel reactor together
with CO» are also critical for the performance of CLC especially for solid
fuels containing a large amount of volatiles. Unconverted gases can be
addressed by addition of pure oxygen at the outlet of fuel reactor, which
is called oxygen polishing [12]. But the presence of unconverted gases
should be minimized to reduce the cost of oxygen production [13].

As a key for CLC, oxygen carriers for solid fuels are developed to low-
cost and high-reactivity in recent years, i.e. ilmenite, iron ores, man-
ganese ores or synthesized oxygen carriers [14-19]. Chemical-looping
with oxygen uncoupling (CLOU) is a method proposed for improved
or even full gas conversion in fuel reactor, since CLOU oxygen carriers
can release gaseous oxygen, which can react with solid, liquid and
gaseous fuels [20]. Mattisson et al. [20] and Leion et al. [21] showed
that the conversion rate of solid fuels can be improved significantly by
CLOU compared to conventional CLC. Various kinds of CuO-based, Mn-
based and perovskite-type oxygen carriers synthesized with different
supported materials by different techniques were studied, which showed
high Oj-uncoupling capacity, sufficient reactivity and mechanical
strength [22-28]. Different drawbacks of the above-mentioned CLOU
oxygen carriers, such as the susceptibility to sintering and agglomera-
tion, limited mechanical strength, slow oxidation kinetics and the
deactivation due to impurities in the fuel [29-33], and production costs
may potentially make CLOU materials less attractive for large-scale
implementation.

Linderholm, et al., [3] investigated the CLC of solid fuels with
different volatiles contents in 10 kW unit, and found a much lower gas
conversion rate of solid fuels with higher volatiles content, which in-
dicates that the volatiles released from the solid fuel have insufficient
contact with the oxygen carriers in the fuel reactor. Abad, et al. found
that feeding fuel into the carbon stripper and using the fuel reactor as a
secondary reactor in a 50 kWy, CLC unit can improve the volatiles
conversion and reduce the oxygen demand significantly [34]. A com-
parison of different fuel feeding positions, above-bed and in-bed,
showed that in-bed fuel feeding method can increase the contact be-
tween the volatiles and the oxygen carriers which significantly improves
gas conversion [3]. Similarly the gas conversion in a 100 kW unit using
low-volatile fuel was high [9].
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One reason for the lower gas conversion in fuel reactors for high-
volatile fuels is the poor contact between volatile components and the
oxygen carriers. The segregation of volatile components and higher-
volatile particles was investigated under incipient bubbling conditions
by different techniques [35,36]. The uprise of endogenous volatiles
bubbles may reduce the contact between the volatiles and bed materials.
Petersen and Werther modelled a circulating fluidized-bed gasifier for
sewage sludge, which has high volatiles content, and found that plumes
with high pyrolysis gas concentrations was formed in the vicinity of fuel
feeding port and lateral mixing of the gas was not complete [37].

Going from small pilots to large-scale will greatly increase the cross-
section area of fluidized-beds, and the volatiles can be expected to form
a local plume over the fuel entry, with the consequence of reduced
contact between volatiles and the bed material, i.e. the oxygen carrier in
the case of chemical-looping combustion. There is thus a need to develop
an effective and efficient solution that can improve the contact between
the volatiles and the oxygen carriers in order to reach a higher gas
conversion. Internals, i.e. vertical or horizontal tubes, fitted in fluidized-
beds reduce bubble size, increase the emulsion voidage, reduce the gulf
circulation of solids and thereby increase the overall residence time of
reactant gas in the bed [38]. Massimilla and Johnstone illustrated that a
fluidized-bed with baffle grids had much higher gas conversion than the
non-baffled fluidized-bed [39].

Fundamental for CLC is the contact between combustible gases and
the bed material that oxidizes the gases. The common practice in
fluidized-bed boilers is to feed the fuel above the dense bottom zone. In
CLC, however, it is desired that gases from the fuel are released as far
down in the bed as possible. Here this need for higher gas conversion in
the fuel reactor is addressed with a volatiles distributor. The key point of
this unit is to distribute the volatiles evenly over the cross-section of the
fluidized-bed. This idea can also be applied to other fluidized-bed pro-
cesses, which require better gas-bed material contact.

2. Theory and experimental method
2.1. The volatiles distributor concept

If a box with an opening downwards is immersed in a fluidized-bed,
it is known that the inside of the box will be free of bed materials and the
bed surface level will be at the bottom edge of the box. However, if holes
are made in the sides of the box, the bed level inside the box will increase
to the holes level and the fluidization gas can pass through the holes, as
shown in Fig. 1. If a gas is injected into this box above the side holes
level, it will pass through the holes creating a pressure drop over the

bed surface

bed surface

(A) (B)

Fig. 1. Box immersed in a fluidized-bed. (A) without holes in the sides, (B) with
holes in the sides.
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holes. The increased pressure will lower the bed level inside the box.

Such a box can be extended to an arm and if a system of such arms is
built and extended across the whole cross-section of a fluidized-bed,
gases can be distributed via the holes in sides across the whole cross-
section. Furthermore, this system can also be connected to the fuel
feeding, in order to distribute the volatiles over the cross-section [13].
Fig. 2 shows how the fuel feed can be connected to the distributor arms.
When the fine fuel drops down into the bed it is rapidly heated and
releases its volatiles into the freeboard connected to the distributor
arms.

The purpose of such a volatiles distributor is to avoid the situation
with a local plume of volatiles over the location where the fuel is
introduced in a fluidized-bed. Instead the volatiles distributor would
allow for a good contact between the volatiles and the bed material,
which is important to achieve good conversion in chemical-looping
combustion. However, the principle can be also relevant for other pur-
poses, like thermal gasification using dual fluidized-beds.

In this study, the concept of a volatiles distributor has been investi-
gated in a cold-flow model. Thus, a distributor arm has been inserted in a
2D fluidized-bed, Fig. 3. Gases injected into the distributor arm can be
used to simulate the volatiles released from solid fuels. In ideal cases, the
inlet gas spreads over the length of the arm and is evenly distributed into
the bed through the distribution holes. The gas flow through the holes is
correlated with the pressure drop between the inside and outside the box
at the holes level. The gas velocity through a grid hole can be calculated
as follows [40].

(E1)

where pgqs (kg/m3) is the gas density, AP (Pa) is the pressure drop
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between the inside and the outside the distributor at the holes level, that
is Py, — Poyt, and Cy is the orifice discharge coefficient.

The dense bed height inside the volatiles distributor can be estimated
as follows.

hb _ Pbau:m - Pin (E2)
8" Pab,in

where Ppoiom (Pa) is the pressure at the lower edge of the VD, pgp, in(kg/

m?) is the solids density of the dense bed inside the VD, hy (m) is the

dense bed height inside the VD, g (m/s?) is the gravitational

acceleration.

Some typical orifice discharge coefficient values are shown in
Table 1. The value of orifice discharge coefficient varies noticeably
when the vessel Reynolds number is low. But a discharge coefficient 0.6
may be taken as standard when the Reynolds number is larger than
3000. The proper value of C4 could be affected by the presence of par-
ticles outside the holes as well as the pressure fluctuations typical of a
fluidized-bed.

2.2. Experimental method

2.2.1. Cold-flow model

The experimental setup consists of a CFB cold-flow model shown in
Fig. 4, the volatiles distributor, the gas supply system and the mea-
surement system. The CFB model has a riser with a cross-section of 700
mm x 120 mm and a height of 8500 mm. The front plate of the riser is
made from Perspex glass. Due to the large length/width ratio, the riser
represents a two-dimensional geometry, which can be used to investi-
gate the horizontal distribution of gases. There is an air distributor be-
tween the wind box and the riser, which is a perforated plate [41]. The
position and the sketch of the volatiles distributor (VD) is shown in

Top View

fuel addition

fuel addition

Left-side View

approx. height denseregion

AAAAAAAAAAAAAAARAAN

L L T L L e e e e eI T T e S a et Iaiiat

Fig. 2. Illustration of a volatiles distributor arrangement.
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Fig. 3. Sketch of the half box and a 2D fluidized-bed.
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Table 1
Some typical orifice discharge coefficient values for gas distributor.
Vessel Reynolds number, Re 100 300 500 1000 2000 >3000
Orifice coefficient, Cy4 0.68 0.70 0.68 0.64 0.61 0.60

Fig. 4. The VD is attached on the front plate by bolts and nuts. There are
58 distribution holes in total with 5 mm diameter. Hence, the total area
of these holes is 1.138x10~2 m?. An injection pipe is attached on the
front plate of the riser, where the simulated volatiles can be injected.

Two fans are used to supply primary air and air for the simulated
volatiles. Pure CO; is used as tracer gas in the simulated volatiles gas
stream. The flow rate of the tracer gas is controlled by a mass flow
controller. The pure COy and the air for the simulated volatiles are
mixed and injected through the injection pipe attached on the front
plate. The primary air is injected through the wind box at the bottom.

For the measurement system, there are 24 pressure taps in total in
order to investigate the vertical pressure distribution along the riser
height. 11 of these taps are densely spaced at the bottom first meter of
the riser. There are two extra pressure taps added in order to measure
the pressure drop between the inside and outside the VD at the level of
the distribution holes. Piezo resistive pressure transducers are used for
the pressure measurement. Most of the pressure transducers measure the
vertical differential pressure between two pressure taps in order to
achieve a high accuracy.

Two series of gas sampling tubes are installed at the back side of the
bottom riser. The tubes reach 40 mm deep into the bed. The higher series
consists of six sampling tubes, i.e. HSV1, HSV2, HSV3, HSV4, HSV5 and
HSV6 shown in Fig. 4, evenly spaced at a height of 483 mm, and is used
to measure the tracer gas. The horizontal distance of the sampling tubes
from the left side of the riser is 124, 215, 306, 397, 480 and 579 mm
respectively. Another series of gas sampling tubes, i.e. LSV1, LSV2,
LSV3, LSV4, LSV5 and LSV6 shown in Fig. 4, is also located at the back
side of the riser, but at a lower height, 138 mm. Thus, this series is
located above the lower edge of the VD, with the intention to measure
any gas leakage from the bottom of the VD. In each experiment, the CO,
concentration in the simulated volatiles is adjusted to be close to 1%.
The simulated volatiles distribution can be obtained by the

measurement of CO; concentration at different horizontal positions and
different heights. A gas analyzer, X-STREAM Enhanced XEGK, is used for
the CO5 concentration measurement of the gases sampled from the two
series of sampling tubes. The gas sample flows continuously into the gas
analyzer after filters at 1 L/min. The response time is 15 s. The con-
centration of CO» in air is around 400 ppmv [42]. Since COs is used as
tracer gas, all the CO5 concentrations shown in the following sections are
the added tracer gas CO3 concentrations, i.e. the measured concentra-
tion minus the CO, concentration in ambient air during that specific
experiment.

2.2.2. Bed material

The bed material used is silica sand with a density of 2600 kg/m> and
a particle size range 250 ym-425 pm, both similar to those of bed ma-
terials in boilers. The particles are belong to group B in the Geldart
classification, with a minimum fluidization velocity of 0.067 m/s and
terminal velocity of 2.21 m/s at ambient conditions. 100 kg bed material
is filled in the riser for each experiment.

2.2.3. Experimental conditions

Fluidization velocity is one of the most important parameters in the
field of fluidization. Both bubbling fluidized-beds and circulating
fluidized-beds are widely used in industry. Hence, the influence of
fluidization velocity is investigated in this work. The fluidization ve-
locity is calculated based on only the primary air flow, no matter how
much simulated volatiles is injected into the VD. Two series of experi-
ments with different operational conditions were conducted. The first
series, which can be seen as the reference case includes the investigation
of the simulated volatiles distribution at different fluidization velocities
from 1 to 4 m/s without the VD. The second series investigates the
performance of the VD at different fluidization velocities and different
simulated volatiles flow rates. When the simulated volatiles flow varies,
the primary air flow is kept. Thus, the difference between with and
without VD can be analyzed. An overview of experimental conditions is
shown in Table 2. Fluidization velocities were varied in a wide range. In
a real application most of the gas in a fuel reactor comes from the fuel,
whereas the fluidizing gas, e.g. steam, is kept low to reduce energy
penalties associated with the fluidizing gas. The gases released from the
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Fig. 4. Principal layout of the CFB cold-flow model and the sketch of the VD and gas sampling positions.
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Table 2

An overview of the experimental conditions.

Test Ug CO,, flow Air in SV VD Bed material
(m/s) (Ly/min) (Nm®/h) (kg)
1 1 5.6 19.5 Without 100
2 2 11.2 63.2
3 3 16.8 93.5
4 4 20.0 112.7
5 1 5.6 18.4 With
6 12.6 59.8
7 20.0 100.7
8 2 11.2 64.3
9 3 16.8 91.5
10 4 22.0 110.5

Note: Air in SV - air flow in simulated volatiles.

gasification of the fuel will increase the fluidizing velocity, which means
that the final fluidizing velocity will be significantly higher than the
fluidizing velocity resulting from the fluidizing gas. For this reason it is
motivated to study a range of fluidizing velocities.

Under each operational condition, the CO2 concentration of gases
sampled from the two series of sampling tubes is measured by the gas
analyzer sequentially. First, the lower level of sampling tubes is
measured starting from the position most distant from the CO5 injection,
i.e. LSV6, LSV5, LSV4, LSV3, LSV2, LSV1, cf. Fig. 4. After this, the higher
level of sampling tubes is measured in the same sequence, i.e. HSV6,
HSV5, HSV4, HSV3, HSV2, HSV1. The CO; concentration of each gas
sampling tube was measured and recorded at 1 Hz during 120 s, with 90

s stabilization time before the data was recorded. When the data were
analyzed, an averaged value was taken during the 120 s period. When
the VD was present, one measurement was also made inside the VD on
the right-hand side, i.e. the position shown in Fig. 4.

The pressure was measured at 50 Hz for each operational condition.
A dense bed should be formed at the bottom of the riser, which can be
characterized by a linear vertical pressure drop or constant solids con-
centration with height [43]. The dense bed height can be determined as
the point where the pressure drop starts to deviate from the linear
pressure drop.

3. Results
3.1. Experimental results in absence of the VD

Although the performance of the VD is the focus of this work, the
typical solid density profile and the simulated volatiles distribution in
absence of the VD were first investigated as reference cases. The refer-
ence cases were conducted at different fluidization velocities with the
same bed material inventory.

Fig. 5 presents the vertical solids density profile obtained from the
pressure drop measurements along the riser height in absence of VD. At
the bottom of the riser, a dense bed region with constant solids density
along height is formed, and higher fluidization velocity gives lower
solids density. Above the dense bed region, a splash zone is formed with
an exponential decay in solids density, caused by the strong back-mixing
by means of ballistic movement of clustered particles. A transport zone
with lower exponential decay above the splash zone occupies most of the
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Fig. 5. Influence of the fluidization velocity on the vertical solids density profile, obtained from pressure drop measurements, in absence of VD.

riser height and has a dispersed solids flow with back-mixing mostly at
the riser wall. Higher fluidization velocity transfers more bed materials
from the bottom to the transport zone. Thus, the solids density in the
transport zone is much higher at higher fluidization velocity. The solids
density at lower fluidization velocities becomes more uncertain in the
transport zone, because they are associated with measurements of small
pressure drops.

Fig. 6 shows the COy concentrations at different positions. The
measurement sequence is LSV6, LSV5, LSV4, LSV3, LSV2, LSV1, HSV6,
HSV5, HSV4, HSV3, HSV2, HSV1, cf. Fig. 4. The experimental data for
each position were recorded for 120 s. There is essentially no CO,
detected at the lower level except for LSV1, which is closest to the
simulated volatiles injection. This minor CO, concentration at LSV1 is
due to the fluctuations of fluidization. As expected the majority of the
CO4 is found in HSV1 and HSV2, close to the inlet of CO; gas injection
(See Fig. 4).

3.2. Experimental data with VD

The variation in solids density from the bottom to the top of the riser
in the presence of VD, Fig. 7, is generally similar to what is seen in
absence of VD. Higher fluidization velocity gives higher solids density in
the upper part of the riser. But the solids density at the bottom decreases
slightly up to 300 mm height, and then increases up to 470 mm, which is
exactly the top end of the VD. The presence of the VD gives a higher
velocity locally, which explains the lower density in this height range.

Fig. 8 gives an overview of the tracer gas concentrations for 4 m/s.
The measurements in the lower part show low tracer gas CO2 concen-
tration with the highest close to the simulated volatiles injection posi-
tion. There maybe two sources of this CO». The first one is back mixing of
the simulated volatiles from the distribution holes of the VD. Such back
mixing was seen in the case of no VD, Fig. 6. The second one is leakage of
the simulated volatiles from the bottom of the VD. At the higher level,
HSV1 to HSV6, it is seen that the simulated volatiles are distributed
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Fig. 6. CO, concentration signal at different measurement positions in absence of the VD (uo = 4 m/s).
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Fig. 7. Influence of the fluidization velocity on the vertical solids density profile, obtained from pressure drop measurements, in the presence of VD.

3000 T T T T T

2500 |
Bl
>
£ 2000 F
L
S
g
£ 1500 F
Q
Q
=
@)
O 1000
N
)
O

500

| LSV6 LSVS LSV4 LSV3 LSV2 LSVI

il

HSVI
HSV3 HSV2

HSV6 HSVS HSV4 _

0 N "

0 120 240 360 480 600 720 840 960
Timestep (s)

1080 1200 1320 1440

Fig. 8. CO concentration signal at different measurement positions with the presence of the VD (up = 4 m/5s).

more evenly in the presence of VD, i.e. in comparison to the concen-
trations seen in Fig. 6.

3.3. Influence of the fluidization velocity on the performance of VD

To evaluate the simulated volatiles distribution along the length of
the riser under different operational conditions with and without VD, a
CO4, ratio was defined as the ratio of the CO, concentration measured by
the gas analyzer at different positions to the expected average COy
concentration in the riser cross-section, see Eq. (E3).

R=Sm (E3)

Ceal

where ¢, (ppm) is the average measured CO; concentration during 120 s
by the gas analyzer and c.q (ppm) is the calculated CO, concentration
from the flow rates of primary air, air used to simulate volatiles and CO»

injected as tracer gas.
Hence, the calculated CO5 concentration can be obtained from Eq.
(E4).

MF o,

(E4)
MFpy + MFsy + MFco,

Ceal =

where MF¢o2, MFps and MFs, are flow rates of CO;, as tracer gas, primary
air for the main fluidization and air flow for simulated volatiles.

Fig. 9 shows the CO ratio from left to right, i.e. LSV and HSV po-
sitions 1 to 6, at different fluidization velocities in absence of VD. When
the fluidization velocity increases, more volatiles will pass through the
left side of the riser which is near the simulated volatiles injection side.
Since higher fluidization velocity causes larger bubbles and higher
bubble rising velocity, bubbles from the bottom distributor coalesce
more easily with the bubbles formed by the simulated volatiles. Hence, a
larger gas upflow above the simulated volatiles injection position is
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Fig. 9. Influence of fluidization velocity on the volatiles local plume formation in absence of VD.

formed at higher fluidization velocity, which leads to poorer horizontal
volatiles dispersion and more pronounced volatiles segregation. Thus, a
more local plume of volatiles is formed at higher fluidization velocity.
Furthermore, higher fluidization velocity gives less CO; in the lower
part, which means there is less back mixing.

Compared to the CO, ratios without VD, the ones with VD are closer
to the expected average concentration, as shown in Fig. 10. Moreover, in
presence of VD, the variation in COy ratio decreases with the rising
velocity. This is the opposite trend as compared to that found in the
absence of VD in Fig. 9. With the VD, less volatiles were detected at the
lower positions, especially at the left, which is near the location where
volatiles are injected.

The CO, ratios at different positions of the higher level are analyzed
further in order to evaluate the VD performance. The calculation results
are presented in Table 3. The arithmetic mean value as a statistical in-
dicator is used to describe the central tendency of a data set, Eq. (E5).

A(xy, X2, ...x,) = % (E5)

Here, the average CO, ratio over the six horizontal measurement
positions under the same fluidization velocity in the presence of VD is
reasonably close to 1, which means the CO5 measured at the six positions
are representative or well-matched to the real CO; distribution at this
level. However, the average CO3 ratio decreases from near 1 to 0.67 with
the increasing of fluidization velocity when there is no VD installed.
With 0.04 m penetration, the gas suction tubes were situated half-way
between the back wall and the wall of VD. In absence of VD the tubes
only penetrate one third of the distance between the walls. It is not
unlikely that concentrations are higher closer to the front wall where the
simulated volatiles are injected, which may explain the lower average
CO4, ratio at higher velocities.

Another likely explanation for the lower average concentration in
some measurements is related to the flow pattern in the bed. The bottom
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Fig. 10. Influence of fluidization velocity on the VD performance.
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Table 3
Data analysis of VD performance at different fluidization velocities.

Fuel Processing Technology 220 (2021) 106898

Fluidization velocity ug, m/s Average CO, ratio

Standard deviation

Relative standard deviation Highest/lowest concentration

Without VD With VD Without VD With VD Without VD With VD Without VD With VD
1 1.11 1.21 0.57 0.57 51% 47% 5.21 3.50
2 0.84 1.06 0.67 0.54 80% 51% 9.70 3.73
3 0.79 0.93 0.86 0.30 109% 32% 15.24 2.30
4 0.67 1.07 0.88 0.24 131% 22% 22.50 1.86

bed of a circulating fluidized-bed operates in the “exploding bubble”
regime [41], where a significant part of the gas by-passes the bed as
through flow or bypass flow [43]. This through flow of gas is assumed to
be made up of bubble chains or channels creating short circuits of gas
bypassing the bottom bed. This gas moves with a much higher velocity
and any component of this gas will be underrepresented by a suction
probe which measures the local average concentration. Likewise, would
the simulated volatiles be underrepresented if they would be sucked into
this flow. The fraction of through flow also increases with increasing
fluidization velocity, which is also consistent with the results without
VD.

The standard deviation of CO; ratio at the six measurement positions
is calculated as well in order to evaluate how evenly the volatiles are
distributed, Eq. (E6). Again, it can be seen that the distribution is more
even with the volatiles distributor, in particular at higher velocities,
Table 3.

N 2
=Bt =4) )

where N is the total number of data points, A is the average value and n
=1,2,3,..,N.

Relative standard deviation (RSD) gives a variation range of the
majority in a number set, Eq. (E7). What Table 3 tells is that the varia-
tion range is larger with the rising fluidization velocity in absence of VD.
But it gets quite narrower with VD, especially at higher fluidization
velocities.

RSD = % x 100% (E7)

The highest concentration divided by the lowest one at the six
measurement positions under different operation conditions were
shown as highest/lowest concentration in Table 3. Also this ratio in-
dicates a more even distribution in presence of the VD.

3.4. Influence of the simulated volatiles flow rate on the VD performance

The performance of VD was investigated with different simulated
volatiles flow rates under the same overall fluidization velocity. The
flow rate of simulated volatiles was varied in order to simulate the
variation of fuel feeding rate.

As Table 4 shows, when the flow rate of simulated volatiles increases,
the pressure inside the VD increases about 0.9 kPa. But the pressure
outside VD measured at the back side of the riser at the holes level,
doesn’t increase that much, about 0.15 kPa. Thus the pressure drop
between inside and outside VD increases with the increase of simulated
volatiles flow rate.

Fig. 11 shows the influence of increasing volatiles flow rate on the

Table 4

Pressures under different flow rates of simulated volatiles.
Fluidization velocity up, m/s 1
Simulated volatiles flow rate Vy,, Nm®/h 19 61 102
Pressure inside the VD P;,, kPa 6.50 7.08 7.38
Pressure outside VD at holes level P,,, kPa 5.38 5.53 5.52
Pressure drop between inside and outside VD AP, kPa 1.12 1.55 1.87

volatiles distribution at higher and lower level. When the volatiles flow
rate increases, more volatiles can be found at the lower level, at least to
the left. It is hard to verify where the increased concentration of volatiles
comes, either from leakage below the bottom of the VD due to the
pressure fluctuations inside the VD, or back mixing outside the VD. But
increased leakage is more likely considering the higher pressure inside
the VD pressing down the bed level, whereas there is no obvious reason
why back-mixing outside the VD should increase significantly. At the
higher level, the effect of increased volatiles flow on the CO ratio is
small, although the highest flow shows somewhat improved
distribution.

An evaluation on VD performance at different simulated volatiles
flows is presented in Table 5. The average CO, decreases from 1.21 to
1.01 with increasing of simulated volatiles flow, but there is no clear
trend for the standard deviation, relative standard deviation or highest/
lowest concentration. Even though the volatiles flow is increased five
times, the changes are moderate.

3.5. Volatiles concentration inside the VD

To achieve a good distribution, the volatiles concentration in VD
should show low variation. In order to investigate the volatiles con-
centration inside the VD, the CO; concentration at the top right corner of
VD was measured as shown in Fig. 12. There is no significant CO,
measured in the absence of VD as expected. When the fluidization ve-
locity increases, the simulated volatiles flow was designed to be
increased correspondingly in this series of experiments. It can be seen
that CO; concentration in the top right corner of VD increases with the
rising fluidization velocity. When the fluidization velocity is fixed at 1
m/s, COy concentration to the top right corner of VD increases with
rising flow of simulated volatiles as shown in Fig. 13.

Even though the target CO5 concentration in the simulated volatiles
was 10,000 ppm, there were significant deviation in some cases. Hence,
the ratio of CO; concentration at the right corner of the VD to the CO2
concentration in the incoming simulated volatiles, i.e. cyp/cCsy, is
analyzed to investigate the dilution inside the VD. Table 6 indicates that
significant dilution of the simulated volatiles takes place inside the VD,
in particular at low velocities. The dilution should be highest at this
point which is most far away from the inlet of simulated volatiles.
Nevertheless, the dilution indicates that there is a significant gas flow
with visual observation of the fluidization inside the VD.

4. Discussion
4.1. Solids density

Fig. 14 illustrates the solids density difference at the bottom of the
riser caused by the installation of VD. The solids density is lower in the
presence of VD compared to that without VD from the bottom up to 470
mm height. Since the width of VD is 43 mm, and it occupies one third of
the total width of the riser, more fluidization air passes through the
remaining two thirds of the riser which gives a higher air velocity and
makes the bed material more dilute in the bottom part. The difference
increases with increasing overall velocity. However, this effect is ex-
pected to be less pronounced in a real-world application, where the
distributor arms would cover a smaller fraction of the cross-section.
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Table 5

Data analysis of VD performance at different simulated volatiles flow rates.

Fluidization velocity Simulated volatiles flow rate Average CO; ratio

Standard deviation

Relative standard deviation Highest/lowest concentration

Uuo, m/s Vs, Nm®/h
1 19 1.21 0.57 47% 3.50
61 1.14 0.62 54% 4.18
102 1.01 0.36 36% 2.51
1 1 1 1
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Fig. 12. CO, concentration signal measured from at the top right corner inside the VD at different fluidization velocities.

4.2. Pressure fluctuations

Analysis of pressure fluctuation in fluidized-bed can be used to
characterize flow behaviors. When the bed is fully fluidized, the time-
average pressure at a specific level approximately matches the weight
of the bed materials above the level. Amplitude of pressure fluctuations,
as standard deviation, is generally and closely related to the size and

10

behavior of bubbles in the fluidized-bed [44]. Table 7 presents the data
analysis results about the pressure fluctuations inside and outside VD. As
the fluidization velocity increases, the pressure inside and outside VD at
the holes level increases, because of more bed materials transported to
the upper part of the riser. The amplitude of the pressure outside VD at
the level of the holes increases both with raised fluidization velocity and
raised simulated volatiles flow. The amplitude of pressure fluctuations
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Fig. 13. CO, concentration signal measured from at the top right corner inside the VD at different simulated volatiles mass flow rates. (up = 1 m/s).

Table 6
Volatiles dilution inside the VD.
Up CO, flow Air to SV Csy [ Cyd/Csy
m/s (L,/min) (Nm®/h) (ppm) (ppm)
1 5.6 18.4 17,933 2767 0.15 Table 7 o ]
12.6 50.8 12,484 4307 0.34 Analysis of pressure fluctuations inside and outside the VD.
20.0 100.7 11,776 6307 0.54 Fluidization velocity up, m/s 1 2 3 4
2 11.2 64.3 10,343 3146 0.30 Simulated volatiles flow rate Vy,, 19 61 102 65 92 112
3 16.8 91.5 10,896 5269 0.48 Nm®/h
4 22.0 110.5 11,805 7718 0.65 Average pressure outside VD 538 553 552 554 576 6.39

Note: Air to SV - air flow injected to simulated volatiles; c;, — CO, concentration Pous, kPa L
Standard deviation of pressure 585 715 747 614 946 148.9

in the simulated volatiles; c,q4 — CO2 concentration measured to the top right outside VD 6,,, Pa

corner of VD. Average pressure inside VD P, 650  7.08 7.38  7.32  7.34  7.56
kPa
Standard deviation of pressure 98.1 919 855 57.7 839 171.3
inside VD oy, Pa
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Fig. 14. Solids Density Difference between with and without VD.
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inside VD generally increases, as the fluidization velocity increases from
2 to 4 m/s. On the other hand it falls when only the simulated volatiles
mass flow rate changes.

4.3. Bed level inside the VD

Since the pressure taps are densely spaced at the bottom of the riser
and there is a linear vertical pressure drop at the bottom dense bed, the
bed level inside the VD can be estimated based on the time-average
pressures inside and bottom of the VD. The bed level inside the VD is
given by Eq. (E2), and the results are shown in Table 8. The decrease in
pressure drop inside the VD is linked to a decrease in solids inventory
inside VD. To estimate the bed height inside the VD, the solids density is
assumed to be the same as the one at 1 m/s.

When the fluidization velocity is 4 m/s, the estimated pressure at the
bottom of VD is slightly lower than that inside VD, which is not
reasonable and is likely explained by an inaccuracy of the measurement.
However, the trends are reasonable. When the volatiles flow and fluid-
ization velocity are increased, the bed surface inside the VD is lowered.
There are two effects. Firstly the increased volatiles flow should give
more pressure drop over the holes, which increases the pressure, thus
pressing down the bed level. Secondly, increased fluidization velocity
gives lower pressure drop outside the VD, cf. Fig. 14, which is
compensated by lower pressure drop inside the VD, i.e. lower bed
height.

4.4. Dilution of volatiles inside the VD

When the volatiles are injected into VD, it will be diluted by the air
from the main fluidization. According to the results in Section 3.5, more
volatiles injected and higher fluidization velocity give less volatiles
dilution. The flow of fluidization air from the bottom of the VD causing
dilution of volatiles inside the VD is estimated below.

The pressure drop between inside and outside VD at the holes level, i.
e. AP, is known. Then Eq. (E1) can be used to calculate the gas velocity
through the orifices of VD. The orifice coefficient, C,is assumed to be 0.6
in accordance with the vessel Reynolds number estimation in Table 1
[40]. Since more than 99.5% of the gas used in this series of experiments
is air, the density of gas is assumed to be equal to the density of air, pgir.
The orifices area, Ayrifice; is already known. Thus the total gas flow
through the orifices of VD, i.e. Voriice, can be calculated as Eq. (E8). Since
the flow of simulated volatiles injected to VD, V;, is known, the
remaining gas going upwards inside the VD from the bottom, V}, can be
obtained based on Eq. (E9). Furthermore, the total flow going inside VD,
Vorifice» and the total CO- flow injected to VD, Voo, are known, then the
average COq concentration inside VD can be calculated as Eq. (E10),
which can be compared to the CO, concentration measured at the right
top corner of VD, i.e. ¢,4q. The average concentration inside the VD is
expected to be higher than that measured in the right corner far from the
inlet.

Vw‘ifice = Vorifice X Aar[ﬂz‘c (ES)
Vi = orifice — Vo (Eg)
Table 8
Bed level inside the VD calculated from pressure at VD bottom edge.
Fluidization velocity u,, m/s 1 2 3 4
Simulated volatiles flow rate Vg, 19 61 102 65 92 112
Nm®/h
Average pressure inside VD P, 6.50 7.08 7.38 7.32 7.32 7.56
kPa
Average pressure at the bottom of  8.16 824 816 7.74 7.38 7.1
VD Pportom, kPa
-dP/dH, kPa/m 10.52
Bed level inside VD h, m 0.16 0.11 0.07 0.04 0.01 -
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Cyd,cal = VCOz/Voriﬂz‘e (E].O)

According to the calculation results shown in Table 9, less air will go
inside the VD from the bottom, when the simulated volatiles flow and
overall fluidization velocity are raised. In the later case, this is most
likely explained by the fact that the simulated volatiles flow is also
increased when the fluidization velocity is raised.

Another way to estimate the flow coming into the VD from below is
to assume that the CO; concentration distribution outside VD are pro-
portional to that inside. This includes the assumption that the CO,
concentration measured at position of HSV6 corresponds to the one
measured at the right top corner inside the VD. Then the average CO»
ratio of the six higher level positions divided by the one at HSV®, i.e.
Average/HSV6, should correspond to the average CO, concentration
inside VD divided by the CO, concentration measured at the right top
corner of VD, i.e. ¢cyq, cal/Cyq. With this relationship, i.e. Eq. (E11), the
average CO5 concentration in the VD at each operational condition can
be estimated. Furthermore, since the CO5 flow injected to VD is known,
the total flow passing through the VD can be calculated based on Eq.
(E10). Based on total flow passing through the VD and the simulated
volatiles flow injected into the VD, the air coming into the VD from
below can be estimated by Eq. (E9). The results are shown in Table 10.
Similar trends were obtained from this second estimation method. The
air coming into the VD from below falls with rising volatiles flow and
fluidization velocity, except for a slight increase from 1 m/s to 2 m/s.

Average _ C’vd.cal
HSV6

(E11)
Cvd

From the estimated bottom air flow going upwards inside the VD, the
fluidization velocity inside the VD can be calculated, see Fig. 15, where
the two methods to estimate the flow are compared. The results from
two methods are in the same order of magnitude, and show the same
trend, i.e. decreasing flow and velocity with increased volatiles flow.

5. Conclusion

This initial experimental study performed in a circulating fluidized-
bed cold-flow model validates the effectiveness of a volatiles distributor.
When there is no VD, the simulated volatiles form a local plume which is
more pronounced at higher fluidization velocities. The presence of the
VD significantly contributes to a more uniform horizontal distribution of
volatiles. The horizontal distribution without and with VD was
measured at six lateral positions, and the relative standard deviation
decreases from 131% to 22% at the higher fluidization velocity. Simi-
larly, the ratio of highest to the lowest CO, concentration decreases from
22.5 to 1.86. Hence, the positive effect of the VD on the lateral distri-
bution of the volatiles is enhanced at higher velocities. For chemical-
looping combustion of solid fuels, two interconnected circulating
fluidized-beds are usually used for air and fuel reactors, both expected to
have higher fluidization velocity in commercial scale. The VD could be
an important tool to achieve good contact between volatiles and bed
materials in the fuel reactor.

Increased volatiles flow, when keeping the fluidization velocity
constant, has no obvious influence on the horizontal distribution, but
increases the pressure drop between inside and outside the VD from 1.12
to 1.87 kPa, which consequently lowers the bed level inside the VD and
decreases the flow of fluidization air from the bottom of the VD.

In the case where both the fluidization velocity in the main riser and
volatiles flow increase proportionally, the outside pressure drop along
the height of the VD, i.e. the solids density, falls, while the pressure drop
between inside and outside the VD decreases from 1.78 to 1.17 kPa and
less fluidizing gas goes into the VD.

The measurements at the lower-level sampling positions, show
slightly higher concentration of volatiles at the left side, i.e. in LSV1
position, because of back mixing mostly. The measured/expected
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Table 9
Bottom fluidization air mixed with simulated volatiles in VD.
U AP Ca Pair Vorifice Aorifice Vorifice Vs Vba Veo, Cvd, cal Cvd
m/s Pa - kg/m® m/s m? Nm®/h Nm®/h Nm®/h Nm®/h ppm ppm
1 1115 0.6 1.189 26 1.138 x 1073 106 19 87 0.34 3151 2302
1548 31 125 61 64 0.76 6027 3813
1869 34 138 102 36 1.20 8705 5763
2 1776 33 134 65 69 0.67 4999 2667
3 1612 31 128 92 36 1.01 7870 4796
4 1204 27 111 112 -1 1.32 11,933 7270
Table 10
Volatiles dilution estimated according to the proportional volatiles distribution inside and outside VD.
Uy CO, ratio Average/HSV6 Cydu Cydu, cal Vcoz Vorifice Ve Vba
m/s HSV6 Average ppm ppm Nm®/h Nm®/h Nm®/h Nm®/h
1 0.6460 1.21 1.88 2302 4323 0.34 78 19 59
0.5554 1.14 2.06 3813 7840 0.76 96 61 35
0.6455 1.01 1.56 5763 8981 1.20 134 102 32
2 0.5360 1.06 1.97 2667 5263 0.67 128 65 63
3 0.5637 0.93 1.64 4796 7875 1.01 128 92 36
4 0.7690 1.07 1.39 7270 10,099 1.32 131 112 19
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Fig. 15. Fluidization velocity inside VD as a function of simulated volatiles flow. Solid lines use data from Table 9 and dashed lines data from Table 10. Circles

denote varied volatiles flow, and diamonds are varied overall fluidization flow.

average CO; concentration at LSV1 varies from 0.104 to 0.23 with the
VD for different fluidization velocities, whereas the variation is from
0.066 to 0.41 without the VD. The presence of CO; in this position
without VD can only be attributed to back-mixing. Therefore, it can be
concluded that no significant leakage of gas below the underwear of the
VD was seen, and that the low concentrations seen in the lower-level
sampling positions are likely explained mostly by back-mixing.
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